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Abstract 
The objective of this thesis was to examine the phase equilibria of heavy oils. The main 

interest of the research was on hydrogen solubility in heavy oil systems. First, a novel apparatus 
and procedure were developed for phase equilibria measurements. Second, hydrogen solubility 
in heavy oil systems was measured at elevated temperatures and pressures. Finally, hydrogen 
solubility in heavy oils was predicted with the PC-SAFT equation of state and the heavy oil 
characterization method developed in this thesis. The work was conducted successfully. 
A continuous flow apparatus was first developed for vapor-liquid equilibria experiments and  
later the apparatus was modified for hydrogen solubility measurements. The apparatus and 
measurement methods were validated by measuring vapor pressures for pure components, 
bubble point pressures for an ethanol+water system and hydrogen solubility in toluene and in 
n-hexadecane and comparing the measurement results with literature values. The results 
proved that vapor-liquid and gas-liquid equilibria could be measured accurately with the 
continuous flow apparatus. 
The modified continuous flow apparatus was utilized for measuring hydrogen solubility in  
hydrocracked vacuum gas oil and mixtures of modified vacuum residue with toluene at elevated 
temperatures (498-596 K) and pressures (2-11 MPa). The experiments demonstrated that 
hydrogen solubility in heavy oil systems increased as the partial pressure of hydrogen were 
increased. In addition, the amount of toluene in the system was found to have a notable impact 
on hydrogen solubility. 
In the modeling part of this study, the target was to model hydrogen solubility in heavy oil 
systems with PC-SAFT. Due to the lack of a suitable heavy oil characterization method for PC-
SAFT, such a method was developed in this thesis. In the method, binary interaction 
parameters for diphenylmethane+toluene and diphenylmethane+n-heptane pairs were 
utilized. These parameters were regressed against the experimental data measured in this 
work. The method was validated by predicting the densities and saturation pressures for 
selected heavy oil systems and comparing the predictions with experimental data. The method 
was found to model the properties of studied systems accurately. 
Finally, hydrogen solubility in heavy oil systems was modeled with PC-SAFT combined with 
the heavy oil characterization method that was developed and for comparison with the Peng-
Robinson equation of state, Shaw's correlation and the Riazi and Roomi method. The study 
demonstrated that PC-SAFT and Shaw's correlation predicted hydrogen solubility in the 
studied systems superiorly and these models were the most accurate of the examined models. 
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Tiivistelmä 
Tämän väitöskirjan tarkoituksena oli tutkia raskasöljyjen faasitasapainoja. Työn pääpaino 

oli vety+raskasöljy -systeemien tutkimisessa. Ensin työssä kehitettiin laite ja 
mittausmenetelmä faasitasapainomittauksiin. Seuraavaksi laitteistolla mitattiin vedyn 
liukoisuus raskasöljysysteemeihin korkeissa paineissa ja lämpötiloissa. Lopuksi työssä 
mallinnettiin vedyn liukoisuus raskasöljysysteemeihin PC-SAFT tilanyhtälöllä, mitä varten 
kehitettiin raskasöljyn karakterisointimenetelmä. Työn toteutus onnistui erinomaisesti. 
Työssä kehitettiin ensin jatkuvatoiminen virtauslaitteisto höyry-neste -tasapainomittauksia 
varten, ja työn edetessä laitteisto muokattiin sopivaksi kaasun liukoisuusmittauksiin. 
Laitteisto validoitiin mittaamalla puhtaiden komponenttien höyrynpaineita, etanoli+vesi -
systeemin höyry-nestetasapainoja sekä vedyn liukoisuus tolueeniin ja n-heksadekaaniin. 
Vertailemalla mittaustuloksia kirjallisuusarvoihin voitiin todeta, että laitteistolla pystyttiin 
mittaamaan tarkasti edellä mainittuja faasitasapainoja. 
Modifioidulla jatkuvatoimisella virtauslaitteistolla mitattiin vedyn liukoisuus vetykrakattuun 
vakuumikaasuöljyyn sekä modifioidun pohjaöljyn ja tolueenin seoksiin. Mittaukset suoritettiin 
korkeissa lämpötiloissa (498-596 K) ja paineissa (2-11 MPa). Tulokset osoittivat, että vedyn 
liukoisuus kasvaa vedyn osapainetta nostaessa. Lisäksi havaittiin, että tolueenin määrällä 
raskasöljysysteemissä on huomattava vaikutus vedyn liukoisuuteen. 
Tutkimuksen mallinnusosassa oli tarkoitus mallintaa vedyn liukoisuus raskasöljysysteemeihin 
PC-SAFT:lla. Koska sopivaa raskasöljyn karakterisointimenetelmää ei ollut olemassa PC-
SAFT:lle, tässä työssä kehitettiin sellainen karakterisointimenetelmä. Kehitetyssä 
menetelmässä hyödynnettiin difenyylimetaani+tolueeni ja difenyylimetaani+n-heptaani 
parien vuorovaikutusparametreja, jotka saatiin määritettyä mitattujen höyry-
nestetasapainojen avulla. Kehitetty karakterisointimenetelmä validoitiin mallintamalla 
tiheyksiä ja kyllästymispaineita valituille raskasöljysysteemeille. Havaittiin, että menetelmä 
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Lopuksi työssä ennustettiin vedyn liukoisuus raskasöljysysteemeihin PC-SAFT:lla hyödyntäen 
kehitettyä raskasöljyn karakterisointimenetelmää. Vertailun vuoksi vedyn liukoisuus 
mallinnettiin myös Peng-Robinson tilanyhtälöllä, Shaw:n kehittämällä korrelaatiolla sekä 
Riazin ja Roomin ehdottamalla metodilla. Mallinnustuloksista voitiin todeta, että PC-SAFT ja 
Shaw:n korrelaatio ennusti erinomaisesti vedyn liukoisuuden tutkittuihin 
raskasöljysysteemeihin. 
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1. Introduction

1.1 Background

Energy  consumption  is  increasing  worldwide.  One  third  of  the  energy  and
most  of  the  liquid  fuels  consumed  are  produced  from  crude  oil.  At  the  same
time, light and medium crude oil wells are being exhausted and the utilization
of heavy crude oils is increasing. In addition, refineries desire to minimize the
amount  of  worthless  crude  oil  residue,  thus  the  residue  is  refined  into  more
valuable liquid fuels, such as diesel. (Ancheyta Juárez 2013, pp. 206-208)

Crude oils with high density (density greater than 933 kg m-3 or API gravity
less than 20°) and viscosity (greater than 100 cP at 310 K) are considered to be
heavy oils. In general, heavy oils consist of thousands of hydrocarbons, making
them complex systems. In addition, heavy oils usually contain high amounts of
heteroatoms, such as sulfur and nitrogen, and metals, like nickel and vanadi-
um, and asphaltenes.  Asphaltenes are complex polyaromatic components and
are defined by their solubility properties: insoluble in alkanes (such as n-
pentane) but soluble in aromatic hydrocarbons (for example, toluene). (An-
cheyta  Juárez  2013,  pp.  5,8)  Based  on  Yen  model  in  oil,  asphaltenes  occur
more preferable  as  micelles  or  aggregates  than as  a  single  molecule.  Micelles
are consisted of asphaltene core surrounded by resins and aromatic molecules.
Aggregates are clusters of micelles. In addition, molecular structure of asphal-
tenes  varies  depending  on  the  source  of  crude  oil.  Due  to  these  facts,  size  of
asphaltene is ambiguous. (Ali et al. 2006, Mullins 2007, p. 13) The residue of
crude oil has similarities in composition to heavy crude oils and the residue is
commonly classified as heavy oil (Rana et al. 2007).

Heavy oils have complex physical properties and phase behavior. Especially,
if  gases  or  light  solvents  are  combined  with  heavy  oils  several  phases  can  be
formed, for example vapor-liquid-solid, vapor-liquid-liquid-solid or liquid-
liquid-solid phases. Researching multiphase boundaries of such a complex
system  is  difficult  and  only  a  few  methods  are  capable  to  detect  multiphase
behavior of heavy oil systems such as X-ray technics. On the other hand, it is
crucial  to  know  the  phase  boundaries  in  order  to  control  refining  processes.
(Shaw & Zou 2007, pp. 489-492)

Considering the chemical properties of heavy oils, they have a low hydrogen-
to-carbon ratio, which means hydrogen must be added or carbon removed in
order to increase the value of the oil. Both hydrogen addition and carbon rejec-
tion technologies have their pros and cons but in general, the upgraded oil has
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higher quality and more value with hydrogen addition technologies than with
carbon rejection processes. Thus, it is assumed that the global capacity of hy-
drogen addition processes will increase. (Ancheyta Juárez 2013, pp. 45-49,
Rana et al. 2007)

In  hydroprocesses,  the  heavy  components  of  oil  are  hydrocracked  to  light
hydrocarbons in the presence of a catalyst (in most of the process variations)
at high temperatures and pressures (up to 713 K and 20 MPa). Simultaneously,
heteroatoms  and  metals  are  removed  from  the  oil  in  order  to  produce  high
quality fuel as well to meet the requirements of the tightening environmental
legislations. (Ancheyta Juárez 2013, pp. 49, Rana et al. 2007)

Chemical processes including oil refining are being developed, designed and
optimized with the aid of process simulation. Simulation is a powerful tool and
enables the costs of the processes to be reduced and profits increased. In pro-
cess simulators, the thermodynamic and physical phenomena and reactions
occurring  in  the  processes  are  described  with  mathematical  models  and  it  is
crucial that the models represent the phenomena accurately.

To describe the hydroprocesses precisely, knowledge of the phase equilibria
in the system is important. Hydrogen solubility in heavy oils is one of the most
important phenomena in hydroprocesses. Thus, hydrogen solubility is a key
factor in process models. In addition, knowledge of the solubility is required in
reaction kinetic models. These kinetic models describing hydrocracking are
needed for reactor design. (Lal et al. 1999, Cai et al. 2001, Riazi & Roomi 2007,
Chávez et al. 2014)

The mathematical models of phase equilibria are validated against experi-
mental data, which are measured at process conditions or as close to the con-
ditions as possible. High-pressure phase equilibrium measurement can be
conducted  with  several  methods.  The  most  suitable  method  depends  on  the
properties of the measured system. Detailed knowledge and understanding of
the methods are necessary due to advantages and challenges of each method as
well as specific error sources. (Dohrn et al. 2012)

Phase  equilibria  measurements  are  demanding  at  high  pressures.  In  addi-
tion, the properties of heavy oil pose challenges in the measurements of heavy
oil  systems.  These  challenges  are  caused  by  the  complex  phase  behavior  of
heavy oils and low hydrogen solubility (Cai et al. 2001). Only a few studies on
hydrogen  solubility  in  heavy  oils  were  found  from  the  literature  (Lal  et  al.
1999, Cai et al. 2001, Ji et al. 2013). In comparison to heavy oil systems, coal
liquids are similar due to large amount of heavy compounds in them. Hydro-
gen solubility in coal liquids has also been determined in a few papers (Prather
et al.  1977, Lin et al.  1981, Ding et al.  1985, Lin et al.  1985a, Lin et al.  1985b,
Harrison et al. 1985, Wiegand et al. 1988, Wang et al. 2013).

The phase behavior of crude oil systems is traditionally described with cubic
equations of state (EoS), such as Peng-Robinson (Peng & Robinson 1976) and
Soave-Redlich-Kwong (Soave 1972). These models are simple to apply and
therefore preferred. One limitation of cubic EoS is their weak capability to
predict the phase behavior (especially the liquid density) of systems containing
components with greatly varying molecular sizes. A modern equation of state
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is Statistical Associating Fluid Theory (SAFT) (Chapman et al. 1988, Chapman
et al. 1989, Chapman et al. 1990), which is based on statistical mechanics.
SAFT models can accurately predict the phase behavior of systems containing
components with diverse molecular sizes more precisely than cubic EoS. One
interesting modification of SAFT is Perturbed-Chain Statistical Associating
Fluid  Theory  (PC-SAFT)  (Gross  &  Sadowski  2001,  2002),  which  has  shown
good capability especially in modeling the phase behavior of high-molecular-
weight fluids such as systems containing asphaltenes. (Vargas et al. 2009)

Accurate oil characterization is essential in the modeling of heavy oil pro-
cesses. As discussed earlier, heavy oils consist of thousands of components.
Thus, characterization seldom proceeds to the level of individual components
because it would be very time-consuming and demanding if every component
had to  be determined.  The heavy fraction of  oil,  i.e.  the  hexane-plus  (C6+) or
heptane-plus (C7+) fractions, is commonly characterized with pseudocompo-
nents (PS). Single carbon number (SCN) characterization is probably the most
commonly used method in these cases. In the SCN method, all hydrocarbons
containing an equivalent amount of carbons (for example n-hexane, benzene,
cyclohexane etc.) are lumped together into one SCN pseudocomponent, and
the properties of the single SCN pseudocomponent are an average of the prop-
erties of the lumped hydrocarbons.  In addition, SCN pseudocomponents can
be divided into paraffinic, naphthenic, and aromatic (PNA) subfractions (Riazi
2005 pp. 163-164). The challenge of using pseudocomponents is to define the
physical properties and parameters for each pseudocomponent.

Recently,  several  papers  have  introduced  characterization  methods  for  the
heptane-plus fraction of oil.  In the study by Leelavanichkul et al.  (2004), the
SCN and PNA techniques have been combined, meaning that each SCN is split
into PNA fractions. In addition, resins and asphaltenes are characterized as
individual fractions. Leelavanichkul et al. (2004) applied the regular solution
theory for modeling asphaltene precipitation. Ting (2003) and Gonzalez et al.
(2007, 2008) have developed a characterization based on the saturates-
aromatics-resins-asphaltenes (SARA) distribution of oil and combined it with
PC-SAFT. The SARA characterization was later developed by Panuganti et al.
(2012) and Punnapala and Vargas (2013). Eckert et al. (2012) have character-
ized  the  C7+ fraction  of  oil  with  a  few  real  components.  They  conducted  the
modeling  work  with  Peng-Robinson.  Hay  et  al.  (2013)  have  proposed  a  SCN
type characterization where SCN and the lumped SCN are subdivided into n-
paraffin, iso-paraffin, olefin, naphtene, and aromatic fractions. Pereira de
Oliveira et al. (2013) have suggested a two-step reconstruction algorithm to
build a representative set of molecules from analytical data. Hay et al.  (2013)
and Pereira de Oliveira et al.  (2013) have only presented the characterization
in their papers.

The SARA method with PC-SAFT is probably the most promising characteri-
zation procedure for predicting the phase behavior of heavy oil. This character-
ization  is  based  on  the  regression  of  the  PC-SAFT  parameters  against  molar
mass and the SARA distribution of a studied oil sample. Unfortunately, the
molar mass and SARA determinations are easily inconsistent (Herod et al.
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2012,  Kharrat  et  al.  2007,  Zhang  et  al.  2013).  Another  disadvantage  of  the
SARA method is that the procedure is sample-specific.

Leekumjorn and Krejbjerg (2013) have simulated the phase behavior of res-
ervoir fluids with cubic EoS and PC-SAFT. They concluded that PC-SAFT is a
potential,  new-generation  equation  of  state  for  the  oil  and  gas  industry  but
universal C7+ characterization for PC-SAFT should be developed first. Thus, the
need has been expressed for a general characterization method, such as SCN,
for PC-SAFT.

Several  models  have  been  proposed  for  predicting  hydrogen  solubility  in
heavy  oils  in  previous  studies.  Chao  and  Seader  (1961),  Grayson  and  Streed
(1963) and Sebastian et al.  (1981) have introduced correlations for predicting
hydrogen solubility in hydrocarbons and hydrocarbon mixtures at initial stag-
es. Later, Shaw (1987) has proposed a correlation for predicting hydrogen sol-
ubility in alicyclic and aromatic solvents. This correlation is based on the cor-
responding theory and has a predictive nature. An advantage of using the cor-
relations is their simplicity. However, the correlations provide only the solubil-
ity  information.  Lal  et  al.  (1999)  has  applied  the  Peng-Robinson  equation  of
state with a modified repulsive term to describe the phase behavior of hydro-
gen+Athabasca bitumen system. The benefits of equations of state are their
simplicity as well as the capability to predict phase behavior and other proper-
ties of multicomponent systems simultaneously. One  challenge  in  using  the
cubic equation of state to describe the behavior of a heavy oil system is defin-
ing the critical properties for heavy oil or alternatively for pseudocomponents.
Additionally, binary interaction parameters may easily be unreasonable with
the cubic equations of state (Lal et al. 1999). Riazi and Vera (2005) and Riazi
and Roomi (2007) have developed a method for predicting hydrogen solubility
in  hydrocarbons  and  heavy  oil  systems.  This  method  is  based  on  the
Scatchard-Hildebrand theory and does not require critical parameters or bina-
ry interaction parameters, which is a great benefit.  Luo et al. (2011) have sug-
gested a model that connects the Pierotti method and Henry’s law. The model
by Luo et al. (2011) requires experimental data to regress four oil-specific pa-
rameters thus it is not a predictive model. Torres et al. (2013) have tested the
Grayson Streed and the augmented Grayson Streed methods for modeling hy-
drogen solubility in heavy oils. They concluded that these methods gave inac-
curate  results  for  the  studied  systems.  One  interesting  model,  which  has  not
yet been applied for predicting hydrogen solubility in heavy oils, is PC-SAFT,
even  though  this  equation  of  state  has  demonstrated  good  capability  to  de-
scribe  the  phase  behavior  of  heavy  oil  systems  as  mentioned  above  and  has
produced promising results modeling hydrogen solubility in pure hydrocar-
bons (Ghosh et al. 2003).

1.2 Objectives of this thesis

The aim of this thesis was to investigate the phase equilibria of heavy oil sys-
tems relevant for hydroprocesses. The research was mainly focused on the hy-
drogen  solubility  in  heavy  oil  systems,  which  is  the  key  factor  in  the  process
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models. With accurate models, simulations describe the hydroprocesses more
precisely and the operation of such processes can be enhanced as mentioned
earlier.

The  purpose  was  to  conduct  the  study  by  measuring  and  modeling  the  hy-
drogen solubility in heavy oil systems. As a starting point to measure the phase
equilibria of heavy oil systems at elevated temperatures and pressures, suitable
apparatus was required for these complex systems. First, the apparatus was
developed and validated with known systems, and then the hydrogen solubility
in heavy oils was measured.

To  conduct  the  modeling  part,  the  most  suitable  models  were  selected  for
this case. The chosen models were PC-SAFT and Peng-Robinson equations of
state and the correlation by Shaw (1987) and the method by Riazi and Roomi
(2007). Heavy oil had to be characterized for the modeling with the equations
of state. Thus, an appropriate method for the characterization was developed
for PC-SAFT due to the lack of characterization. In addition, the performance
of selected models was validated with different systems.

1.3 Structure of this thesis

Chapter 2 briefly introduces the thermodynamic principles concerning this
work and the models applied in this work. Chapter 3 presents the continuous
flow apparatus, which was developed and applied in this thesis. In addition,
the estimation of experimental uncertainty is discussed related to the meas-
urements  of  this  work  (Chapter  3.4).  In  Chapter  4,  the  development  of  the
heavy oil characterization method is outlined. Chapter 5 summarizes the
measurement and modeling results of this research. Finally, Chapter 6 com-
piles the main findings of this thesis and makes a proposition about future
work.
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2. Thermodynamic principles and
models

As discussed in the previous chapter, mathematical models are required in
order to describe the phenomena in the process. It is crucial to understand the
theory behind the models so that they can be developed and applied.

This work studies the phase equilibria of heavy oil systems. The thermody-
namics of phase equilibrium is an extensive subject and it is covered in detail
in several textbooks, such as Prausnitz et al. (1986), Sandler (2006) and
Gmehling et al. (2012). Thus, only the principles of phase equilibrium thermo-
dynamics concerning this thesis are discussed in Chapter 2.1. Several models
have been developed to describe thermodynamic phenomena. Chapter 2.2
introduces two equations of state (Perturbed-Chain Statistical Associating Flu-
id Theory (Gross & Sadowski 2001, 2002) and Peng-Robinson (Peng & Robin-
son 1976)) as well as a correlation by Shaw (1987) and a method by Riazi and
Roomi (2007) that are applied in this work.

2.1 Phase equilibrium

Phase equilibrium describes the component distribution in the phases (I, II,
III, etc.) at constant temperature and pressure, as demonstrated in Figure 2.1.
The component distribution is described by molar fractions of components (x1,
x2,  x3, etc.). Phases can be vapor-liquid, liquid-liquid, liquid-solid, vapor-
liquid-solid  and so forth,  depending on the state  of  the system.  In this  work,
vapor-liquid and gas-liquid phase equilibria are discussed in more detail.
(Gmehling et al. 2012, pp. 177-179)

The criterion for phase equilibrium is the equal fugacity of all components i
in all coexisting phases at constant temperature and pressure:𝑓 = 𝑓 = 𝑓 (2.1)
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Figure 2.1. Distribution of components (1, 2, 3, 4, etc.) between phases I and II at constant

temperature (T) and pressure (P).

2.1.1 Vapor-liquid phase equilibrium

Considering the vapor-liquid equilibrium, the criterion of phase equilibrium is
as follows (Gmehling et al. 2012, pp. 186-189):𝑓 = 𝑓 (2.2)

Commonly, the fugacity is obtained with auxiliary quantities such as fugacity
coefficients and activity coefficients. The fugacity coefficient is defined as the
ratio  of  the  fugacity  in  the  liquid  or  vapor  phase  to  the  product  of  the  mole
fraction and pressure of the system (Equations 2.3 and 2.4). (Gmehling et al.
2012, pp. 186-189)

𝜙 = (2.3)

𝜙 = (2.4)

The activity coefficient is defined as the ratio of the fugacity to the product of
the mole fraction and standard fugacity (Equation 2.5).

𝛾 = (2.5)

The phase equilibrium for a vapor-liquid system can be obtained using two
different approaches. First, the fugacity coefficient approach (∅ − ∅) is derived
from Equations 2.2-2.4 (Equation 2.6).𝜙 𝑥 = 𝜙 𝑦 (2.6)

Phase I
T
P

Phase II
T
P

𝑥

𝑥

𝑥𝑥 𝑥 …
𝑥𝑥 𝑥 …
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The  fugacity  coefficient  is  calculated  by  Equation  2.7,  where Z is  the  com-
pressibility factor and is obtained with a suitable equation of state and mixing
rules. (Gmehling et al. 2012, pp. 20)ln𝜙 = ∫ (𝑍 − 1) (2.7)

Second,  the  activity  coefficient  approach  (𝛾 − ∅)  is  derived  from  Equations
2.2 and 2.4-2.5 (Equation 2.8).𝛾 𝑥 𝑓 = 𝜙 𝑦 𝑃 (2.8)

The activity coefficients are required in the (𝛾 − ∅) approach. These coeffi-
cients can be obtained with the excess Gibbs energy (Equation 2.9). (Gmehling
et al. 2012, pp. 162, 188)

𝐺 = 𝑅𝑇 ∑ 𝑥 ln𝛾 (2.9)

Several expressions have been developed to describe the excess Gibbs ener-
gy. In addition, the standard state fugacity is required in the activity coefficient
approach. The fugacity of the pure liquid at system temperature and pressure
is generally used as a standard fugacity in vapor-liquid equilibrium calcula-
tions. The standard fugacity of pure liquid at system temperature and satura-
tion pressure can be calculated as presented in Equation 2.10. (Gmehling et al.
2012, pp. 188-189)𝑓 = 𝜙 𝑃 = 𝜙 𝑃 (2.10)

To obtain the standard state fugacity at system pressure, the pressure has to
be corrected with the Poynting factor (POY):

𝑓 = 𝜙 𝑃 𝑒 ( ) = 𝜙 𝑃 𝑃𝑂𝑌 (2.11)

The fugacity coefficient approach has several advantages compared to the ac-
tivity coefficient approach. First, both phases can be described with the same
auxiliary parameters in the (∅ − ∅) approach. Second, properties for systems
containing supercritical components can be predicted with equations of state.
Third, compositions and several properties such as densities, enthalpies and
heat capacities are obtained for both phases simultaneously. The disadvantage
of the (∅ − ∅) approach is that there is no universal equation of state that could
be applied successfully for every system. The advantages of the activity coeffi-
cient approach are its simplicity and the possibility to regress the correlations
for  the  excess  Gibbs  energy  as  accurately  as  possible,  although  the  standard
state may cause problems. (Gmehling et al. 2012, pp. 192-193)
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2.1.2 Gas-liquid phase equilibrium

Gas-liquid equilibrium (also called gas solubility in liquid) is a special case of
vapor-liquid equilibrium where at least one of the components is at supercriti-
cal  state.  The  thermodynamic  principles  for  gas-liquid  equilibrium  are  the
same as those presented for vapor-liquid equilibrium in Equations 2.2-2.10.
The fugacity coefficient approach can be applied directly for gas-liquid equilib-
rium but, with the activity coefficient approach, the standard state causes
problems since pure supercritical components do not have the liquid phase.
Thus, the standard state fugacity used in the calculations is often replaced with
the Henry constant (Equation 2.12). (Gmehling et al. 2012, pp. 261-263)𝛾∗𝑥 𝐻 = 𝜙 𝑦 𝑃 (2.12)

The Henry constant is defined in Equation 2.13.

𝐻 = lim →→→
(2.13)

At low concentration ranges where gas solubilities are usually found, Equa-
tion 2.11 reduces to the form:𝑥 𝐻 = 𝜙 𝑦 𝑃 (2.14)

And at low pressures, the expression simplifies to Henry’s law:𝑥 𝐻 = 𝑦 𝑃 (2.15)

2.2 Models

The fugacity coefficients for vapor and liquid phases are required for each
component in the fugacity coefficient approach. The fugacity coefficient is cal-
culated by Equation 2.7 and the compressibility factor for Equation 2.7 is ob-
tained with equations of state (EoS), as discussed in the previous chapter.
There are several equations of state. The simplest EoS is the ideal gas law and
the most commonly used are cubic equations of state such as Peng-Robinson
(Peng & Robinson 1976) and Soave-Redlich-Kwong (Soave 1972). A new-
generation equation of state is the statistical associating fluid theory (SAFT)
originally developed by Chapman et al. (1989), which is based on statistical
mechanics. Several modifications of SAFT have been developed. In this work,
the traditional Peng-Robinson (PR) (Peng & Robinson 1976) EoS and the new-
generation Perturbed-Chain Statistical Associating Fluid Theory (PC-SAFT)
(Gross & Sadowski 2001, 2002) EoS were applied in the calculations and are
introduced in Chapters 2.2.1 and 2.2.2.
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The phase equilibrium calculations made with the activity coefficient ap-
proach require fugacity coefficients, which are obtained with Equation 2.7, and
the activity coefficients that are obtained using Equation 2.9. As discussed
above, several expressions have been developed to describe the excess Gibbs
energy  such  as  Wilson  (Wilson  1964),  NRTL  (Renon  &  Prausnitz  1968),  and
UNIQUAC (Abrams & Prausnitz 1975) equations. However, as the activity co-
efficient approach was not applied in this work, a detailed discussion about
activity coefficient models is omitted from this thesis.

In addition in this work, a correlation developed by Shaw (1987) and a meth-
od proposed by Riazi and Roomi (2007) have been applied in the modeling of
hydrogen solubility in heavy oil systems. These models are briefly introduced
in Chapters 2.2.3 and 2.2.4.

2.2.1 Peng-Robinson

Peng-Robinson is  a  cubic  equation of  state  developed by Peng and Robinson
(1976).  Cubic  equations  of  state  are  commonly  used  in  industry  due  to  their
robustness and simplicity (Gmehling et al. 2012, pp. 40). However, the major
disadvantage of  cubic  equations of  state  is  their  poor  capability  to  model  the
phase behavior, especially liquid density, of systems containing molecules with
various molecular sizes (Vargas et al. 2009).

The compressibility factor in Peng-Robinson is calculated as presented in
Equation 2.16. In this work, the original α-function  (Equation  2.18)  (Peng  &
Robinson 1976) was applied in Publications [I,III,IV] and additionally, the α-
function (Equation 2.20) introduced by Boston and Mathias (1980) was used
in Publication [III]. The Boston-Mathias α-function has been developed for
systems containing supercritical components such as hydrogen.

𝑍 = − ( )[ ( ) ( )] (2.16)

𝑎(𝑇) = 0.45724 𝛼(𝑇) (2.17)

𝛼(𝑇) = 1 + (0.37464 + 1.54226𝜔 − 0.26992𝜔 ) 1 − 𝑇 . (2.18)

𝑏 = 0.0778 (2.19)

𝛼(𝑇) = 𝑒𝑥𝑝 1 − 1 − 𝑇 (2.20)

𝑚 = 0.37464 + 1.54226𝜔 − 0.26992𝜔 (2.21)

The application of Peng-Robinson requires three parameters for each com-
ponent: critical temperature (TCr), critical pressure (PCr) and acentric factor
(ω). For calculating the properties of mixtures, mixing rules are required. In
this work, the van der Waals one-fluid mixing rule was applied with a tempera-
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ture independent binary interaction parameter (lij with the original α-function
and mij with the Boston-Mathias modification) for calculating the properties of
multicomponent systems.

2.2.2 Perturbed-Chain Statistical Associating Fluid Theory

The Perturbed-Chain Statistical Association Fluid Theory (PC-SAFT) equation
of  state  is  based  on  statistical  mechanics  and  was  developed  by  Gross  &  Sa-
dowski  (2001,  2002).  PC-SAFT  has  demonstrated  good  capability  to  model
systems containing components of various sizes (Ting 2003, Gonzalez et al.
2005, Vargas 2009 et al., Panuganti et al. 2012, Punnapala 2013).

The basis of the SAFT model is the first-order perturbation theory of
Wertheim (Wertheim 1984a,b, 1986a,b), where the potential energy of a rela-
tive complex molecular fluid is described as the sum of the potential energy of
a  simple  reference fluid and a  perturbation or  correction term.  The PC-SAFT
equation of  state  is  written as  the sum of  the residual  Helmholtz  free  energy
(Ares), which corresponds to the deviation of Helmholtz free energy (A) and the
Helmholtz free energy of the ideal gas (Aig) as shown in Equation 2.22. (Gross
& Sadowski 2001, 2002)

= − = + + (2.22)

The Ahc term consists of the hard sphere equation of state by Mansoori et al.
(1971) and the chain formation contribution by Wertheim (1984a,b, 1986a,b).
The chain-length dependence of the attractive interactions is calculated by
applying  the  perturbation  theory  of  Barker  and  Henderson  (1967a,b)  (Adisp).
In the association term (Aassoc), associating interaction is taken into account, as
proposed by Chapman et al. (1990). (Gross & Sadowski 2001, 2002)

The PC-SAFT equation of state can also be written in the form of a compress-
ibility factor, which is the sum of the ideal gas contribution (Zig=1), the hard-
chain term (hc), the dispersion interaction term (disp), and the association
term (assoc), as given in Equation 2.23. The expressions for the hard-chain
and dispersion interaction terms are  presented in  the work by Gross  and Sa-
dowski (2001) and the expression for the association term are in the paper by
Chapman et al. (1990). (Gross & Sadowski 2001, 2002)𝑍 = 𝑍 + 𝑍 + 𝑍 + 𝑍 (2.23)

PC-SAFT requires three parameters for non-associating components. For as-
sociating components, two additional parameters are needed. The non-
associating  parameters  correspond  to  the  number  of  segments  per  molecule
(mi),  the diameter of each segment (σi) and the energy of dispersion between
segments (εi/k),  which can be understood as  the tendency of  the molecule  to
disperse and form a vapor phase (Soo 2011).  The association parameters are
the  association  energy  between  sites  A  and  B  of  molecule i (εAiBi/k)  and  the
effective association volume (κAiBi). The association components in this work



Thermodynamic principles and models

13

are assumed to have two associating sites (2B model). The parameters can be
obtained from the liquid densities and vapor pressures of the pure component.
For predicting properties of mixtures, a mixing rule derived from van der
Waals one-fluid theory and Lorentz Berthelot combining rule were applied in
the calculations. (Gross & Sadowski 2001, 2002)

2.2.3 Shaw’s correlation

Shaw (1987) has introduced a correlation for predicting hydrogen solubility in
alicyclic  and  aromatic  hydrocarbon  solvents.  The  correlation  is  based  on  the
corresponding theory.

The correlation was developed with three assumptions. First, hydrogen solu-
bility  is  mainly  a  function of  reduced solvent  temperature.  Second,  hydrogen
solubility is low, thus the impact of hydrogen on the critical temperature of the
solvent  is  ignored.  Third,  the  solute  hydrogen  fills  the  free  volume  between
much  larger  solvent  molecules  when  the  free  volume  per  mole  of  solvent  is
proportional to the molar volume: in other words, inversely proportional to
density. The correlation is derived with these assumptions and the equality of
fugacity  in  the  liquid  and  vapor  phase,  and  is  shown  in  Equation  2.24.  The
hydrogen solubility can then be calculated using Equation 2.25.𝑙𝑛𝑆∗ = . 𝑇∗ + . + 𝐴 + 𝐴 Δ𝜌 (2.24)

𝑆∗ = 𝑆 𝜌 (2.25)

Shaw’s correlation (Shaw 1987) has a predictive nature.  It requires the mean
boiling point and density of the solvent and the estimation of density differ-
ence between the lightest and the heaviest components of an oil sample as in-
put parameters.

2.2.4 Riazi and Roomi’s method

Riazi and Roomi (2007) have proposed a method based on the Scatchard-
Hildebrand  theory,  for  predicting  hydrogen  solubility  in  heavy  hydrocarbons
and heavy oils. Hydrogen solubility is calculated using the (𝛾 − ∅) approach
(Equation 2.8). In their method, the fugacity coefficient is obtained by the viri-
al  equation,  truncated  after  the  second  term.  For  fugacity,  Riazi  and  Roomi
(2007) have proposed the equation, shown as Equation 2.26. The term 𝑓  is
variable, and its value depends on the aromaticity of the oil sample. The activi-
ty coefficient is calculated with the Scatchard-Hildebrand theory. Riazi and
Roomi (2007) have proposed that the solubility parameter of oil be calculated
based on the paraffin, naphthenic and aromatic distribution of the oil and they
have presented correlations for each fraction to calculate the solubility param-
eter.

𝑓 = 𝑓 𝑃 exp ( . ) (2.26)
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In  order  to  apply  the  Riazi  and  Roomi  method  (Riazi  &  Roomi  2007),  the
mean boiling point and density of solvent are required as input parameters. In
addition, the 𝑓  parameter needs to be estimated if the solvent is highly aro-
matic.
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3. Continuous flow apparatus

The experimental data of the system under study is required in order to under-
stand  the  behavior  of  the  system  and  validate  the  models.  First,  Chapter  3.1
briefly  summarizes  the types  of  measurement  methods that  could be utilized
for the phase equilibrium measurements of heavy oil systems. Chapter 3.2 in-
troduces the continuous flow apparatus and measurement methods used. This
apparatus was utilized for the vapor pressure and vapor-liquid equilibrium
measurements  [I]  and the gas  solubility  measurements  [III,  IV]  in  this  work.
Finally, the estimation of experimental uncertainty is discussed in Chapter 3.4.

3.1 Alternative methods for phase equilibria measurements of
heavy oil systems

In this thesis, the target was to examine the phase equilibria of heavy oil sys-
tems, especially hydrogen solubility in heavy oils, at elevated temperatures and
pressures.  Thus,  the  requirement  was  to  develop  an  apparatus  that  could  be
utilized with this complex system. The phase equilibrium measurements can
be conducted with several methods at high temperatures and pressures. These
methods can generally be divided into analytic and synthetic or static and con-
tinuous flow methods. (Dohrn et al. 2012)

In previous studies,  the static-analytical  (Lal  et  al.  1999,  Ji  et  al.  2013)  and
the static-synthetic (Cai et al. 2001) methods have been utilized for measuring
hydrogen solubility in heavy oil systems. In the static-analytic method, liquid
and gas are loaded into the autoclave. After the system has reached equilibri-
um, samples are taken from both phases, flashed, and analyzed. Gas chroma-
tography is usually applied for analyzing the composition of the phases but, in
the case of heavy oils, the amount of hydrogen in the liquid sample is calculat-
ed using different techniques due to the complex nature of heavy oil.  The ad-
vantage of the static-analytical method is that the analytical techniques are
commonly considered accurate. On the other hand, gas chromatograph analy-
sis cannot be applied with heavy oils. The disadvantages of the method are the
long residence time at high temperatures, which can cause decomposition of
heavy oil components, and sampling, which should be performed carefully due
to the low hydrogen content in the liquid.

In the static-synthetic method, the sample is prepared beforehand and then
charged into the autoclave. Phase equilibrium is typically reached by changing
the pressure of the system, and measuring the pressure and temperature at the
equilibrium point.  One benefit of the static-synthetic method is that sampling
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is  not  needed  to  conduct  during  the  runs.  The  sampling  may  cause  pressure
drops.  The disadvantage of  the method is  that  sample is  required to  prepare
beforehand and precise sample preparation may be demanding. Another chal-
lenge  of  this  method  is  the  long  residence  time  of  the  sample  in  the  heated
zone.

For H2+coal liquid systems, the continuous flow-analytic (for example Lin et
al.  1981 and Wiegand et al.  1988) method has been used to measure the gas-
liquid equilibrium of the systems. The liquid and gas are fed continuously
through  a  heated  line  and  then  flashed  in  the  equilibrium  cell  before  both
phases are analyzed. The advantage of this method is the short residence time
of  the  sample  at  high  temperatures.  As  with  the  static-analytic  method,  the
analyses  of  the heavy oil  phase are  challenging due to  the fact  that  heavy oil
contains large and complex hydrocarbons. Another disadvantage is sampling
during the runs due to pressure drops may occur.

A continuous flow-synthetic method is one other method that could be appli-
cable for heavy oil systems. A gas+oil system of known composition is contin-
uously  pumped  through  the  apparatus.  The  bubble  point  can  be  reached  by
changing the pressure, temperature, or composition of the system. One ad-
vantage of this method is the short residence time of the sample at high tem-
perature.  Another  benefit  is  that  sampling during runs is  not  needed.  On the
other hand, sample is required to prepare beforehand and the accurate prepa-
ration  of  sample  may  be  challenging.  The  methods  for  measuring  hydrogen
solubility in heavy oil and their advantages and challenges are also presented
in Table 3.1.

Table 3.1. Alternative methods for measuring hydrogen solubility in heavy oils, and advantages

and challenges of these methods (Dohrn et al. 2012).

Method Advantages Challenges

Static-analytic +Analysis of phases
-Long residence time in hot zone
-Sampling during runs
-Analysis of phases

Static-synthetic +No sampling during runs -Sample preparation beforehand
-Long residence time in hot zone

Continuous flow-
analytic

+Short residence time in hot zone
+Analysis of phases

-Sampling during runs
-Analysis of phases

Continuous flow-
synthetic

+Short residence time in hot zone
+No sampling during runs -Sample preparation beforehand

3.2 Vapor-liquid equilibrium measurements

The continuous flow apparatus constructed in this work was based on the de-
sign by Novitskiy et al. (2009). The continuous flow apparatus with the syn-
thetic method is suitable for heat-sensitive materials due to the short residence
time of the sample in the heated zone. In addition, the possible challenges of
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sampling and analyzing the liquid phase were avoided by choosing this  tech-
nique. The measurement method developed utilizes visual observation and
changes in the volumetric flow rate to detect the bubble point. The apparatus
and the procedure are described briefly in the following chapters and in detail
in Publication [I]. The continuous flow apparatus was used to measure the
vapor pressures of pure components and the vapor-liquid equilibrium of bina-
ry systems at high temperatures and pressures [I].

3.2.1 Apparatus

A schematic figure of the continuous flow apparatus for vapor-liquid meas-
urements  is  shown  in  Figure  3.1.  The  apparatus  was  constructed  around  an
equilibrium cell, which had two sapphire glass windows and was equipped
with four cartridge heaters with thermoelements integrated into the cartridge
heaters. A schematic figure of the equilibrium cell is presented in Figure 3.2.
The fluid was continuously pumped through the cell. There were three Isco
pumps,  one  of  which  fed  the  liquid  to  the  system  and  two  received  the  fluid
(one at a time). Before the cell, the fluid was heated in an oven. In addition, the
line between the oven and the cell was equipped with resistance wires in order
to  heat  the  line.  A  video  camera  recorded  events  in  the  equilibrium  cell
through the window during runs.  Light  source was a  projector  lamp (150 W)
connected  with  an  optical  fiber.  Temperature  was  measured  in  the  line
through a T-piece located in the oven. Pressure was measured in the line be-
tween the cell and the measurement pump. Two different pressure sensors
were utilized depending on the pressure range of the experiment. More details
on the instruments and the calibration of temperature and pressure measure-
ments are given in Publication [I].

Figure 3.1. Schematic diagram of the continuous flow apparatus.



Continuous flow apparatus

18

Figure 3.2. Schematic diagram of the equilibrium cell.

3.2.2 Procedure

The  main  idea  of  the  measurement  method  was  to  pump  the  liquid  sample
continuously through the apparatus and detect the bubble point by decreasing
the pressure of  the system at  a  constant  temperature.  The phase change was
detected  from  the  change  in  volumetric  flow  rate  and  by  visual  observation
from the video.

The liquid samples were prepared gravimetrically, degassed, and introduced
to  the  feeding  pump  beforehand.  The  actual  measurement  was  conducted  as
follows. The sample was fed continuously through the apparatus with the feed-
ing pump at a constant flow rate (0.5 cm3 min-1).  The temperature was adjust-
ed  to  the  desired  constant  value.  The  pressure  of  the  system  was  controlled
with the measurement pump, which was adjusted to decrease the pressure at a
constant rate, typically 0.3 MPa min-1,  until  the  phase  was  changed.  At  the
starting point of the measurement, the pressure was approximately 5 MPa
higher than the expected bubble point pressure. The phase transition was de-
tected simultaneously from the video and from the change in volumetric flow
rate. The bubble in the video and a typical diagram of the recorded volumetric
flow rate  as  a  function of  time are  depicted in  Figure 3.3.  A detailed descrip-
tion of the measurement procedure is given in Publication [I].
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Figure 3.3. Observed bubble in the equilibrium cell and recorded volumetric flow rate as a

function of time.

3.3 Gas solubility measurements

For the gas solubility measurements, the continuous flow apparatus was modi-
fied by adding a  gas  feed line to  the system.  In addition,  the equilibrium cell
was moved into the oven in order to ensure that the cell was at the same tem-
perature as the fluid.  The measurement method was also improved to suit gas
solubility measurements. The modified continuous flow apparatus was em-
ployed to measure hydrogen solubility in model components [III] and heavy
oil systems [IV].

3.3.1 Apparatus

A  schematic  figure  of  the  continuous  flow  apparatus  for  gas  solubility  meas-
urements is shown in Figure 3.4. The configuration of the modified apparatus
was mainly the same as in the vapor-liquid measurements. The gas feed line
was installed with a mass flow controller for the gas solubility measurements
and  the  liquid  and  gas  flows  were  mixed  with  either  a  μ-mixer  or  a  T-piece
placed in the oven. The μ-mixer was utilized for measurements with pure liq-
uid components and the T-piece for the heavy oils, due to the fact that wax in
the heavy oil blocked the μ-mixer. In addition, the equilibrium cell was moved
into the oven. Nitrogen gas was fed into the oven in order to attain a nitrogen
atmosphere in the oven. Moreover, nitrogen gas could be introduced into the
apparatus if the lines needed to be flushed. Temperature was measured in the
line through a T-piece located in the oven near the cell. Pressure was measured
in the line outside the oven near the measurement pump. Detailed information
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about the instruments and the calibration of pressure and temperature meas-
urements and mass flow controller is given in Publications [III, IV].

Figure 3.4. Schematic diagram of the modified continuous flow apparatus.

3.3.2 Procedure

A measurement method was developed for measuring gas solubility with the
modified continuous flow apparatus. The development was required due to the
fact that the method applied with vapor-liquid measurements gave inaccurate
results in the gas-liquid measurements. The idea of the developed method was
to  feed  the  desired  composition  of  gas+liquid  system  through  the  apparatus
continuously  and  to  obtain  the  phase  change  point  visually  by  changing  the
composition of the system at constant temperature and pressure.

In practice, the liquid sample was degassed before the experiment and then
the liquid sample was introduced into the feeding pump. To initiate the meas-
urement,  the liquid sample was continuously  pumped through the apparatus
at  a  constant  flow  rate,  and  the  gas  was  introduced  into  the  system  with  the
mass flow controller, which controlled the flow rate of hydrogen. The before-
hand  calculated  flow  rates  of  the  fluids  were  adjusted  in  order  to  obtain  the
desired hydrogen content in the fluid. The values for the liquid flow rate varied
from 0.3 cm3 min-1 to 4.4 cm3 min-1 and from 5 cm3 min-1  to 10.5 cm3 min-1 for
gas  flow  rate  (the  reading  is  given  at  normal  conditions,  273.15  K  and  101.3
kPa). Residence time of the fluid in the heated zone varied from 2 min to 20
min  depending  on  the  flow  rate  of  the  fluid.  The  pressure  and  temperature
were adjusted to the constant value. The phase of the fluid with the designed
composition was visually observed in the equilibrium cell. If the phase was
liquid, the amount of hydrogen was increased and if the phase was in the two-
phase region, the amount of hydrogen was decreased. The composition was
changed  until  the  bubble  point  was  reached.  Typical  video  frames  from  the
liquid and vapor-liquid phases are presented in Figure 3.5. Further details
about the procedure are given in Publications [III,IV].
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Figure 3.5. Video frames from liquid (left) and vapor-liquid (right) phases.

3.3.3 Hydrogen content in liquid

The amount of hydrogen in the liquid was calculated with the flow rates of the
fed liquid and gas. The amount of hydrogen in the pure components was calcu-
lated in mole fractions as given in Equation 3.1 [III].
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The amount of hydrogen in heavy oil systems was obtained in moles of hydro-
gen per kilogram of liquid (Equation 3.2) [IV] due to the lack of available data
on heavy oil molar mass.
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The actual hydrogen solubility point was calculated as an average of the last
observed liquid phase point and the first observed point in the two-phase re-
gion,  see  Equations  3.3  [III]  and  3.4  [IV].  The  step  between  the  observation
points was adjusted to be as small as possible. The composition step for hydro-
gen solubility in pure hydrocarbons was 0.003 in the mole fraction of hydro-
gen and for hydrogen solubility in heavy oil systems 0.015 in moles of hydro-
gen per kilogram of liquid. The factor limiting the step between observation
points from being even less was the flow rate of hydrogen, which fluctuated a
little during the runs.
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3.3.4 Density of liquid samples

The density of the liquid sample was required for calculating the amount of the
sample in moles or kilograms using Equations 3.1 and 3.2. Densities for tolu-
ene, n-hexadecane, and n-octadecane were calculated with the density correla-
tions obtained from DIPPR (2012). The parameters of the components for the
correlations were found from DIPPR (2012). Densities for hydrotreated vacu-
um gas oil and modified vacuum residue were obtained using the ENISO12185
method and are presented in Publication [II]. Densities for the modified vacu-
um residue+toluene systems were measured with a vibrating tube densimeter
(DMA  HP  connected  to  a  DMA  5000  M  densimeter  manufactured  by  Anton
Paar GmbH). Further details about density measurements with the vibrating
tube densimeter are given in Publication [IV].

3.4 Estimation of experimental uncertainty

In experimental work, there is always uncertainty in quantities obtained irre-
spective of how carefully the measurements are conducted. Therefore, the es-
timation of experimental uncertainty should be provided along with the results
of the experiments.  The uncertainty of directly measured quantities, such as
temperature  and  pressure,  is  typically  estimated  based  on  the  uncertainty  of
the corresponding instrument. The uncertainty of calculated quantities can be
obtained with the partial derivate of the quantity.

In this work [I,III,IV], the uncertainty of temperature and pressure meas-
urements with the continuous flow apparatus was estimated by calculating the
sum of the uncertainty of the calibration of the instrument and uncertainty of
the measurement method.

The uncertainty of the gas chromatograph analysis used in Publication [I]
was estimated by calibrating the measured areas against the gravimetrically
obtained  mole  fractions  of  the  sample.  The  uncertainty  of  the  gas  chromato-
graph was estimated to  be the average deviation between the calibration line
and the measured values.

The refractometer utilized in Publication [I] was calibrated against gravimet-
rically prepared samples and the uncertainty of the refractometer based on
this calibration.

The liquid samples were gravimetrically prepared for vapor-liquid equilibri-
um measurements [I] and the uncertainty of the mole fraction was estimated,
as presented in Equation 3.5.
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where u(xcalib) refers to the  uncertainty of the gas chromatograph or refrac-
tometer.

The uncertainty  of  the hydrogen flow rate  was estimated based on the cali-
bration of  the mass  flow controller.  The controller  was calibrated by running
hydrogen  at  a  known  flow  rate  and  desired  pressure  to  the  measurement
pump.  The actual flow rate was then calculated from the change in the volume
of the pump. Further details about the calibration procedure of the mass flow
controller can be found in Publication [III].

The  uncertainty  of  hydrogen  solubility  in  pure  components  [III]  was  esti-
mated by taking the partial derivate of hydrogen solubility. The estimation for
uncertainty of hydrogen solubility was calculated using Equation 3.6.
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The hydrogen solubility in heavy oil systems was obtained in moles of hydro-
gen per kilogram of liquid [IV]. The uncertainty of hydrogen solubility in heavy
oil systems was estimated by taking the partial derivate of hydrogen solubility,
as given in Equation 3.7.
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Table 3.2 presents a summary of all the variables defined in this work with
the estimation method of uncertainty. More details on the estimation of uncer-
tainties can be found in Publications [I, III, IV].
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Table 3.2. Summary of the variables defined in this work [I,III,IV] with the estimation method
of uncertainty.

Variable Description Type Uncertainty Publication

FH2 Flow rate of liquid Measured Calibration [III,IV]

FL Flow rate of hydrogen Measured According to
the manufacturer [III,IV]

m1 Mass of component 1 Measured According to
the manufacturer [I]

P Pressure Measured Calibration and
measurement method [I,III,IV]

SH2 Hydrogen solubility Calculated Eq. 3.7 [IV]

T Temperature Measured Calibration and
measurement method [I,III,IV]

x1
Mole fraction

of component 1 Calculated Eq. 3.5 [I]

xH2
Mole fraction
of hydrogen Calculated Eq. 3.6 [III]

ρ Density Measured Calibration [IV]
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4. Development of heavy oil
characterization method for PC-SAFT

Accurate oil characterization is crucial in the modeling of heavy oil systems. A
universal  single  carbon  number  (SCN)  type  characterization  method  was  de-
veloped for Perturbed-Chain Statistical Associating Fluid Theory (PC-SAFT)
equation of state in this work [II] because such a procedure for PC-SAFT did
not  exist.  The aim was to  develop a  method,  which could also  be applied for
predicting hydrogen solubility in heavy oil systems. The developed heavy oil
characterization method is introduced in this Chapter and is also presented in
detail in Publication [II].

4.1 Pseudocomponents and parameters

The  new  characterization  procedure  is  based  on  an  SCN-type  method.   The
pseudocomponents are first sorted by their normal boiling point. Then each
boiling point cut is divided into saturate, aromatic, and polyaromatic (SAP)
fractions. Figure 4.1 shows a schematic diagram of the developed pseudocom-
ponent matrix.
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Figure 4.1. Schematic diagram of the pseudocomponent matrix.

The characterization is conducted by first dividing the pseudocomponents by
their boiling points, which are set from 473 K to 1023 K at 50 K intervals. This
interval between pseudocomponents was found to be suitable to achieve accu-
rate results. The temperature range mentioned above was chosen to cover the
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part of the distillation curve of heavy oils that can be measured with standard
methods (such as Simulated Distillation HT750).

As the second step, each boiling point cut is subdivided into saturate, aro-
matic and polyaromatic fractions. Commonly, crude oil has been classified into
paraffinic, naphthenic, and aromatic (PNA) fractions but for heavy oils, the
SAP  distribution  is  more  relevant  due  to  the  large  portion  of  aromatics  in
heavy oils. The saturate fraction is considered to contain normal and branched
paraffins, the aromatic fraction consists of monoaromatics and cycloparaffins,
and the polyaromatic  fraction includes  polyaromatic  hydrocarbons.   The het-
eroatoms, such as nitrogen and sulfur, are omitted from the characterization at
this stage even though heavy oils contain a notable amount of such elements.

Distributing the cuts into the SAP fractions was performed for three reasons.
First, the distribution made it possible to obtain the PC-SAFT parameters from
the correlations that are based on the density and vapor pressure data of real
components. Second, the SAP splitting made it possible to take into considera-
tion  the  interactions  between  pseudocomponents  of  a  different  chemical  na-
ture by using the PC-SAFT binary interaction parameters. Third, splitting the
pseudocomponents into groups of a different chemical nature was found to be
necessary in previous studies, most recently by Hay et al. (2013).

The correlations for calculating the mass fractions of SAP were regressed in
this study [II]. The regressed correlations are based on a general view of how
SAP  is  distributed  in  different  boiling  point  cuts  of  crude  oil  (Riazi  2005,  p.
121). The correlations for the mass fractions of SAP are given in Equations 4.1-
4.3.

0.41+273)-(*0.00055-= bS Tw (4.1)

0.53+273)-(*0.0002= bA Tw (4.2)

ASP 1 w-w=w  (4.3)

The distribution of SAP is also demonstrated in Figure 4.2.

Figure 4.2. Distribution of SAP in the boiling point cuts.
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Three PC-SAFT parameters are required for each component in order to cal-
culate the phase behavior of systems, as discussed in Chapter 2.2.2. In this
work, phase behavior prediction was conducted with the assumption that none
of  the  pseudocomponents  are  associating  components,  as  Ting  (2003)  con-
cluded earlier.  Thus the association parameters  of  PC-SAFT are  ignored.  The
PC-SAFT parameters were obtained with the correlations presented by Gonza-
lez Rodriguez (2008). The correlations are shown in Equations 4.4-4.9. The
first three equations are for the saturate fraction and the last three for the ar-
omatic  and polyaromatic  fractions.  The aromaticity  of  aromatic  and polyaro-
matic components is controlled by aromaticity factor γ.

8444.00257.0S  Mm (4.4)

MM /)ln(8013.4047.4S  (4.5)

  Mk /523.95769.5)/(ln S  (4.6)

)7296.10101.0()751.00223.0)(1(A/P  MMm  (4.7)

)/98.936169.4()/1483.381377.4)(1(A/P MM   (4.8)

  )/234100508()93.28300436.0)(1(/ 5.1
A/P MMk   (4.9)

With the γ parameter, the aromatic pseudocomponent is linearly weighted
between  the  polynuclear  aromatic  and  benzene  derivative  components.  The
limiting values for γ are  0 for  benzene derivatives  and 1  for  polynuclear  aro-
matics.

4.2 Application of the method

The new characterization method is easy to apply for any oil sample. The dis-
tillation curve of the oil is the only required data. It is comparatively simple to
measure and is usually done on a standard basis. The distillation curve of
heavy oils cannot be measured completely due to the decomposition of heavy
hydrocarbons at high temperatures. Nevertheless, it was found to be sufficient
to predict the end part of the curve  with correlations when applying the meth-
od presented in this study [II].

The pseudocomponent composition for oil samples is determined using a
generalized distribution model (Equation 4.10), which has been suggested es-
pecially for heavy oil by Riazi (1989, 1997).
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T0, A, and B are auxiliary parameters and are used for obtaining the pseudo-
component composition. T0 represents the initial boiling point of the sample
(Riazi 2005). In this study, the T0 parameter was set approximately 10 K lower
than the first measured boiling point temperature of the distillation curve,
rounding to the nearest ten. A and B are sample-specific parameters, which are
obtained by regressing the generalized distribution model against the meas-
ured distillation curve data (Riazi 2005). After the parameter regression, the
mass fraction of each boiling point cut is calculated with the parameters T0, A
and B. Then,  the  values  obtained  for  each  boiling  point  cut  are  divided  into
SAP pseudocomponents, according to the SAP distribution presented in Equa-
tions 4.1-4.3. The mass fraction of the asphaltene pseudocomponent is esti-
mated from the SARA analysis, if measured, and the shape or end part of the
distillation  curve.  In  this  work,  a  rough  assumption  was  made:  components
with  a  boiling  point  higher  than  1050  K  were  classified  as  asphaltenes  even
though the issue is more complex in reality.
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5. Measurement and modeling results
and discussion

This chapter summarizes the measurement and modeling results of this the-
sis.  Pure component vapor pressures, bubble point pressures for binary sys-
tems and hydrogen solubilities were measured with the continuous flow appa-
ratus.  Table  5.1  presents  a  summary  of  the  results  of  the  experimental  work
obtained in this work [I,III,IV].

Chapter 5.1 presents the experimental results of the vapor pressures for pure
components and Chapter 5.2 the vapor-liquid equilibrium of binary systems.
In addition, these chapters demonstrate the validation of the continuous flow
apparatus that was developed [I]. Chapter 5.3 introduces the results of hydro-
gen solubility in pure components and the validation of the modified continu-
ous flow apparatus [III]. Chapter 5.5.1 presents the measurement results of
hydrogen solubility in heavy oil systems [IV].

The  phase  behavior  of  the  measured  binary  systems  was  modeled  with  the
PC-SAFT (Gross & Sadowski 2001,2002) and Peng-Robinson (Peng & Robin-
son 1976) equations of state [I,III]. These models were mainly chosen for two
reasons. First, PC-SAFT has shown good results in modeling the behavior of
heavy oil systems in previous studies found in the literature. Thus, the perfor-
mance  of  PC-SAFT  was  tested  with  the  binary  systems  since  the  final  target
was to apply this EoS in the modeling of hydrogen solubility in heavy oil sys-
tems.  Second,  a  comparison  was  conducted  between  a  new-generation  equa-
tion  of  state,  PC-SAFT,  and  a  traditional  cubic  equation  of  state,  Peng-
Robinson, which is widely used in the industry. All modeling results for the
binary systems are presented together with the measurements.

Hydrogen  solubility  in  heavy  oil  systems  was  predicted  with  PC-SAFT  and
for comparison, with Peng-Robinson, Shaw’s correlation (Shaw 1987), and the
Riazi  and  Roomi  method  (Riazi  &  Roomi  2007)  [IV].  In  order  to  apply  PC-
SAFT  for  heavy  oil  systems,  a  heavy  oil  characterization  procedure  based  on
the  SCN  method  was  developed  since  there  was  no  such  procedure  for  PC-
SAFT earlier. The heavy oil characterization method for PC-SAFT was validat-
ed by predicting the densities and saturation pressures for selected heavy oil
systems, as shown in Chapter 5.4 [II]. Finally, the results of predicting hydro-
gen solubility in heavy oil systems are presented in Chapter 5.5.2 [IV].
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Table 5.1. Summary  of  the  experimental  work  examined  in  this  thesis  [I,III,IV]  (data  types:

VP=vapor pressure of pure component, VLE=vapor-liquid equilibrium of binary system,

GLE=hydrogen solubility in solvent).

System Data
type T/K P/MPa Number of

points Publication

Ethanol VP 473-498 3.0-4.7 6 [I]
Diphenylmethane VP 573-623 0.1-0.5 9 [I]
n-Heptane VP 473-523 1.0-2.2 9 [I]
Toluene VP 473-573 0.8-3.3 15 [I]
Water VP 473-548 1.5-6.0 12 [I]
Ethanol+water VLE 473-573 2.2-12.0 42 [I]
Diphenylmethane+n-heptane VLE 473-598 0.2-1.8 114 [I]
Diphenylmethane+toluene VLE 473-598 0.2-3.1 148 [I]

H2+toluene GLE 501-575 5.0-10.0 15 [III]

H2+n-hexadecane GLE 461-573 5.0-10.0 15 [III]

H2+n-octadecane GLE 462-541 5.0-10.0 8 [III]

H2+Oil1 GLE 497-596 2.0-10.1 13 [IV]

H2+Oil2+toluene GLE 497-596 4.0-11.0 30 [IV]
Oil2+toluene Density 293-353 0.1 15 [IV]

5.1 Vapor pressure of model components

Vapor pressures for ethanol, diphenylmethane, n-heptane, toluene, and water
were measured with the continuous flow apparatus [I]. The results are given in
Publication [I]. In order to validate the apparatus and the measurement meth-
od, the results from the measurements were compared against the literature
values. For comparison, vapor pressures were calculated with an extended
form of Antoine’s equation (5.1) to represent the literature values.

      AnK/K/lnK/expPa/ AnAnAnAni
ETDTCTBAP  (5.1)

The parameters AAn through EAn were obtained from the literature (DIPPR
2012). The measured vapor pressures and calculated values with the extended
form of Antoine’s equation are presented in Figure 5.1.
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Figure 5.1. Measured vapor pressures for ethanol (▲), diphenylmethane ( ), n-heptane (●),

toluene (■) and water ( ) [I] and the predictions with the extended form of Antoine’s equation

(DIPPR 2012) ( ).

Average  absolute  (Equation  5.2)  and  relative  average  (Equation  5.3)  devia-
tions were calculated for the vapor pressures. The maximum value for average
absolute deviation was 0.03 MPa. The measured vapor pressures presented in
Publication [I] agreed excellently with the correlations.
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5.2 Vapor-liquid equilibrium of model components

The vapor-liquid equilibrium was measured for  the ethanol+water,  diphenyl-
methane+toluene, and diphenylmethane+n-heptane systems with the contin-
uous flow apparatus [I]. The bubble points for the ethanol+water system were
measured in order to validate the experimental set-up, as demonstrated in
Chapter 5.2.1. The vapor-liquid equilibrium for the diphenylmethane+toluene
and diphenylmethane+n-heptane  systems  was  examined  in  order  to  produce
new  data  for  these  systems  (Chapter  5.2.2).  In  addition,  knowledge  of  the
phase behavior of these systems can be used in the heavy oil characterization
method.
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5.2.1 Validation of the apparatus and measurement method with
ethanol+water system

The bubble point pressures of the ethanol+water system were measured with
the continuous flow apparatus in order to validate the apparatus and the
measurement method for binary systems [I]. The measured bubble point pres-
sures were compared to measurements given by Barr-David and Dodge (1959),
Griswold et al. (1943) and Novitskiy et al. (2009). In order to conduct a careful
comparison, the studied system was modeled with PC-SAFT (Gross & Sa-
dowski 2001,2002) including an association term in order to compare the de-
viations between the prediction and measured data points. The association
term is required due to the associating tendency of these components. The PC-
SAFT  equation  of  state  was  chosen  after  a  preliminary  examination  of  the
models. The predictions for the ethanol+water system were accurate with PC-
SAFT  (RAD under 4 %), whereas the predictions with Peng-Robinson were
inaccurate (RAD over  110  %).  The  calculations  were  made  using  Aspen  Plus
(V7.3).

The PC-SAFT parameters for ethanol and water were obtained from the lit-
erature (Gross & Sadowski 2002). The PC-SAFT binary interaction parameter
(kij) was regressed against the literature data (Barr-David & Dodge 1959, Gris-
wold et al. 1943 and Novitskiy et al. 2009) within the temperature range of this
work  (473-573  K)  [I].  The  data  points  presented  in  Publication  [I]  were  not
used in the regression in order to have an independent evaluation of the accu-
racy of the data points presented in Publication [I]. The object function (Obj1)
of the regression is presented below:
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Figure 5.2 presents the measured bubble point pressures [I], predictions
with PC-SAFT and the regressed binary interaction parameter (kij=-0.015) [I]
and values from the literature (Barr-David & Dodge 1959, Griswold et al. 1943
and Novitskiy et al. 2009) for the ethanol+water system.
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Figure 5.2. Bubble point pressures for the ethanol+water system: experimental data presented

in Publication [I]  at  473 K ( ),  523 K (■) 548 K (▲),  573 K (●),predictions [I]  with PC-SAFT

(kij=-0.015) ( ), measured by Barr-David and Dodge (1959) at 473 K (◊), 523 K (□), 548 K

(Δ), 573 K (○), Novitskiy et al. (2009) at 473 K ( ), 523 K ( ), 548 K ( ), 573 K ( ), and by

Griswold et al. (1943) at 473 K ( ), 523 K ( ) 548 K ( ), critical locus (--×--).

The average absolute (Equation 5.2) and relative average (Equation 5.3)
pressure deviations were calculated for each set. The deviation was calculated
between the pressure values predicted with PC-SAFT (kij=-0.015)  and  the
measured values. These deviations are collected in Table 5.2. As can be seen,
the data points given in Publication [I] agreed with the literature data well. In
addition, PC-SAFT described the phase behavior of this system excellently.

Table 5.2. Average absolute (AAD) and relative average (RAD) pressure deviations for data sets

of the ethanol+water system.

System Model kij AAD/MPa RAD/%  Reference of
data set

Ethanol
+water PC-SAFT

-0.015 0.09 1.7 Publication [I]

-0.015 0.09 1.4 Barr-David and
Dodge (1959)

-0.015 0.10 1.9 Novitskiy et al.
(2009)

-0.015 0.18 2.8 Griswold et al.
(1943)

In conclusion, the measured vapor pressures of ethanol, diphenylmethane,
n-heptane,  and toluene agreed well  with the correlations based on published
data and the bubble point pressures of the ethanol+water system agreed well
with the literature data. Consequently, it can be concluded that the continuous
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flow apparatus together with the applied measurement method demonstrated
their  capability  to  provide phase equilibrium data  of  excellent  quality  at  high
temperatures and pressures.

5.2.2 Diphenylmethane+toluene and diphenylmethane+n-heptane
systems

The vapor-liquid equilibrium for the diphenylmethane+toluene and diphe-
nylmethane+n-heptane systems was measured and the results are presented in
Publication [I]. These systems were studied in order to produce new data and
investigate the binary interaction of hydrocarbons of a different chemical na-
ture. This knowledge can be utilized in the characterization procedure of heavy
oils.

The phase behavior of the diphenylmethane+toluene and diphenylme-
thane+n-heptane systems was predicted with the PC-SAFT (Gross & Sadowski
2001)  and  Peng-Robinson  (Peng  &  Robinson  1976)  equations  of  state.  First,
the models were employed in predictive mode where the binary interaction
parameters were set to zero. Second, the performance of the models was opti-
mized by regressing the binary interaction parameters. The objective function
for the regression is presented in Equation 5.5. All calculations were processed
with the in-house software, VLEFIT (Aittamaa & Pokki 2003).
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 The  critical  and  PC-SAFT  parameters  for  each  component  were  obtained
from the literature (DIPPR 2012, Gross & Sadowski 2001), except for the PC-
SAFT parameters of diphenylmethane, which were regressed in this work [I].
All parameters are also listed in Publication [I].

Diphenylmethane was assumed to be a non-associating component and thus
three  PC-SAFT  parameters  had  to  be  obtained  for  this  component.  The  PC-
SAFT parameters are usually regressed against the vapor pressure and molar
volume data  of  the component.  The regression was conducted with 63 vapor
pressure data points found from the literature (Dreisbach 1955, Glaser &
Ruland 1957, Sasse et al. 1989, Simnick et al. 1978a, Sohda et al. 1990,
Wieczorek & Kobayashi 1980) and nine data points of vapor pressure present-
ed in Publication [I]. In addition, 49 molar volume data points were collected
from the literature (Chang et al. 1997, Chirico & Steele 2005, Davis & Gottlieb
1963,  Dreisbach  1955,  Friend  &  Hargreaves  1944,  Hammick  &  Wilmut  1934,
Hare  &  Mack  1932,  Koefoed  &  Villadsen  1958)  for  the  regression.  The  PC-
SAFT parameters obtained for diphenylmethane are presented in Table 5.3.
The relative average deviations were calculated between the literature and
predicted values with PC-SAFT for vapor pressure and molar volume. In gen-
eral, deviations for vapor pressure and molar volume of less than 2% are con-
sidered satisfactory (Soo 2011). In this work, the deviations were 1.1 % for va-
por pressure and 0.6 % for molar volume, hence the parameter regression was
considered successful.
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Table 5.3. PC-SAFT parameters obtained in this work [I] for diphenylmethane.

Component mi σi/Å εi/k/K

Diphenylmethane 4.1538 3.8606 319.52

The  modeling  and  measurements  for  the  diphenylmethane+toluene  system
are presented in Figures 5.3 and 5.4. Three repetitions were measured for each
point.  As  can  be  noticed  from  the  figures,  repeatability  was  excellent  as  the
three repetitions seem like one point in all cases. Figure 5.3 presents the pre-
dictions with PC-SAFT (Gross & Sadowski 2001) and Figure 5.4 the predic-
tions with Peng-Robinson (Peng & Robinson 1976) together with the measured
data points. The binary interaction parameters were regressed against all the
data points presented in Publication [I].  The average absolute (Equation 5.2)
and relative average (Equation 5.3) pressure deviations were calculated for
each modeling case. The deviation was calculated between the measured data
points and the prediction. These deviations are collected in Table 5.4. As can
be concluded from the figures and the table, both models predicted the phase
behavior of the system well.
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Figure 5.3. The bubble point pressures of the diphenylmethane+toluene system: values pre-

sented in Publication [I]  at  473 K (◊),  505 K (□),  523 K (Δ),  547 K (○),  573 K ( ),  597 K (■),

predictions [I] with PC-SAFT kji =o ( ), kji=-0.013 ( ).

Figure 5.4. The bubble point pressures of  the diphenylmethane+toluene system: values pre-

sented  in  Publication  [I]  at  473  K  (◊), 505 K (□),  523 K (Δ),  547 K (○),  573 K ( ),  597 K (■),

predictions [I] with Peng-Robinson lji =o ( ), lji=-0.015 ( ).
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Table 5.4. The binary interaction parameters and the average absolute (AAD)  and  relative

average (RAD) pressure deviations for the diphenylmethane+toluene and diphenylmethane+n-

heptane systems.

System Model kij or lij AAD/MPa RAD/% Reference
of data set

Diphenylmethane
+toluene

PC-SAFT

0 0.07 8.4 Publication
[I]-0.013 0.04 3.8

0 0.08 37.5 Klara et al.
(1987)-0.013 0.05 26.2

Peng-
Robinson

0 0.03 5.2 Publication
[I]-0.015 0.02 3.0

0 0.06 32.5 Klara et al.
(1987)-0.015 0.04 24.9

Diphenylmethane
+n-heptane

PC-SAFT
0 0.05 7.7 Publication

[I]-0.021 0.03 4.2

Peng-
Robinson

0 0.09 13.3 Publication
[I]-0.038 0.03 4.2

The bubble point pressures for the diphenylmethane+toluene system were
also measured by Klara et al. (1987) in the temperature range 450-500K. The
data  presented  by  Klara  et  al.  (1987)  was  modeled  with  PC-SAFT  and  Peng-
Robinson with the binary interaction parameters applied earlier (kji=0, kji=-
0.013, lji=0 and lji=-0.015) in order to compare the literature values to the data
points presented in Publication [I]. The average absolute and relative average
pressure deviations were calculated for  the data  points  by Klara  et  al.  (1987)
and are given in Table 5.4. The bubble point pressures published by Klara et al.
(1987) were ignored in the regression of the binary interaction parameter be-
cause the deviations with kji =0 and lji =0 were large. For this reason, data by
Klara et al. (1987) were considered inaccurate.

Figures 5.5 and 5.6 show the measurement and modeling results for the di-
phenylmethane+n-heptane system. Predictions with PC-SAFT are presented in
Figure 5.5 and those with Peng-Robinson in Figure 5.6. The binary interaction
parameters were regressed against all the data presented in Publication [I].
The average absolute and relative average pressure deviations were calculated
for each case. The deviations are listed in Table 5.4.

The equations of state predicted the phase behavior of the diphenylme-
thane+n-heptane  system  well.  Furthermore,  the  performance  of  the  models
was enhanced by optimizing the binary interaction parameters. No data on the
diphenylmethane+n-heptane system were found from the literature  for  com-
parison with the data presented in Publication [I].
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Figure 5.5. The bubble point pressures of the diphenylmethane+n-heptane system: values

presented in Publication [I] at 473 K (◊), 505 K (□), 523 K (Δ), 547 K (○), 573 K ( ), 597 K (■),

predictions [I] with PC-SAFT kji =o ( ), kji=-0.021 ( ).

Figure 5.6. The bubble point pressures of the diphenylmethane+n-heptane system: values

presented in Publication [I] at 473 K (◊), 505 K (□), 523 K (Δ), 547 K (○), 573 K ( ), 597 K (■),

predictions [I] with Peng-Robinson lji =o ( ), lji=-0.041 ( ).

In conclusion, the PC-SAFT (Gross & Sadowski 2001) and Peng-Robinson
(Peng  &  Robinson  1976)  equations  of  state  can  be  applied  for  describing  the
phase behavior of the diphenylmethane+toluene and diphenylmethane+n-
heptane systems. Both models predicted the phase behavior of the system con-
taining two aromatic hydrocarbons more accurately than the system with aro-
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matic and alkane hydrocarbons. Nevertheless, the modeling of this kind of
hydrocarbon systems can be conducted with both equations of  states  equally
well.

5.3 Hydrogen solubility in pure components

The hydrogen solubility in toluene, n-hexadecane and n-octadecane was
measured with the modified continuous flow apparatus [III]. The H2+toluene
and  H2+n-hexadecane systems acted as reference systems, against which the
apparatus and measurement procedure was validated, as presented in Chapter
5.3.1. The gas-liquid equilibrium for the H2+n-octadecane system was meas-
ured in order to produce new data for this system (Chapter 5.3.2).

5.3.1 Validation of the modified apparatus and measurement method
with H2+toluene and H2+n-hexadecane systems

The hydrogen solubility  in  toluene and n-hexadecane was measured in  this
work [III] in order to validate the modified continuous flow apparatus and the
measurement method developed for gas solubility measurements. Publication
[III] presents the measured data points. In order to conduct the validation, the
measured  data  points  were  compared  to  the  literature  values  (Simnick  et  al.
1978b, Laugier et al. 1980, Lin et al. 1980, Florusse et al. 2003). The compari-
son was carried out by modeling both systems with the PC-SAFT (Gross & Sa-
dowski 2001) and Peng-Robinson (Peng & Robinson 1976) equations of state
and calculating the deviations between measured and predicted values. The
original α-function (Peng & Robinson 1976) and Boston-Mathias (BM) (Boston
& Mathias 1980) modification were applied with Peng-Robinson. The calcula-
tions with PC-SAFT and Peng-Robinson with the original α-function were pro-
cessed with the in-house software, the VLEFIT (Aittamaa & Pokki 2003), and
the calculations with PR-BM were done with Aspen Plus (V8.0) due to the fact
that Boston-Matias modification was lacking from VLEFIT.

The pure component parameters used in the calculations were obtained from
the literature (DIPPR 2012, Gross & Sadowski 2001, Ghosh et al. 2003). The
models  were  employed  both  in  the  predictive  and  in  optimization  mode.  In
other words, the binary interaction parameters were first set to zero and then
the parameters  were regressed against  the measured data.   Equation 5.5  was
applied  as  an  objective  function  for  the  regression  with  PC-SAFT  and  Peng-
Robinson with the original α-function and Equation 5.4 with Peng-Robinson
with the Boston-Matias modifications. The objective functions were different
due to the different software applied for the regression but, in both cases, the
deviation  between  the  measured  and  calculated  values  was  minimized,  only
the weighting of errors varied.

Figures  5.7  and  5.8  show  the  data  points  measured  in  this  work  [III]  and
from  the  literature  as  well  as  the  predictions  with  PC-SAFT  and  Peng-
Robinson  with  the  original  α-function  for  the  H2+toluene system. Figure 5.7
presents the predictions with PC-SAFT and Figure 5.8 the predictions with
Peng-Robinson. The binary interaction parameters were regressed against the
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literature data (Simnick et al. 1978b, Laugier et al. 1980) within the tempera-
ture range of the experiments (502.15-575.15 K).

Figure 5.7. The hydrogen solubility in toluene: measured in this work [III] at 502 K ( ), 542 K

(■), 574 K (▲), 575 K ( ), from the work by Simnick et al. (1978b) at 502.15 K (◊), 542.15 K (□),

575.15 K (Δ)  and by Laugier et  al.  (1980) at  542.15 K ( )  and predictions [III]  with PC-SAFT

kij=0 ( ), kij =-0.047 ( ).

Figure 5.8. The hydrogen solubility in toluene: measured in this work [III]  at 502 K ( ), 542

K (■), 574 K (▲), 575 K ( ), from the work by Simnick et al. (1978b) at 502.15 K (◊), 542.15 K

(□), 575.15 K (Δ) and by Laugier et al. (1980) at 542.15 K  ( ) and predictions [III] with Peng-

Robinson with the original α-function lij=0 ( ), lij =0.773 ( ).
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The average absolute (Equation 5.2) and relative average pressure deviation
(Equation 5.3) were obtained for each data set and modeling case. The devia-
tions with the binary interaction parameters are listed in Table 5.5. First, it can
be concluded that the measured data points for H2+toluene system agreed well
with the literature data. Second, the PC-SAFT equation of state predicted the
hydrogen solubility in toluene excellently even without optimizing the PC-
SAFT binary interaction parameter. The predictions with Peng-Robinson with
the original and the Boston-Mathias modification were poor. After regression
of the binary interaction parameters, PC-SAFT still described the phase behav-
ior of the system better than either of the Peng-Robinson modifications.
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Table 5.5. The binary interaction parameters and the average absolute (AAD) and relative

average (RAD) pressure deviations for the H2+toluene and H2+n-hexadecane systems.

System Model kij, lij
ormij

AAD/MPa RAD/% Reference
of data set

H2+toluene

 PC-SAFT

0 0.52 6.4
Publication [III]

-0.047 0.32 3.8

0 0.24 3.5 Simnick et al.
(1978b)-0.047 0.08 1.6

0 0.25 3.4 Laugier et al.
(1980)-0.047 0.11 1.7

 PR

0 2.26 28.1
Publication [III]

0.773 0.78 9.0

0 2.43 25.2 Simnick et al.
(1978b)0.773 0.42 4.4

0 2.29 24.8 Laugier et al.
(1980)0.773 0.49 5.7

 PR-BM

0 1.36 17.8
Publication [III]

0.801 0.53 6.7

0 1.82 18.9 Simnick et al.
(1978b)0.801 0.48 4.9

0 1.82 20.0 Laugier et al.
(1980)0.801 0.31 3.7

H2+
n-hexadecane

 PC-SAFT

0 0.12 1.7
Publication [III]

-0.033 0.28 3.8

0 0.22 2.7
Lin et al. (1980)

-0.033 0.37 4.7

0 0.23 4.3 Florusse et al.
(2003)-0.033 0.05 0.9

 PR

0 1.59 21.1
Publication [III]

0.338 0.47 6.3

0 1.65 21.8
Lin et al. (1980)

0.338 0.61 8.2

0 0.99 18.8 Florusse et al.
(2003)0.338 0.05 0.8

 PR-BM

0 1.22 16.3
Publication [III]

0.333 0.22 3.1

0 1.31 17.3
Lin et al. (1980)

0.333 0.41 5.4

0 0.71 13.6 Florusse et al.
(2003)0.333 0.25 4.7

In Figures 5.9 and 5.10, the hydrogen solubility in n-hexadecane is presented:
data  points  measured  in  this  work  [III],  from  the  literature  (Lin  et  al.  1980,
Florusse et al. 2003) and the predictions. The predictions with PC-SAFT are
introduced  in  Figure  5.9  and  the  predictions  with  Peng-Robinson  with  the
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original α-function in Figure 5.10. The binary interaction parameters were
regressed against the literature data (Lin et al. 1980, Florusse et al. 2003) in a
temperature range of 447-623 K, which is wider than the temperature range of
the experiments conducted in this work (461-573 K) [III].

Figure 5.9. The hydrogen solubility in n-hexadecane: measured in this work [III] at 461 K ( ),

501 K (■), 540 K (▲), 542 K ( ), 573 K (●), from the work by Lin et al. (1980) at 461.65 K (◊),

542.25 K (Δ) and predictions [III] with PC-SAFT kij=0 ( ), kij =-0.033 ( ).

Figure 5.10. The  hydrogen  solubility  in n-hexadecane:  measured  in  this  work  [III]  at  461  K

( ), 501 K (■), 540 K (▲), 542 K ( ), 573 K (●), from the work by Lin et al. (1980) at 461.65 K

(◊),  542.25  K  (Δ) and predictions [III] with Peng-Robinson with the original α-function lij=0

( ), lij =0.338 ( ).
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For  every  data  set  and  modeling  case,  the  average  absolute  (Equation  5.2)
and relative average pressure deviation (Equation 5.3) were obtained and Ta-
ble 5.5. presents these deviations with the binary interaction parameters. The
hydrogen solubility in n-hexadecane corresponded well with the literature da-
ta.  In  addition,  from  the  modeling  results  it  can  be  concluded  that  PC-SAFT
was superior in predicting the hydrogen solubility of the H2+n-hexadecane
system in comparison to Peng-Robinson.  PC-SAFT retained its superiority in
describing the hydrogen solubility even after optimizing the binary interaction
parameters.

As a conclusion, the hydrogen solubility measurements in toluene and n-
hexadecane demonstrated that the modified apparatus and developed meas-
urement method could produce high-quality hydrogen solubility data.

5.3.2 H2+n-octadecane system

Hydrogen solubility in n-octadecane was measured with the modified continu-
ous flow apparatus [III]. This system was selected since n-octadecane would
be  a  good  model  component  for  heavy  oil  systems,  and  in  order  to  produce
knowledge of hydrogen solubility in n-octadecane. Experimental data for this
system was not found in the literature. The data points obtained in this work
are presented in Publication [III].

The hydrogen solubility in n-octadecane was predicted with two equations of
state: PC-SAFT (Gross & Sadowski 2001) and Peng-Robinson (Peng & Robin-
son 1976). The Peng-Robinson equation of state was used with the original α-
function (Peng & Robinson 1976) and the Boston-Mathias modification (Bos-
ton & Mathias 1980). The required critical and PC-SAFT parameters were ob-
tained from the literature (DIPPR 2012, Gross & Sadowski 2001, Ghosh et al.
2003). The models were employed in predictive (the binary interaction pa-
rameters was set to the value 0) and optimization mode as was conducted with
the H2+toluene and H2+n-hexadecane systems.

Figure 5.11 presents the measured data points and the predictions with PC-
SAFT and Figure 5.12 the predictions with Peng-Robinson with original α-
function.  The  average  absolute  (Equation  5.2)  and  relative  average  pressure
deviation (Equation 5.3) for pressure were obtained. Table 5.6. shows these
deviations with the binary interaction parameters. As can be seen, PC-SAFT
predicted  the  phase  behavior  of  this  system  excellently  whereas  Peng-
Robinson predicted the hydrogen solubility in n-octadecane poorly.
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Figure 5.11. The  hydrogen  solubility  in n-octadecane:  measured  in  this  work  [III]  at  462  K

( ), 501 K (■), 540 K (▲), and predictions [III] with PC-SAFT kij=0 ( ), kij =0.020

( ).

Figure 5.11. The  hydrogen  solubility  in n-octadecane:  measured  in  this  work  [III]  at  462  K

( ),  501  K  (■),  540  K  (▲), and predictions [III] with Peng-Robinson with the original α-

function lij=0 ( ), lij =0.374 ( ).
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Table 5.6. The binary interaction parameters and the average absolute (AAD) and relative

average (RAD) pressure deviations for the H2+n-octadecane system.

System Model kij, lij

ormij
AAD/MPa RAD/% Reference

of data set

H2+
n-octadecane

 PC-SAFT
0 0.11 1.6

Publication [III]
0.020 0.09 1.0

 PR
0 1.47 18.7

Publication [III]
0.374 0.09 1.1

 PR-BM
0 1.06 13.6

Publication [III]
0.321 0.20 2.4

As a summary, it can be stated that PC-SAFT (Gross & Sadowski 2001) pre-
dicted the hydrogen solubility in toluene, n-hexadecane and n-octadecane ex-
cellently. In practice, the regression of the PC-SAFT binary interaction param-
eter was unnecessary for these systems. Peng-Robinson (Peng & Robinson
1976)  could  describe  the  behavior  of  systems  in  a  satisfactory  way  only  after
optimizing the binary interaction parameters. In addition, it was surprising to
observe that the use of Boston-Mathias modification instead of the original α-
function improved the predictions only a little, even though this modification
was developed for supercritical components such as hydrogen.

5.4 Heavy oil characterization method for PC-SAFT

The  target  was  to  develop  a  universal  heavy  oil  characterization  method  for
PC-SAFT  (Gross  &  Sadowski  2001)  that  could  be  applied  for  the  modeling
phase behavior  of  H2+heavy oil systems. The method developed in this work
[II]  was  validated  by  predicting  the  densities  and  saturation  pressures  of  se-
lected heavy oil systems. The PC-SAFT and binary interaction parameters were
required to obtain for each pseudocomponent and component pair in order to
perform the calculations. The heavy crude oils selected for the validation were
Athabasca bitumen (AB) (Modaresghazani 2009) and San Joaquin Valley
(SJV)  heavy  crude  oil  (Sturm  &  Shay  2000)  from  the  literature.  In  addition,
three oil cuts were chosen: hydrocracked vacuum gas oil (Oil1), modified vac-
uum  residue  from  Urals  crude  (Oil2)  and  vacuum  residue  from  Urals  crude
(Oil3).  The oil  cuts  were well  characterized and the results  from the analysis
are presented in Publication [II]. The systems for saturation pressure predic-
tions were propane+AB (Badamchi-Zadeh et al. 2009b) and
CO2+propane+AB (Badamchi-Zadeh et al. 2009a). The calculations were pro-
cessed with the in-house software, Flowbat (Keskinen & Aittamaa 2004).

5.4.1 PC-SAFT and binary interaction parameters

Three  PC-SAFT  parameters  and  the  PC-SAFT  binary  interaction  parameters
were required for each pseudocomponent and component pair in order to cal-
culate the densities and saturation pressures for the selected heavy oil systems.
The PC-SAFT parameters for pseudocomponents were obtained with Equa-
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tions 4.4-4.9. Due to the correlations being molar mass based, the PC-SAFT
parameters were calculated to correspond to the given normal boiling point of
the pseudocomponent. Simultaneously, molar mass for each pseudocompo-
nent  was  obtained  with  the  correlations.  The  most  suitable  value  for  γ was
found to be 0.1 for aromatic pseudocomponents and 0.6 for the polyaromatic
pseudocomponents. It is suggested to apply these γ values when calculating
the PC-SAFT parameters for aromatic and polyaromatic pseudocomponents
together with the proposed SAP distribution presented in Equations 4.1-4.3.
For the asphaltene pseudocomponent, the PC-SAFT parameters were estimat-
ed based on studies by Gonzalez et al. (2005), Zhang et al. (2012) and Punna-
pala  and  Vargas  (2013).  Publication  [II]  presents  the  boiling  point  tempera-
ture, the molar mass, the mass fraction and the PC-SAFT parameters for each
pseudocomponent.

The gas components, CO2 and propane, and toluene were characterized as
real  components,  and the PC-SAFT parameters  for  them were obtained from
the literature (Gross & Sadowski 2001).

The PC-SAFT binary interaction parameters for the pseudocomponent pairs
were obtained from Publication [I] and adapted to this developed characteriza-
tion method [II]. As presented in Chapter 5.2.2, Publication [I] introduces the
binary interactions parameters for n-heptane+diphenylmethane and tolu-
ene+diphenylmethane systems. The parameter for n-heptane+diphenyl-
methane was used for the saturate+aromatic/polyaromatic/asphaltene pairs,
and the parameter for toluene+diphenylmethane was applied for the aro-
matic+polyaromatic/asphaltene and polyaromatic+asphaltene pairs.

The  binary  interaction  parameters  for  propane+pseudocomponent  and  the
CO2+propane pairs were found from the study by Panuganti et al. (2012). For
CO2+pseudocomponent pairs, the binary interaction parameters were re-
gressed against the vapor-liquid equilibrium data of CO2+n-eicosane (Huie et
al.  1973),  CO2+naphthalene and CO2+pyrene  (Barrick  et  al.  1987)  systems
found from the literature. Publication [II] presents a matrix of the binary in-
teraction parameters proposed for the component pairs, along with the refer-
ences.

5.4.2 Density predictions

Densities for two heavy crude oils, three heavy oil cuts, two gas+heavy oil [II]
and  heavy  oil  cut+toluene  [IV]  systems  were  predicted  with  the  developed
characterization method for PC-SAFT using the generated parameters and the
binary interaction parameters discussed above [II,IV]. The heavy crude oils
were Athabasca bitumen (AB) (Modaresghazani 2009) and San Joaquin Valley
(SJV) heavy crude oil (Sturm & Shay 2000). The distillation curve for AB was
obtained  from  the  work  by  Modaresghazani  (2009)  and  density  data  for  AB
from  the  paper  by  Badamchi-Zadeh  et  al.  (2009b).  The  heavy  oil  cuts  were
hydrocracked vacuum gas oil (Oil1), modified vacuum residue from Urals
crude (Oil2) and vacuum residue from Urals crude (Oil3) [II], and the gas+oil
systems were propane+AB (Badamchi-Zadeh et al. 2009b) and
CO2+propane+AB (Badamchi-Zadeh et al. 2009a). All oil samples were char-
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acterized with the developed method, and Publication [II] presents the ob-
tained pseudocomponent compositions for all heavy oil samples.

Densities were predicted for all systems and the predictions were compared
with the experimental values. The average absolute (Equation 5.2) and relative
average density deviation (Equation 5.3) were obtained for all systems. These
deviations are collected in Table 5.7, along with the reference of experimental
data. As can be seen from Table 5.7, the heavy oil characterization method de-
veloped for PC-SAFT demonstrated excellent capability to predict densities for
these studied heavy oil systems. This finding also supports the hypothesis that
the  PC-SAFT  equation  of  state  can  model  the  systems  containing  molecules
with  diverse  sizes  well  (Ting  2003,  Gonzalez  et  al.  2005,  Vargas  2009  et  al.,
Panuganti et al. 2012, Punnapala 2013).

Table 5.7. Calculated average absolute (AAD) and relative average (RAD) density deviations for

the Oil1, Oil2, Oil3, Oil2+toluene, SJV, AB, propane+AB and CO2+propane+AB systems.

System AAD/kg m-3 RAD/% N Reference
of data set

Oil1 7 0.7 3 Publication [II]

Oil2 3 0.4 3 Publication [II]

Oil3 4 0.4 2 Publication [II]

Oil2+toluene 9 1.0 18 Publication [IV]

SJV 21 2.1 4 Sturm & Shay
(2000)

AB 18 1.8 15 Badamchi-Zadeh
et al. (2009b)

Propane+AB 18 2.0 41 Badamchi-Zadeh
et al. (2009b)

CO2+propane+AB 13 1.5 41 Badamchi-Zadeh
et al. (2009a)

5.4.3 Saturation pressure predictions

The saturation pressures for the propane+AB and CO2+propane+AB systems
were predicted with the heavy oil characterization method for PC-SAFT [II].
The Athabasca bitumen was characterized as described earlier and the PC-
SAFT binary interaction parameters for the gas+pseudocomponent pairs [II]
were adapted to  the calculations.  Figure 5.12 shows the predicted and meas-
ured saturation pressures for the propane+AB system (Badamchi-Zadeh et al.
2009b)  at  five  different  concentrations  of  propane,  and  for  the
CO2+propane+AB system at two different compositions (Badamchi-Zadeh et
al. 2009a).
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Figure 5.12. Saturation pressures for the propane+AB and CO2+propane+AB systems: pre-

dictions with the developed heavy oil characterization method for PC-SAFT ( ) [II] and

measured data for propane+AB system: points 5.2 wt-% propane ( ), 10.9 wt-% propane (▲),

15.6 wt-% propane (■),  21.4 wt-% propane (◊), 25.4 wt-% propane (Δ) (Badamchi-Zadeh et al.

2009b),  and  measured  data  points  for  CO2+propane+AB systems: 24 wt-% propane+6.2wt-%

CO2 ( ), 13.5 wt-% propane+11wt-% CO2 ( ) (Badamchi-Zadeh et al. 2009b).

The accuracy of the pressure prediction was estimated by calculating the av-
erage absolute (Equation 5.2) and relative average pressure deviations (Equa-
tion 5.3) for both systems. The deviations are listed in Table 5.8. As can be
seen,  the model  described the phase behavior  of  the investigated systems ex-
cellently compared to the measured values.

Díaz  et  al.  (2001)  have  also  modeled  these  propane+AB  and
CO2+propane+AB systems with a distillation curve based characterization
method combined with an advanced the Peng-Robinson equation of state. The
deviations of the predictions made by Díaz et al. (2001) are given in Table 5.8
as Díaz et al. (2001) have shown in their paper. The prediction in this work [II]
was  as  good  as  Diaz  et  al.  (2001)  demonstrated  for  the  propane+AB  system.
The  saturation  pressure  predictions  for  the  CO2+propane+AB system were
more accurate in this thesis [II] than in the work by Diaz et al. (2001).

0

500

1000

1500

2000

2500

3000

3500

4000

4500

280 290 300 310 320 330

P/
kP

a

T/K

15.6 wt-%
21.4 wt-%

5.2 wt-%

10.9 wt-%

25.4 wt-%
24 wt-% propane
+6.2 wt-% CO2

13.5 wt-% propane
+11wt-% CO2



Measurement and modeling results and discussion

50

Table 5.8. Calculated average absolute (AAD) and relative average (RAD) pressure deviations

for the propane+AB and CO2+propane+AB systems.

System AAD/kPa RAD/% N Reference
of the prediction

Reference
of data set

Propane+AB 63 7.2 37 Publication [II] Badamchi-Zadeh
et al. (2009b)

CO2+propane+AB 56 2.0 20 Publication [II] Badamchi-Zadeh
et al. (2009a)

Propane+AB 62a 6.7a 37 Díaz et al. (2001) Badamchi-Zadeh
et al. (2009b)

CO2+propane+AB 400a 10.0a 20 Díaz et al. (2001) Badamchi-Zadeh
et al. (2009a)

a As given in the paper by Diaz et al. (2001).

5.5 Hydrogen solubility in heavy oil systems

The hydrogen solubility in hydrocracked vacuum gas oil (Oil1) and mixtures of
modified vacuum residue from Urals crude (Oil2) and toluene were measured
with the modified continuous flow apparatus  [IV].  Three solutions were pre-
pared from Oil2 and toluene (mass fractions of Oil2: 0.25, 0.34 and 0.50). The
experiments  were  conducted  at  high  pressures  (2-11  MPa)  and  temperatures
(498-598 K).

The hydrogen solubility was predicted in the Oil1 and Oil2+toluene systems
as well as LVGO, HVGO (Cai et al. 2001), HCGO (Ji et al. 2013) and Athabasca
bitumen (AB) (Lal et al. 1999) with four selected models. These chosen models
were PC-SAFT (Gross & Sadowski 2001), Peng-Robinson (Peng & Robinson
1976), Shaw’s correlation (Shaw 1987) and the Riazi and Roomi method (Riazi
& Roomi 2007).  In  order  to  apply  the equations of  state,  the heavy oils  were
characterized with the heavy oil characterization method presented in Publica-
tion [II] and with single carbon number type characterization (Kesler & Lee
1976, Riazi & Al-Sahhaf 1996).

5.5.1 Measurements

Hydrogen solubility in Oil1 was measured with the modified continuous flow
apparatus [IV]. The experiments were conducted at temperatures of 498 K,
547 K and 596 K and in the pressure range of 2-10 MPa. The data points are
presented  in  Publication  [IV]  and  Figure  5.13  shows  the  measured  points.  It
can be seen from Figure 5.13 that hydrogen solubility increases as the temper-
ature and pressure increases, which is considered typical behavior for systems
containing hydrogen.
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Figure 5.13. Hydrogen solubility in Oil1  measured in this work [IV] at  498 K ( ),  547 K (●),

596 K (▲).

Measuring hydrogen solubility in Oil2 with the current apparatus set-up was
only  possible  if  toluene  was  added  to  the  sample.  Toluene  addition  was  re-
quired due to the very high viscosity of Oil2 at room temperature. Three mix-
tures were prepared gravimetrically from Oil2 and toluene with mass fractions
of  Oil2  of  0.25,  0.34  and  0.50.  The  measurements  of  hydrogen  solubility  in
these three mixtures were conducted at temperatures from 497 K to 596 K and
pressures from 4 MPa to 11 MPa. The experimental data points are tabulated
in Publication [IV] and are presented in Figure 5.14. As can be seen, increasing
the partial pressure of hydrogen improved the hydrogen solubility in the
measured systems.  In addition,  increasing the temperature enhanced the hy-
drogen solubility at pressure of 10 MPa. An interesting finding of these exper-
iments was that adding toluene to Oil2 had a great impact on hydrogen solu-
bility. Another finding was that none of vapor-liquid-liquid or vapor-liquid-
solid phase behavior was observed during the experiments even though this
kind of behavior can be happen at the conditions where the measurements
were conducted.
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Figure 5.14. Hydrogen solubility in the Oil2+toluene mixtures measured in this work [IV]: a)

0.25,  b) 0.34,  c)  0.50 for mass fraction of  Oil2 at  498 K ( ),  547 K (○), 572 K (▲)  and 596 K

(×).
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5.5.2 Modeling

Hydrogen solubility was predicted in the heavy oil systems measured in this
work and four heavy oils found from the literature using four models [IV]. The
models were PC-SAFT (Gross & Sadowski 2001), Peng-Robinson (Peng & Rob-
inson 1976), Shaw’s correlation (Shaw 1987) and the Riazi and Roomi method
(Riazi & Roomi 2007). These models were selected because they have shown
good capability to predict hydrogen solubility in hydrocarbons. In addition,
they  have  a  predictive  nature.  In  order  to  use  PC-SAFT  and  Peng-Robinson,
heavy oils had to be characterized. The heavy oil characterization method de-
veloped in this thesis [II] was applied for the calculations with PC-SAFT and
the single carbon number type characterization procedure (Kesler & Lee 1976,
Riazi & Al-Sahhaf 1996) with Peng-Robinson. The details about the characteri-
zations and pseudocomponents are described in Publication [IV]. The heavy
oils found from the literature were LVGO, HVGO (Cai et al.  2001), HCGO (Ji
et  al.  2013)  and  Athabasca  bitumen  (AB)  (Lal  et  al.  1999).  The  criterion  for
selecting these heavy oils was the availability of a distillation curve or distilla-
tion range. This was necessary since the distillation curve or mean boiling
point was needed as an input parameter in the models applied in this examina-
tion.

The average absolute (Equation 5.2) and the relative average pressure devia-
tion  (Equation  5.3)  were  calculated  for  each  H2+heavy oil system and each
modeling case in order to evaluate the accuracy of the predictions. The devia-
tions were calculated between the predicted values and measured values [IV]
(Lal  et  al.  1999,  Ji  et  al.  2013).  The hydrogen solubility  in  LVGO and HVGO
was only presented in the form of hydrogen solubility coefficient at each meas-
ured  temperature  (Cai  et  al.  2001)  so  the  deviations  were  calculated  against
this  data.  Table  5.9  presents  the  deviations  separately  for  each  system  and
model as well as overall deviations for each model.
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Table 5.9. Average absolute (AAD) and relative average (RAD) pressure deviations for predic-

tions  of hydrogen solubility in Oil1, Oil2+toluene, LVGO, HVGO, HCGO and AB with PC-SAFT,

Peng-Robinson,  Shaw’s  correlation  (Shaw  1987)  and  the  Riazi  and  Roomi  method  (Riazi  &

Roomi 2007).

Model System AAD/MPa RAD/% Reference
of data set

PC-SAFT

H2+Oil1 422 5.6 Publication [IV]

H2+Oil2+toluene (0.25a) 658 8.0 Publication [IV]

H2+Oil2+toluene (0.34a) 625 7.4 Publication [IV]

H2+Oil2+toluene (0.50a) 481 5.4 Publication [IV]

H2+LVGO 651 15.4 Cai et al. (2001)

H2+HVGO 738 14.4 Cai et al. (2001)

H2+HCGO 2205 41.6 Ji et al. (2013)

H2+AB 1593 18.8 Lal et al. (1999)

Overall 1251 19 (13b)

PC-SAFT
(kij=-0.1)

H2+Oil1 183 3.8 Publication [IV]

H2+Oil2+toluene (0.25a) 187 2.4 Publication [IV]

H2+Oil2+toluene (0.34a) 267 3.3 Publication [IV]

H2+Oil2+toluene (0.50a) 197 2.7 Publication [IV]

H2+LVGO 386 10.3 Cai et al. (2001)

H2+HVGO 994 19.3 Cai et al. (2001)

H2+HCGO 1629 31.1 Ji et al. (2013)

H2+AB 566 8.2 Lal et al. (1999)

Overall 669 12 (7b)

Peng-
Robinson

H2+Oil1 1623 25.9 Publication [IV]

H2+Oil2+toluene (0.25a) 2501 32.6 Publication [IV]

H2+Oil2+toluene (0.34a) 2661 34.5 Publication [IV]

H2+Oil2+toluene (0.50a) 2910 36.8 Publication [IV]

H2+LVGO 1582 28.5 Cai et al. (2001)

H2+HVGO 1995 38.4 Cai et al. (2001)

H2+HCGO 695 12.9 Ji et al. (2013)

H2+AB 2575 24.5 Lal et al. (1999)

Overall 2055 26 (29b)

Shaw’s
correlation

H2+Oil1 882 12.5 Publication [IV]

H2+LVGO 861 16.8 Cai et al. (2001)

H2+HVGO 1272 24.8 Cai et al. (2001)

H2+HCGO 4103 74.0 Ji et al. (2013)

H2+AB 1524 14.8 Lal et al. (1999)

Overall 2075 31 (15b)

Riazi and
Roomi
method

H2+Oil1 206 5.7 Publication [IV]

H2+LVGO 735 14.3 Cai et al. (2001)

H2+HVGO 1192 21.5 Cai et al. (2001)

H2+HCGO 1103 22.7 Ji et al. (2013)

Overall 836 17 (12b)

a Mass fraction of Oil2 in Oil2+toluene system.
b The relative average deviation without the contribution of the H2+HCGO system.
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PC-SAFT (Gross & Sadowski 2001) with the applied characterization method
[II] described the phase behavior of H2+heavy oil systems well. The deviations
for  H2+HCGO  system  were  large  and  clearly  differed  from  the  deviations  of
other  systems.  However,  as  demonstrated  in  Publication  [IV],  the  measured
data points for H2+HCGO system differed from the data points of the H2+Oil1
and H2+HVGO systems, even though HCGO has similar properties to Oil1 and
HVGO to some extent. In general, PC-SAFT underestimated hydrogen solubili-
ty  in  the studied heavy oil  systems thus the binary interaction parameter  for
the hydrogen+pseudocomponent/toluene pairs was set to a value of -0.1. This
value was found by trial and error. The overall deviation then decreased from
13 % to 7 %.

Peng-Robinson (Peng & Robinson 1976) with the SCN characterization
method (Kesler & Lee 1976, Riazi & Al-Sahhaf 1996) predicted hydrogen solu-
bility in the studied heavy oil systems poorly. The overall deviation was as high
as  29  %.  The  examination  showed  that  Peng-Robinson  clearly  overestimated
hydrogen solubility in heavy oils. The same tendency was found with the sys-
tems containing hydrogen and pure hydrocarbons, as presented in Publication
[III]. Figure 5.15 presents experimental data and the predictions with PC-
SAFT without binary interaction parameters for the hydrogen
+pseudocomponent/toluene pairs (kij=0) and the predictions with Peng-
Robinson for the H2+Oil2+toluene system where the mass fraction of Oil2 is
0.34.  The figure demonstrated that  PC-SAFT underestimated hydrogen solu-
bility in the Oil2+toluene system but the accuracy of the predictions was fine,
whereas the predictions with Peng-Robinson were inaccurate compared to the
measured values.

The  correlation  by  Shaw  (1987)  modeled  hydrogen  solubility  in  heavy  oils
precisely  apart  from  HCGO.  The  phase  behavior  of  H2+Oil2+toluene system
cannot be modeled using Shaw’s correlation (Shaw 1987) since the correlation
predicts partial pressure of hydrogen, as presented in Equation 2.25, and only
the total pressure of system was measured in the experiments. Figure 5.16 pre-
sents the predictions with PC-SAFT without binary interaction parameters for
hydrogen+pseudocomponent pairs (kij=0)  and  the  predictions  with  Shaw’s
correlation for  the H2+Oil1  system.  As can be seen from the figure,  PC-SAFT
predicted the hydrogen solubility slightly more accurately than Shaw’s correla-
tion. In addition, both models underestimated the hydrogen solubility in Oil1.

The Riazi  and Roomi method (Riazi  & Roomi 2007)  could model  hydrogen
solubility in heavy oils well only after the reduced hypothetical liquid fugacity
(𝑓 )  (presented  in  Equation  2.26)  was  regressed  against  the  measured  data
points. The regression was conducted by minimizing the error between the
measured  and  calculated  pressure  value.  The  regression  was  required  due  to
the  high  aromatic  content  of  heavy  oils.  Consequently,  the  method  was  not
predictive for aromatic heavy oils. The method predicts the partial pressure of
hydrogen  and  consequently  the  phase  behavior  of  the  H2+Oil2+toluene  sys-
tem could not been modeled with this method. In addition, hydrogen solubility
in  Athabasca  bitumen  could  not  be  modeled  due  to  the  fact  that  the  method
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provided unreasonably large activity coefficients (hundreds) with the given
molar mass of AB and further huge values for pressure.

Figure 5.15. Hydrogen solubility in Oil2+toluene mixture where the mass fraction of Oil2 is

0.34: data points at  498 K ( ),  547 K (○),  572 K (▲) measured in this work [IV] and predic-

tions with PC-SAFT without binary interaction parameter for the hydrogen+pseudocomponent

/toluene pairs (kij=0) ( ) and the predictions with Peng-Robinson ( ) [IV].

Figure 5.16. Hydrogen  solubility  in  Oil1:  data  points  at  498  K  ( ),  547  K  (○),  596  K  (▲)

measured in this work [IV] and predictions with PC-SAFT without binary interaction parameter

for the hydrogen+pseudocomponent pairs (kij=0) ( ) and predictions with Shaw’s correla-

tion (Shaw 1987) ( ) [IV].
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As PC-SAFT and Shaw’s correlation (Shaw 1987) were the most accurate and
predictive models for describing hydrogen solubility in heavy oil systems,
these models were applied for predicting hydrogen solubility in Oil2. Figure
5.17 shows the predictions with PC-SAFT without a binary interaction parame-
ter for the hydrogen+pseudocomponent/toluene pairs (kij=0)  and the predic-
tions  with  Shaw’s  correlation  (Shaw  1987)  for  the  H2+Oil2  system  as  well  as
the predictions with PC-SAFT (kij=0)  and  the  measured  data  points  for  the
H2+Oil2+toluene system at 548 K.

Figure 5.17. Hydrogen solubility in the Oil2+toluene mixtures at 547 K: data points for system

where the mass fractions of Oil2 are 0.25 ( ), 0.34 (Δ), 0.50 (●)  measured in this work [IV]

and predictions with PC-SAFT without binary interaction parameter for the hydro-

gen+pseudocomponent/toluene pairs (kij=0)  for  mass  fractions  of  Oil2  0,  0.25,  0.34,  0.50,  1

( )  and prediction with Shaw’s correlation (Shaw 1987) for the H2+Oil2 system ( )

[IV].

5.5.3 Challenges during the experiments

A few challenges  were faced during the measurements  of  hydrogen solubility
in heavy oils. First, feeding the Oil1 sample into the apparatus was difficult due
to the high viscosity and low vapor pressure of the sample. Second, wax in Oil1
blocked the μ-mixer when the sample was pumped through the apparatus, as
shown in Figure 5.17. The mixer was removed from the line and replaced with
a T-piece. Appropriate mixing of hydrogen and oil was monitored with a cam-
era after installing the T-piece.
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Figure 5.17. Wax in Oil1 caused a blockage in the μ-mixer.

Third,  the  more  Oil2  was  added  to  the  fluid,  the  less  light  was  transmitted
through the fluid. On the other hand, increasing the temperature enhanced the
transmission of light through the fluid, as demonstrated in Figure 5.18. An
increase in the temperature decreased the density of the system and more light
was  transmitted  through  the  fluid.  For  the  system  of  0.50  mass  fraction  of
Oil2,  the  experiments  were  only  possible  at  temperatures  higher  than  497  K
with  the  current  illumination  arrangement.  Any  other  light  sources  were  not
considered during this study due to the limitations of the current light source
was accepted.

Figure 5.18. Still frames of the H2+Oil2+toluene system (mass fraction of Oil2: 0.50) at tem-

peratures of 596 K and 478 K.

Wax in Oil1

596 K 498 K

μ-Mixer
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6. Conclusion

The objective of this thesis was to investigate the phase equilibria of heavy oils
in hydroprocesses, especially hydrogen solubility in heavy oil. First, novel
equipment was developed together with procedures for the measurements.
Second, new experimental data on hydrogen solubility in heavy oil systems
was obtained at elevated temperatures and pressures. Third, a universal heavy
oil characterization method was introduced for PC-SAFT and then the hydro-
gen solubility in heavy oil systems was predicted with PC-SAFT. The goal of
this research was achieved successfully.

The purpose was to measure the hydrogen solubility in heavy oils as near as
possible to process conditions, at high pressures and temperatures (up to 713
K and 20 MPa). The continuous flow apparatus was first developed for bubble-
point pressure experiments and later modified for hydrogen solubility meas-
urements. The apparatus and measurement methods were validated by meas-
uring vapor pressures for ethanol, diphenylmethane, n-heptane, toluene and
water, vapor-liquid equilibrium for the ethanol+water system and gas-liquid
equilibrium for the H2+toluene and H2+n-hexadecane systems and comparing
the results to the literature values. The results proved that vapor pressures,
bubble point pressures, and hydrogen solubility could be measured accurately
with the continuous flow apparatus and the measurement method.

Hydrogen solubility was measured in hydrocracked vacuum gas oil and in
modified vacuum residue+toluene systems with the modified continuous flow
apparatus  at  high  temperatures  (498-596  K)  and  pressures  (2-11  MPa).  The
experiments demonstrated that increasing the temperature and the partial
pressure of hydrogen increased the hydrogen solubility in heavy oil systems.
Moreover, the addition of toluene to the modified vacuum residue was found
to have a great impact on hydrogen solubility.

In the modeling part of this thesis, the aim was to predict hydrogen solubility
in heavy oil systems with PC-SAFT. The main reasons for applying PC-SAFT
were  that  it  had  shown  good  capability  for  modeling  the  phase  behavior  of
heavy oil systems in previous studies found from the literature. In addition,
this  equation  of  state  has  been  found  to  predict  hydrogen  solubility  in  pure
hydrocarbons  accurately  in  the  study  by  Ghosh  et  al.  (2003)  and  in  this  re-
search.  However,  no  universal  heavy  oil  characterization  method  existed  for
PC-SAFT. Thus, a method was developed to remedy this lack in this thesis. In
this characterization method, the binary interaction parameters of diphenyl-
methane+toluene and diphenylmethane+n-heptane pairs were utilized. These
binary interaction parameters were regressed against the vapor-liquid equilib-
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ria data measured in this work. The novel characterization method was vali-
dated by predicting the densities for selected heavy oils and gas+heavy oil sys-
tems and saturation pressures for the gas+heavy oil systems with excellent
accuracy.

Hydrogen solubility was predicted in the heavy oil systems measured in this
study and four  heavy oils  found from the literature  with PC-SAFT,  combined
with the novel heavy oil characterization method. For comparison, hydrogen
solubility predictions were also conducted by Peng-Robinson, Shaw’s correla-
tion (Shaw 1987) and the Riazi and Roomi method (Riazi & Roomi 2007). The
examination demonstrated that PC-SAFT and Shaw’s correlation predicted the
hydrogen solubility in heavy oil systems with good accuracy and were the most
precise of the models studied. However, a great benefit of using PC-SAFT in-
stead of the correlation is that PC-SAFT can be applied for multicomponent
systems easily and with PC-SAFT, other properties of the system can be calcu-
lated simultaneously. The study also showed that Peng-Robinson significantly
overestimated the hydrogen solubility and the Riazi and Roomi method could
only  model  the  systems  after  parameter  regression.  In  addition,  since  PC-
SAFT has not been applied for describing the phase behavior of H2+heavy oil
systems earlier, one interesting finding of this study was that PC-SAFT could
predict hydrogen solubility accurately with the proposed characterization
method,  even  without  the  binary  interaction  parameters  of  H2+pseudo-
component pairs.

Considering future experimental research, the hydrogen solubility in vacuum
residue without solvent could be measured with a different type of apparatus,
such as a variable volume cell (static-synthetic method) but the decomposition
of heavy oil at high temperatures may cause problems. With the current exper-
imental  set-up,  the  experiments  could  be  conducted  at  higher  temperatures
and pressures by replacing the valves currently used with valves rated for
higher pressures. In addition, if phase behavior of darker heavy oil systems is
wanted to study, the current light source could be replaced with cross-
polarized light for example.

A possible development suggestion for the heavy oil characterization method
would  be  to  take  heteroatoms  into  consideration  in  the  procedure.  In  heavy
oils,  there  is  a  substantial  amount  of  heteroatoms  (such  as  sulfur,  nitrogen,
nickel and vanadium), and they certainly affect the properties of oil.  Another
improvement  would  be  to  split  the  asphaltene  fraction  into  several  pseudo-
components.
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Errata

Publication  [I],  Figure  4,  unit  for  pressure  in  heading  of  y-axis  in  should  be
"Pa".

Publication [III], following should be added in Figure 4 caption: Laugier et al.
[6] 568.15 K (×).

Publication  [IV],  page  399,  3rd paragraph, Sentence: "Increasing the partial
pressure of hydrogen improved the hydrogen solubility linearly in all systems
and the greater  the temperature was the better  the hydrogen solubility  was."
should be replaced with "Increasing the partial pressure of hydrogen improved
the hydrogen solubility linearly in all systems. In addition, increasing the tem-
perature enhanced the hydrogen solubility at pressure of 10 MPa."
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