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Abstract

A part of the biomethanol purification process of ANDRITZ was simulated on
CHEMCAD and Aspen Plus. The goal of the thesis was to investigate how to improve
the accuracy of the process simulation by choosing the correct thermodynamic models
and by updating the binary interaction parameters (BIPs) of component pairs. The
simulations were first run with BIPs found from the databases of CHEMCAD and
Aspen. Some of the missing parameters were then updated with values obtained from
literature, data regression and UNIFAC estimations and their effects were studied.
The BIPs for the component pairs water/methanol-DMS/DMDS/terpenes had the
biggest impact on the results due to the formation of minimum boiling heterogeneous
azeotropes which increased the volatility of the compounds. Finally, sensitivity
analyses were conducted to study the effects of varying process conditions. Increasing
the temperature of the sulphur column condenser could increase the separation of
DMDS at the cost of lower methanol yield. Turpentine separation in decantation
increased with increasing turpentine concentration in the feed. Methanol yield could
be maximised by increasing the steam flow into the methanol column.
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Tiivistelma

Osa ANDRITZin biometanolin puhdistusprosessista simuloitiin CHEMCAD- ja As-
pen Plus -ohjelmilla. Diplomityon tavoitteena oli tutkia, miten prosessisimulaation
tarkkuutta voisi kehittdd valitsemalla oikeat termodynaamiset mallit ja paivittimal-
14 komponenttiparien bindédrivuorovaikutusparametreja. Simuloinnit ajettiin ensin
kidyttden binddrivuorovaikutusparametreja, jotka loytyivit CHEMCADin ja Aspenin
tietokannoista. Osa puuttuvista parametreista paivitettiin kirjallisuuden, regressoinnin
ja UNIFACin avulla, ja péivitettyjen parametrien vaikutuksia tutkittiin. Suurin vaikutus
lopputuloksiin oli vesi/metanoli-DMS/DMDS/téarpitti-parien vuorovaikutusparamet-
reilla, joka johtui heterogeenisten matalan kiechumispisteen omaavien atseotrooppien
muodostumisesta, miki kasvatti kyseisten komponenttien haihtuvuutta. Lopuksi muut-
tuvien prosessiolosuhteiden vaikutuksia tutkittiin herkkyysanalyyseilla. Rikkikolonnin
lauhduttimen ldmpotilan nostaminen lisdisi DMDS:n erottumista, mutta laskisi meta-
nolin saantoa. Tarpitin erottuvuus lisdédntyi dekantoinnissa tarpatin konsentraation
kasvaessa syottovirrassa. Metanolin saanto voitaisiin maksimoida kasvattamalla hoy-
ryn virtausta metanolikolonniin.

Avainsanat biometanoli, puhdistus, tislaus, simulointi, faasitasapaino
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Symbols and abbreviations

Symbols
E/  Murphree stage efficiency
GEZ Gibbs energy

vapour-liquid distribution ratio

pressure of the system

saturation pressure of component i

area parameter of component i in the UNIQUAC model
volume parameter of component i in the UNIQUAC model
temperature

liquid mole fraction of component i

vapour mole fraction of component i

non-randomness parameter in the NRTL model

activity coefficient of component i

Abbreviations

BIP binary interaction parameter

CC CHEMCAD

COSMO-RS conductor-like model for real solvents
DMDS dimethyl disulphide

DMS dimethyl sulphide

e-NRTL electrolyte NRTL

EOS equation of state

EtOH ethanol

HOC Hayden-O’Connell equation of state
LLE liquid-liquid equilibrium

MeOH methanol

ML machine learning

MM methyl mercaptan

NIST National Institute of Standards and Technology
NRTL non-random two-liquid model
RMSPE root mean square percentage error
RR reflux ratio

SOG stripper off gas

TRS total reduced sulphur

UNIFAC UNIQUAC functional-group activity coefficients model
UNIQUAC  universal quasichemical model

VLE
VLLE
WBL

vapour-liquid equilibrium
vapour-liquid-liquid equilibrium
weak black liquor



1 Introduction

Methanol is an important raw material in the chemical industry. It is primarily used
as a feedstock or solvent with common applications including the production of
formaldehyde, acetic acid and several other chemicals. It can be utilised as a fuel on
its own or mixed with traditional gasoline. [1] In addition, methanol can be used in
the transesterification process to produce biodiesel from fatty acids [2].

Green methanol from renewable processes can be split into biomethanol, which
is produced from biomass, and e-methanol which is produced from carbon dioxide
and green hydrogen. Around 100 Mt of methanol is produced yearly, and the global
consumption of methanol is expected to rise to 120 Mt/year by 2025 and to 500 Mt/year
by 2050. In 2021, only 0.2 Mt of the product was green methanol, with the main source
being biomass gasification. However, the shares of e-methanol and biomethanol in the
total production are expected to rise up to around 50 and 27 % respectively by 2050
due to the transition away from fossil fuels. For example, the RED II directive in the
European Union states that 14 % of the energy used in transport should come from
renewable sources by 2030. [3] Therefore, the interest in green methanol has grown,
and new production processes are developed to exploit its potential.

This work focuses on the simulation of a purification process patented by ANDRITZ
that produces biomethanol from foul condensate formed in kraft pulping. The goal
was to model the process as accurately as possible. An accurate simulation model is
an important tool in process design. It ensures that equipment can be sized correctly,
and it helps to study the profitability of the process accurately. Improved estimation
accuracy also decreases project risks and design margins.

The literature review looks into methanol formation in pulping and different
biomethanol purification processes at pulp mills. Additionally, the modelling and
simulation of distillation and extraction in CHEMCAD and Aspen Plus are discussed.
The simulation results from the two programs are compared in the applied part, and
the effects of regressed binary interaction parameters (BIPs) are covered. Finally,
sensitivity analyses are conducted to analyze the effects of varying different process
conditions to find operating regions for the process.



2 Literature review

This section gives an overview of the available literature on methanol formation
in pulping and its purification. Different purification processes are compared and
the modelling and simulation of distillation and extraction systems are discussed.
Additionally, a summary of experimental equilibrium data regarding the components
in crude methanol is presented.

2.1 Process description

The kraft process, invented in 1879, is the most prevailing pulping method [4]. The
formation of methanol and its purification at kraft pulp mills are discussed in this
section. An overview of the kraft process is presented in Figure 1.

cooking and

. ; .5 | > screening. L >
Wood woodhandling 5 washing bleaching,dr'_:'ing | Pulp
wood ©black | . Fiber line
residues liquor |
y T " ) re;:overy E wh it{le liquor
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v Recovery line
l?ltﬁ)ainme » heat and power

Figure 1: Simplified process diagram of kraft pulping [5].

2.1.1 Formation of methanol and impurities in pulping

Foul condensates are produced in digesters and evaporators in the kraft pulping process
[6]. The purpose of digesters is to to separate cellulose from lignin by washing the
wood chips with white liquor which consists mainly of sodium hydroxide and sodium
sulphide. The solution is then washed, and the separated liquid, called black liquor, is
sent to the evaporators. The washed pulp continues on the fiber line to be screened,
bleached and dried. [5]

The condensates contain pollutants, such as methanol, turpentine and total reduced
sulphur compounds (TRS). [6] TRS are one of the main atmospheric emissions at
kraft mills and they are known for causing odour problems even at low concentrations.
They include hydrogen sulphide (H,S), dimethyl sulphide (DMS), dimethyl disulphide
(DMDS) and methyl mercaptan (MM), also known as methanethiol. [7]

Methanol is mainly produced in digesters. The formation of methanol is dependent
on temperature, alkalinity, type of wood and pulping time. Alkali-catalyzed elimi-
nation of methanol from 4-O-methylglucuronic acid residues in hemicellulose and
demethylation (removal of methyl group(s)) of lignin are assumed to be the primary
mechanisms for methanol formation. [8] According to the experiments conducted by
Zhu et al. [8] on pine (softwood), about 40 % of methanol forms from hemicellulose
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and around 35 % from demethylation. The remaining methanol is the naturally present
methanol in wood which releases instantly at the beginning of the pulp process. They
also mentioned that demethylation of lignin did not contribute to the formation of
methanol below the pulping temperature of 160 °C.

Around 43 % more methanol was produced in hardwood cooking (12.1 kg/oven dry
tonne (ODT) pulp) compared to softwood cooking (8.5 kg/ODT pulp) when producing
bleachable grade pulp. Additionally, soda pulping produced more methanol than kraft
pulping due to the lower delignification rate and the higher amount of active alkali. [8]

The term turpentine is generally used for the volatile fraction separated from pine
resin [9]. Crude sulphate turpentine is one of the main impurities in the kraft process.
The amount of produced turpentine depends highly on the wood species with the
average yield being 5 to 10 kg/t of pulp for pine species and slightly lower for spruces.
It can be recovered from the digester relief condensates. [10]

The methoxyl groups of dissolved lignin and the hydrosulphide ions in the cooking
liquor react to produce TRS with MM being the main compound formed during the
cooking process. lonized MM then reacts with the methoxyl groups to form DMS.
While DMDS does not form directly during cooking, it can be produced when the
black liquor gets in contact with air, and MM oxidizes. H,S forms in stock washing and
black liquor evaporation and storage. It is also produced in lime kilns when residual
sodium sulphide decomposes. Additionally, H,S is formed in the lower part of the
recovery boiler but most of it normally oxidizes to sulphur dioxide in the upper part.
[11]

2.1.2 Methanol segregation and liquefaction

After releasing from the wood during cooking in the digester, methanol transfers to
the weak black liquor (WBL) and to the flash vapour from the blow tank. The vapour
is then condensed into foul (digester) condensate. Methanol in the WBL evaporates in
the evaporators and condenses into evaporator condensate. [12]

Steam stripping is used for the removal of volatile compounds from foul condensate.
A steam stripper for removing methanol and other volatiles is shown in Figure 2. Since
methanol increases the biochemical oxygen demand for waste water treatment, steam
stripping has become an important part of pulp mills from an environmental point of
view. [6] Furthermore, the removed pollutants can be burned and used as substitutes
for fossil fuels in the mills [13].

The stripper off gas (SOG) is commonly liquified with a partial condenser. The
liquified methanol can be used as a replacement for natural gas or oil in plant start-ups,
for example. SOG can also be incinerated as a gas in the lime kiln or the recovery
boiler. [12] An example of a liquid methanol system is presented in Figure 3. The
obtained crude methanol contains typically at least 65 wt-% and up to 80 wt-%
methanol [12, 14]. The incineration of crude methanol causes nitrogen and sulphur
oxide emissions due to its ammonia and TRS content. Additionally, the handling of
crude methanol is difficult because of its unpleasant odour. To supply the increasing
demand of green methanol, processes have been developed to further purify crude
methanol to commercial grade methanol [12], which is discussed in the following
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Figure 2: Steam stripper used for separation of volatiles from foul condensate [13].
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Figure 3: Typical system for methanol liquefaction [12].

2.1.3 Impurities in crude methanol

More than 150 compounds have been identified from crude methanol obtained from
foul condensate stripping [15]. The main impurities are grouped in Table 1 with
example compounds.
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Table 1: The main components in crude methanol [15-17].

Component group Example compounds Characteristics
Alcohols MeOH, EtOH * hydroxyl group
* polar
Ketones Acetone e carbonyl group
* polar
Terpenes a-pinene, B-pinene, a- | * structure: (CsHg),, n > 2
terpineol * highly non-polar and insoluble
in water

* a@-pinene hydrates to a-terpineol
in the presence of H,SOy4

Sulphurous compounds | 4-mercapto-4- * odorous, flammable and toxic
methyl-2-pentanone, * H,S and MM ionize in aqueous
(methylthio)alkanethiols, solutions
long-chain sulphides, TRS

Nitrogen compounds Ammonia, amines, pyrrole | * NH3 highly soluble in methanol

It was determined by Niemeld [15] that the primary nitrogen component, ammonia,
accounted for 85-95 % of the total nitrogen concentration (10-20 g/1). In addition to
the above components, one common impurity in kraft mill condensates is guaiacol. It
is a phenol which is found in concentration ranges between 20 and 80 mg/kg. [18]
Niemeld [15] also found that hardwood methanols only contained relatively small
amounts of terpenes. The oil fraction of eucalyptus, however, can contain up to 90 %
of cineole (eucalyptol), which is a monoterpene [19]. In softwoods, monoterpenes
make up most of the turpentine [20]. Common monoterpenes are classified in Table 2.

Table 2: Monoterpenes found in softwood species [20, 21].

Example Amount in monoterpene
Structure comp()lfnds fraction (m-%)p Average (m-e)
Acyclic Myrcene 0-22 4
Terpinenes 0-5 0.5
) Terpineols 0-67 (of total oil content) -
Monocyclic o ene 1-83 3
p-Cymene <1 0.1
Pinenes 12-96 60
Bicyclic 3-carene 0-64 10
Camphene 0-35 3

As can be seen from Table 2, the amount of each monoterpene varies largely
depending on the species. The composition also depends on the location of the species
and, thus, different populations of the same species can have varying compositions
[20]. An example of a crude methanol stream composition from softwood pulping is
shown in Table 3.
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Table 3: An example of the composition of a crude methanol stream from softwood
pulping.

Component Mass-%
Methanol 80
Water 10
TRS 2
Nitrogen compounds 1
Turpentine 5
Other (acetone, ethanol) 2

2.1.4 Crude methanol purification

As discussed previously, crude methanol obtained from foul condensates contains im-
purities that need to be removed in order to produce commercial-grade methanol. Some
specifications for purified methanol published by International Methanol Producers &
Consumers Association (IMPCA) are presented in Table 4.

Table 4: IMPCA specifications for commercial-grade methanol.

Specification Limit | Unit
Purity on dry basis | >99.85 | m-%
Acetone <30 | mg/kg
Ethanol <50 | mg/kg
Water <0.1 m-%
Sulphur <0.5 | mg/kg

In addition to the crude methanol purification process of ANDRITZ [14], similar
systems have been developed by other companies, including Valmet [22], A.H.
Lundberg Systems [23] and FPinnovations [24]. The flowsheets of the processes are
shown in Figures 4-7.
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Figure 4: Crude methanol purification process of ANDRITZ. Adapted from the
patent [14].

The process of ANDRITZ starts with adding acid, such as sulphuric acid, to convert
the ammonia in the crude methanol into ammonium sulphate. The acidification also
decreases the solubility of volatile TRS compounds, such as H,S and MM. Turpentine
is separated in a decanter. The solution is then distilled to remove the remaining volatile
sulphurous compounds and separate methanol from the acid and non-precipitated
ammonium salts. The distillation can be done in two separate columns or in a partition
column. Water can be added to the cleaned methanol to facilitate phase separation and
to increase the removal of heavier sulphur compounds and turpentine in the extraction
column. A non-polar solvent, such as a mineral or paraffinic oil, is used for extraction

15



and it is regenerated in a stripping column. Finally, the solution is distilled in three
steps to remove acetone, water, ethanol and other remaining impurities. [14]

SOG

Turpentine |
—>

Y

Crude methanol

-
L

) Acidification Decanter Stripper
Acid
E——
Steam N/
Oxidants
:‘\, «
@ Turpentine
A 4
Methanol
< S MeOH tank Distillation Decanter

Steam

\l/

H.O, oxidized
sulphur compounds

A

Figure 5: Crude methanol purification process of Valmet. Adapted from the patent
[22].

Similar to the process of ANDRITZ, the Valmet process begins with acidifying
the crude methanol. Another unit may also be added to add hydrocarbons, such as
turpentine, if the hydrocarbon content is too low for a satisfactory extraction. A
stripper is then used to remove pollutants. An oxidation agent can be added to the
methanol containing condensate to oxidize sulphurous compounds and make them less
volatile and, this, prevent them from transferring to the distillate. Finally, the distillate
is condensed, and the final product can be collected from the methanol tank. [22]
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Figure 6: Crude methanol purification process of A.H. Lundberg Systems. Adapted
from the patent [25].

The process designed by A.H. Lundberg starts with the decanting of turpentine
and consists of two distillation columns. Unlike in the previous processes, sulphuric
acid is added straight to the first column. The acid is fed to to mid-point of the column
to prevent ammonium sulphate from forming and to ensure that ammonia evaporates
at the top of the column before reacting with the acid. The pH is lowered to between
5 and 6 to release the dissociated H>S and MM and allow them to rise through the
column to the distillate. The methanol-rich bottom product goes to the surge tank from
which it is pumped to the rectification column. In this column, methanol is separated
from less volatile compounds, such as water and fusel oil (ethanol and ketones). The
final product is collected slightly below the top of the packing. [23, 25]
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Figure 7: Crude methanol purification process of FPinnovations. Adapted from the
patent [24].

The process of FPinnovations starts with stripping the acidified foul condensate.
The condensed SOG is decanted into turpentine and methanol rich streams. The
methanol rich stream is distilled twice to remove impurities. Oxidants or precipitation
agents can be added to the methanol stream from the first column to enhance the
removal of sulphur compounds. In contrast to the previous processes, the final
purification is done with reverse osmosis and activated carbon. [24]

2.2 Thermodynamic models for phase equilibrium modelling

In addition to mass and energy balances, thermodynamics are a crucial part of
modelling since information on vapour-liquid equilibrium (VLE) and liquid-liquid
equilibrium (LLE) is needed for modelling distillation and extraction systems. [26,
27] Therefore, it is important to choose a correct thermodynamic model to get the
most accurate simulation.

Several thermodynamic models have been developed for phase-equilibrium calcu-
lations in multicomponent systems. The activity coefficient models or excess Gibbs
energy (G¥) models of Wilson, non-random two-liquid (NRTL [28]) and universal
quasichemical (UNIQUAC [29]) are the most used due to their applicability to non-ideal
solutions [30]. They are suitable choices for systems containing polar components
at pressures below 10 atm and away from the critical region [27] which starts at the
critical point where phase boundaries vanish. Above the critical temperature, a gas
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cannot liquefy. Critical pressure is the pressure required to liquefy a gas at its critical
temperature. [31] Since, NRTL and UNIQUAC can be used to describe liquid-liquid
equilibrium (LLE), they are also suitable for extraction systems. In general, these
models can be expressed as a function of temperature (7°), composition (x) and set of
BIPs (p):

vi=f(T.x,p) (1)

where 7y; is the activity coefficient of species i. The drawback for these models is that
they require experimental equilibrium data for fitting the BIPs. [32]

GE models are used for the liquid phase interactions, and the vapour phase can be
assumed to be ideal, or an equation of state (EOS), such as Redlich-Kwong, may be
used. When the vapour phase is described by the ideal gas law, modified Raoult’s law
is used to calculate the vapour phase composition with Equation 2:

XiViPisar = yiP (2)

where P is the overall pressure of the system and P; y,; is the saturation pressure of the
component [33]. EOSs, on the other hand, calculate vapour pressures as a function of
temperature, molar volume (V,,,) and attraction (a) and volume (b) parameters:

Pvap = f(T’ Vi, a, b) (3)

EOSs can also be used for modelling both the liquid and vapour phase. They are
generally suitable for non-polar components in the critical region [27]. Therefore,
EOSs are commonly used for hydrocarbon mixtures in the petroleum industry, for
example [32].

The original NRTL model has three adjustable parameters per binary pair. The
third parameter, called the non-randomness parameter («;;), is recommended to be set
between 0.2 and 0.5 depending on the nature of the mixture. [28] Up to ten parameters
can be used on Aspen Plus and nine on CHEMCAD [34, 35]. The NRTL model
defined in CHEMCAD and Aspen is presented below in Equation 4. The equation is
used to calculate activity coefficients for species i in a mixture of n species.

n n

ijTjiGji i meijij
j=1 x;Gij m=1
In () = + ) K — @
Zkaki J=1 kakj Zkakj
k=1 k=1 k=1
where
Gij = exp (—aij7i;) ®)
B;;
Tij = Aij + ?1 + Cij In (T) + DijT (CHEMCAD) (6)
by
T = ayj + -+ ein (T) + f;T - (Aspen) 7
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Aspen has an additional adjustable parameter d;; in the equation for a;;:
a’lJ:CU+le(T—27315 K) (8)

BIPs A;; (aij), Bij (bij), Cij (e;;) and D;; (f;;) are unsymmetrical which means that
A;j can not be equal to A j; and so on. It is mentioned in the help section of CHEMCAD
that the equation may be used with three (B;;, B; and «;;), five (B;;, Bj;, A;j, A;; and
a’,'j), seven (B,'j, Bj,', A,’j, Aﬁ, C,‘j, Cji and a,-j) or nine (B,'j, Bj,', Aij, Aji, C,‘j, le',
D, Dj; and a;;) parameters.

UNIQUAC has two adjustable parameters for each component pair. In addition,
two pure component structural parameters, r and ¢, are required. [29] Aspen and
CHEMCAD again have the option to use more parameters as they allow up to nine
and eight parameters respectively [34, 35]. The UNIQUAC model is presented below
in Equation 9.

$i)  z 0; di N
In(y;) =In (x_) + S 4i In (a) +1; - " ijlj

i i i

j=1

e
—¢iln ZQjTji +4, —QiZ — L
=1 =1 Z(Gkai)
k=1
where
x.r.
¢i = —— (10)
Z’”j
J=1
6; = :iQi (11)
2.4
J=1
. Uit )
Tjj = exp A,J—T+C,JIH(T)+DUT (12)
z
li=§(ri—61i)—ri+1 (13)
z=10 (14)

In general, the optimization of the BIPs is more reliable with VLE data compared
to LLE data. Since G¥ models are highly non-linear, the algorithm used for the
optimization problem may produce multiple parameter sets with similar values for the
objective function. Additionally, LLE is more sensitive to the initial guesses used for
BIPs which can cause inconsistencies. [36]

Group contribution methods, such as UNIQUAC functional-group activity coef-
ficients (UNIFAC) [37], can also be used for distillation and extraction applications
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[38]. Unlike the aforementioned models, UNIFAC only requires experimental data
for the calculation of interaction parameters between functional groups, which can
then be used for different mixtures [37]. UNIFAC has some weaknesses which are
discussed in more detail in section 2.4.2.

Henry’s law can be used to describe solubility of gases in dilute solutions at low
pressures. It states that the amount of dissolved gas in a liquid is directly proportional
to its partial pressure above the liquid. [39] It can be chosen which components
follow Henry’s law on Aspen Plus and CHEMCAD [34, 35]. Henry’s law is used to
represent the behaviour of dissolved gases or other supercritical components in activity
coefficient models. [34] The most common thermodynamic models are collected in
Figure 8 which proposes a process for choosing the most suitable model.
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Figure 8: Model selection tree based on different properties of a mixture [27].

2.3 Steady-state simulation in CHEMCAD and Aspen Plus

Process simulation seeks to predict the real behaviour of a defined process under
specified operating conditions. Several commercial simulation programs have been
developed since the 1960s and they offer various modules for simulating unit operations.
[40] In line with the scope of this work, steady-state simulation of distillation and
liquid-liquid extraction with CHEMCAD and Aspen Plus are discussed in this section.

Most simulation programs, including CHEMCAD and Aspen Plus, have a built-in
library for the thermodynamic models discussed previously. The default NRTL and
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UNIQUAC models in Aspen use ideal gas law to model the vapour phase. The ideal
gas assumption is usually valid for lower pressures, and the CHEMCAD user guide
recommends using an EOS for the vapour phase when pressure exceeds 3 atm. [35]

Other available NRTL and UNIQUAC models in Aspen use Redlich-Kwong,
Hayden-O’Connell (HOC) or Nothnagel EOSs for the vapour phase. [34] As for
CHEMCAD, HOC or Marek and Standart can be chosen for the vapour phase.
HOC is especially useful for mixtures containing carboxylic acids since it takes their
dimerization into account [41].

After the model has been chosen, the programs look for BIPs from different
databases. The BIPs can be regressed using experimental data if more accurate values
are required or no BIPs are found from the databases. [27, 35] On Aspen Plus, the user
can access the National Institute of Standards and Technology (NIST) ThermoData
Engine to look up VLE or LLE data which can then be imported to the simulation file.
Consistency tests can also be conducted to find out the data quality. [27]

2.3.1 Simulation of distillation

Aspen and CHEMCAD offer different types of blocks for distillation with varying
levels of complexity. The models can be divided into shortcut and rigorous models as
shown in Table 5.

Table 5: Distillation models in Aspen Plus and CHEMCAD [42, 43].

Aspen Plus CHEMCAD
Shortcut | DSTWU, Distl, SCFrac SHOR
Rigorous RadFrac, MultiFrac TOWR, TOWER PLUS, SCDS

Shortcut models are not accurate when there is significant non-ideality in the liquid
phase. However, they can be used as a initial design for rigorous models since rigorous
models may fail to converge with bad initial estimates. Rigorous models calculate
mass and energy balances for each stage in the column. These models can be divided
into equilibrium-stage and rate-based models. In equilibrium-stage models, VLE
calculations are affected by stage efficiencies which can be set by the user. [42] For
example, Aspen Plus and CHEMCAD use the Murphree stage efficiency equation [34]
which describes how close the vapour and liquid phases are to equilibrium on a stage:

Yi,j = Yi,j+1
Ki jxij = Yij+1

EM = (15)
where K is the vapour-liquid distribution ratio and, thus, K; ;x; ; is the vapour mole
fraction at equilibrium. Subscripts i and j refer to the component and stage indices
respectively.

In rate-based models, the models solve mass and heat transfer equations. Even
though rate-based models are more realistic, they are less used due to the difficulty of
predicting interfacial area and mass transfer coefficients. [42] The rigorous models
of Aspen Plus and CHEMCAD can also perform vapour-liquid-liquid equilibrium
(VLLE) calculations with two liquid phases [34, 43].
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A major part of simulation studies on methanol distillation focus on the purification
of crude methanol obtained from synthesis gas. PRO/II and Aspen Plus are widely
utilised for simulation with NRTL and Wilson being the most used thermodynamic
models. [44]

2.3.2 Simulation of extraction

CHEMCAD and Aspen Plus have a multistage extraction block for rigorous simulation
of extraction systems [34, 43]. They allow the user to specify the temperature and
pressure profiles of the column. Additionally, stage efficiencies can be specified. In
Aspen, the key components for the first and second liquid phases have to be specified to
help the algorithm solve the composition profiles in the extraction column [34]. Both
programs can also produce ternary diagrams which are helpful in finding operating
regions for extraction processes. [34, 43]

2.4 Equilibrium data for crude methanol
2.4.1 Vapour-liquid and liquid-liquid equilibrium

Kuosa et al. [45] modelled VLE of kraft pulp mill condensates using UNIQUAC. The
components chosen for the model were water, methanol, H,S, MM, DMS, DMDS,
oxygen and nitrogen. Terpenes were represented by a-pinene. It was also mentioned
in their paper that other suitable compounds to be included could be carbon dioxide,
acetone, methyl ethyl ketone, a-terpineol and guaiacol. [45] Methyl ethyl ketone was
not found in crude methanol in the study of Niemeli [15] or mentioned by Olsson and
Zacchi [18], so it was excluded from this work. Even though pinenes are the most
common monoterpenes, as discussed in section 2.1.3, it could be beneficial to also
include other common terpenes, such as limonene and 3-carene, in simulations to get
the most accurate results.

The work by Olsson and Zacchi [18] gives an overview on the available VLE
data on kraft mill condensates in addition to their own measurements. They also
present BIPs for Wilson and NRTL models obtained from Aspen Plus data regression
tool. VLE and LLE data found for different binary pairs from their article and other
literature is presented in Table 6. When multiple VLE measurements were found for
a pair, both isobaric and isothermal datasets were chosen. Additionally, consistency
tests were run on Aspen Plus if VLE data was available on the NIST database to
find the most reliable data. Furthermore, it should be noted that most data points for
H;S—water/DMS/MM, MM-water and DMS—water systems were measured in higher
pressures than atmospheric pressure and they might not be useful for BIP regression
for the process discussed in this work.
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Table 6: Binary VLE and LLE (*) data found from the literature.

H,S MM | DMS DMDS MeOH EtOH | Acetone Water a-pin. | a-terp.
Guaiacol [46] [47] [46] | [18], [47]*
a-terpineol (18] [48] [18]
a-pinene [18], [49]* | [50] [18], [49]*
Water [51], [52]* | [53-55] | [56] | [18],[57]1* | [58,59] | [60,61] | [62,63]
Acetone [64, 65] [66, 67]
EtOH [68] [69, 70] [71,72]
MeOH [73] [74,75] | [76] [69, 70]
DMDS [77]
DMS [78]
MM [79]

As can be seen from Table 6, phase equilibrium data on systems containing guaiacol,
a-terpineol or a-pinene is scarce in the literature. Only a couple of VLE experiments
have been done for terpenes in general in addition to a-pinene. In the review article
of Puentes et al. [80], BIPs for the NRTL model were regressed for linalool and
linalool oxide in ethanol and water. Binary LLE data was found for methanol +
limonene/S-pinene systems [81, 82]. Additionally, some studies have been conducted
regarding LLE of ternary systems containing terpenes. LLE data was found for the
following ternary systems:

* water + methanol + a-pinene/SB-pinene/limonene [49]
* methanol + ethanol + a-pinene [82]
* water + acetone + a-pinene/S-pinene/limonene [83]

When liquid phase splitting occurs, it is recommended to also include VLLE data
in the parameter optimization if possible [84]. However, VLLE data was only found
for HpS + water systems [85, 86]. As mentioned by Marcilla et al. [87], most used
G models, such as NRTL and UNIQUAC, often fail to describe VLE and VLLE of
binary systems with liquid-liquid splitting with adequate accuracy. Therefore, it is
common to use different sets of BIPs for VL, LL and VLL regions [88]. To address
the problem, Marcilla et al. [88] proposed a modified NRTL model which improved
results for ternary systems with these regions by introducing an additional term for the
Gibbs energy term.

2.4.2 Prediction of lacking experimental data

As mentioned in the previous section, experimental data is lacking for multiple
component pairs in crude methanol. Therefore, it might be useful to use models
that predict equilibria without the need for experiments. These kind of models are
discussed next. It should be noted, however, that BIPs for components with very
low concentrations (in the ppm range) can be left out since they have no effect on
the results. BIPs with water should be determined for every compound since large
non-idealities occur with water and organic compounds. [89]

UNIFAC, published in 1975, predicts the VLE behaviour of a system by calculating
activity coefficients from group interaction parameters between functional groups
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[37]. The published parameters can be obtained from the Dortmund Data Bank. Aspen
Plus and CHEMCAD also have a feature that uses UNIFAC to estimate missing BIPs
in GE models [34, 35].

UNIFAC has certain flaws, such as inaccurate results for excess enthalpies and
activity coefficients at infinite dilution. Thus, the modified UNIFAC (Dortmund)
method, which uses temperature dependent group interaction parameters, was released
in 1987. More main groups were defined and an empirically adjusted combinatorial
part was included to enhance the results for asymmetric systems. [90] The improvement
can be seen in Figure 9 where the UNIFAC models are compared to UNIQUAC. The
modified model still has some weaknesses, such as unreliable results when molecules
have a lot of functional groups. Moreover, systems that deviate little from Raoult’s law
cause challenges in the estimation when vapour pressure differences are small. [89]
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Figure 9: Deviations in vapour mole fraction (y), temperature (7)) and pressure (P)
between different models compared to experimental data. Adapted from [91].

A method called conductor-like model for real solvents (COSMO-RS), which
predicts fluid phase thermodynamics of mixtures, was released in 1995 [92]. Unlike
group contribution methods, such as UNIFAC, it does not describe interaction between
molecular surfaces with group parameters but with local surface descriptors. The
conductor screening charge density, which describes the molecular surface polarity, is
the most important descriptor. It can be calculated for each molecule separately with
quantum chemical programs like COSMO. [93] The free energy of a compound in the
ideal gas can be estimated using COSMO-RS but Klamt et al. [94] recommend to use
experimental vapour pressures for pure compounds in VLE calculations.

In recent years, the use of artificial intelligence has been researched as a tool for
predicting VLE to avoid the time-consuming VLE experiments. Felton et al. [95]
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developed a deep learning model for predicting activity coefficients from molecular
structures using directed message passing neural networks. Their model was consider-
ably faster than COSMO-RS. Sun et al. [96] predicted VLE behaviour with machine
learning (ML) by training their model with available VLE data using artificial neural
network and random forest approaches. Their vision for the future would be that the
user could input the boiling points and critical temperatures of compounds to calculate
VLE properties for binary mixtures. Winter et al. [97] developed a model called
SPT-NRTL which uses ML to predict NRTL parameters and uses them to calculate
activity coefficients.

2.5 Electrolyte models

Ammonium sulphate in the acidified crude methanol dissolves in water:
(NH,4)>804 (aq) == 2NH (aq) + SO} (aq)

Ammonium sulphate is a strong electrolyte since it dissociates completely in aqueous
solutions. [98] Therefore, it is relevant to discuss thermodynamic models that can be
used for electrolytes. In addition, hydrogen sulphide and methyl mercaptan dissolve
and ionize in water solutions [45]:

H>S (g) == H* (aq) + HS™ (aq) == 2H" (aq) + S*~ (aq)

CH3SH (g) == CH3S™ (aq) + H* (aq)

However, these electrolytes are weaker compared to ammonium sulphate due to their
lower dissociation in water [45]. It can be seen from the reaction equations that
lowering the pH and, thus, increasing the concentration of hydrogen ions lowers
the ionization of hydrogen sulphide and methyl mercaptan in accordance with Le
Chatelier’s principle.

Electrolyte models are constructed as a sum of long range and short range
interactions:

In(y;) = In(y; ) +In(yi5) (16)

The short range interactions can be modelled with e-NRTL, e-UNIQUAC, e-UNIFAC
and Pitzer models. All of the mentioned models use the Debye-Hiickel theory for the
long range Coulomb interactions. [99] CHEMCAD and Aspen have e-NRTL and
Pitzer models in their model libraries.

The electrolyte NRTL is the default model for electrolyte solutions in Aspen Plus
since it is the most versatile of the built-in models. It is combined with Redlich-Kwong
EOS to calculate vapour phase fugasities in VLE systems. [27] e-NRTL is also
available in CHEMCAD [35]. The advantage of e-NRTL is that it simplifies to the
traditional NRTL model when no electrolytes are present. Therefore, the same BIPs
for molecule-molecule interactions can be used for both models. When electrolytes
are present, interaction parameters for molecule-electrolyte and electrolyte-electrolyte
pairs are required. [100]
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The Pitzer model has three adjustable BIPs. Ternary parameters are also included
in the complete model but they are often neglected in practice. [100] e-NRTL would
seem to be the more convenient choice compared to Pitzer since the interactions
between molecules can be modelled with the same BIPs that are used in the original
NRTL model. Especially in the case of systems with many components, such as crude
methanol, a lot of work would be required to obtain the BIPs for the Pitzer model from
experimental data. It is mentioned by Gmehling et al. [100], however, that e-NRTL
produces significant errors for systems with two or more electrolytes or a solvent
mixture, and the results in these cases should be used as a qualitative estimation.
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3 Simulation of the methanol purification process

The simulation of the purification process of ANDRITZ is discussed in this section.
As mentioned in the patent, the first distillation step in Figure 4 can be split into two
separate columns [14]. These columns are referred to as the sulphur and methanol
columns in the following sections. The part of the process that was simulated with
CHEMCAD NXT 1.1.1 and Aspen Plus V12.1 is presented in Figure 10.
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Figure 10: Flowsheet of the simulated process.

3.1 Selection of required compounds in methanol purification

The components selected for the simulation part were water, methanol, ethanol,
acetone, ammonia, MM, DMS, DMDS, H,S, a- and -pinene, 3-carene, limonene,
a-terpineol and guaiacol. 3-Carene was not found from the CHEMCAD database,
so it was created manually by defining its UNIFAC groups and using UNIFAC to
estimate its physical properties. Table 7 shows which BIPs were found for NRTL and
UNIQUAC from the CHEMCAD and APV 121 VLE-IG databanks. The BIPs found
only from Aspen were copied to CHEMCAD. If no BIPs were found for a pair, the
pair was assumed to be ideal and the BIPs were 0.
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Table 7: BIPs for NRTL and UNIQUAC found from Aspen Plus (A) and CHEMCAD

(CC) databanks.
H,O | MeOH | EtOH | Ace. | NH; | MM | DMS | DMDS | H,S | @-pin. | B-pin. | 3-car. | Lim. | a-terp.
Gua. A A
a-terp.
Lim. A
3-car.
B-pin. A
a-pin.
H»S
DMDS
DMS A+CC A+CC
MM A+CC A
NH;3; A
Ace. A+CC | A+CC | A+CC
EtOH | A+CC | A+CC
MeOH | A+CC

3.2 Prediction of lacking equilibrium data

The standard version of UNIFAC was chosen to model the decanters since it yielded
rather accurate results for terpene—water—methanol systems. A ternary LLE diagram
for the system a-pinene—water—methanol is shown in Figure 11.
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Figure 11: Ternary LLE diagram of the system a-pinene—water—methanol calculated
with UNIFAC compared to experimental data by Tamura and Li [49] at 25 °C.

The UNIFAC groups of 3-carene were not found from Aspen or CHEMCAD
databases so the groups were set manually on both programs. The molecular structure
of 3-carene and its UNIFAC groups are shown in Figure 12 and Table 8 respectively.

H,C
CH;

CH;

Figure 12: Molecular structure of 3-carene.
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Table 8: UNIFAC groups chosen to represent 3-carene.

Group number in Aspen Description No. of occurrences
1000 >C< 1
1005 >CH- 3
1010 >CH, 2
1015 -CH3 2
1160 Aromatic C-CHj 1

3.3 Setting up the simulations

NRTL was chosen as the thermodynamic model due to its suitability for the highly
polar solution of the process. CHEMCAD and Aspen used the default BIPs found
from their respective databases. The simulation flowsheets are shown in Appendix A.
The inlet stream composition of crude methanol shown in Table 9 was based on data
from kraft pulp mills and laboratory analyses.

Table 9: Composition of the crude methanol stream.

Component | Flow (g/s) | Mass-%
Water 57.1 5.7
Methanol 754.0 75.4
Ethanol 36.0 3.6
Acetone 4.9 0.5
Ammonia 36.5 3.7
MM 30.0 3.0
DMS 16.4 1.6
DMDS 0.9 0.1
a-pinene 30.5 3.1
[B-pinene 9.3 0.9
3-carene 21.9 2.2
Limonene 2.4 0.2
Total 1000 100

3.3.1 Acid mixing tank

The acid mixing tank was modelled with stoichiometric reactor blocks REAC and
RStoic on CHEMCAD and Aspen Plus respectively. The reactor was set as isothermal
and the temperature (55 °C) was obtained from plant data. The following reaction was
defined in the reactor by setting the stoichiometric coefficients of the reactants:

2 NH; (aq) + H,SO4 (aq) — 2NH; (aq) + SO;™ (aq)

The acid flow rate was controlled with a feed-forward controller to feed a sto-
ichiometric amount of acid to react with the ammonia in the crude methanol. A
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feed-backward controller was used to control the flow of dilution water into the mixing
tank to prevent the ammonium sulphate from precipitating. The specification was that
the mass fractions of NH;* and SO4%~ summed to 0.06. CONT blocks were used
on CHEMCAD to define the controllers. On Aspen, a calculator block was used as
the feed-forward controller, and a design specification was defined to correspond to a
feed-backward controller.

3.3.2 Decanters

Flash blocks FLAS (CHEMCAD) and Flash3 (Aspen) were used to model the two
decanters. As discussed previously, UNIFAC was used as the thermodynamic model.

3.3.3 Columns

SCDS and RadFrac blocks were used on CHEMCAD and Aspen respectively to model
the columns. The column specifications are presented in Table 10. The temperature of
the sulphur column condenser was specified with a design specification that varied
the reflux ratio to achieve a temperature of 45 °C in the condenser. No reboiler was
defined for the methanol column, and a flash block was used to represent a condenser.
The liquid feed and the steam flow into the methanol column were set onto the top and
bottom stages respectively.

Table 10: Specifications of the columns.

Sulphur column | Methanol column
Column type Trayed Trayed
Top pressure (kPa) 97.3 93.3
Condenser temperature (°C) 45 63.5
Condenser pressure drop (kPa) 2 2
Column pressure drop (kPa) 15 15
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4 Simulation results

4.1 Comparison of CHEMCAD and Aspen Plus simulations

The simulations were first run with the default BIPs found from the databases without
any regressed parameters. The results of each unit operation are compared in the
following.

4.1.1 Acid mixing tank

The ammonia converted into ammonium sulphate in the mixing tank with a trace
amount of ammonia left in the outlet stream. The flow rate of the dilution water
controlled with the feed-backward controller was 1.25 kg/s in both simulations.

4.1.2 The first decanter

The Aspen Plus simulation could not converge when NH4* and S04~ ions were
present in the first decanter due to the missing UNIFAC groups of the ions. Since the
1ons could not be expressed with UNIFAC, it was assumed that the ions would go to
the methanol-rich phase. This was done with a separator block placed upstream of the
decanter which separated the ions from the decanter feed and fed them to the sulphur
column with the methanol-rich stream.

The CHEMCAD simulation did not run into any problems and it was able to
handle the ions in the decanter without any UNIFAC parameters. In the CHEMCAD
simulation, 99.5 m-% of the ions went to the methanol-rich phase, so the assumption
made in the Aspen simulation caused only a small difference in the results of the first
decanter. Phase separation was predicted very similarly in both programs as shown in
Table 11. The separation efficiency was calculated as follows:

M turpentine

- 100 % 17)

mi, feed

where m; urpentine and m; r..q were the mass flows of component i in the turpentine-
rich phase and the feed stream into the decanter respectively. In total, turpentine made
up 96.0 and 96.9 m-% of the total turpentine-rich phase in CHEMCAD and Aspen
respectively.

Table 11: Turpentine separation into the turpentine-rich phase in the first decanter.

Separation (m-%0)
Component | Feed flow (g/s) CC Aspen
a-pinene 30.5 93.6 94 .4
B-pinene 9.3 93.5 94.3
3-carene 21.9 97.2 96.0
Limonene 2.4 92.6 93.6
Total 18.8 94.8 94.9
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4.1.3 Sulphur column

The mass balances of the sulphur column are presented in Table 12. The separation
efficiencies of TRS compounds into the distillate were 81.9 and 81.5 m-% from the
column feed for the CHEMCAD and Aspen simulations respectively.

Table 12: Mass balances of the sulphur column on CHEMCAD (CC) and Aspen.

Inlet (g/s) Bottoms (g/s) Distillate (g/s)
Component CC g/Aspen CC Ags/pen CC Ags/pen
Water 1311.5 1311.6 1311.3 1311.4 0.18 0.15
Methanol 753.5 753.5 736.2 736.6 17.2 16.9
Ethanol 36.0 36.0 35.9 35.8 0.09 0.15
Acetone 4.87 4.87 1.04 0.71 3.83 4.15
Ammonia 0.005 0.006 0 0 0.005 0.006
NH4* 38.5 38.7 38.5 38.7 0 0
S04%- 102.4 102.9 102.4 102.9 0 0
MM 29.7 29.7 0.28 0.30 29.5 294
DMS 15.5 154 7.19 7.36 8.30 8.09
DMDS 0.88 0.87 0.88 0.87 0 0
a-pinene 1.96 1.68 1.96 1.68 0 0
[B-pinene 0.61 0.52 0.61 0.52 0 0
3-carene 0.61 0.87 0.61 0.87 0 0
Limonene 0.18 0.16 0.18 0.16 0 0
Total 2296.1 | 2296.7 | 2237.0 | 2237.9 59.1 58.9

While the flow rates were almost identical, differences were observed in the reflux
ratios and condenser duties. The reflux rate was higher in CHEMCAD (384 g/s)
compared to Aspen (362 g/s) which caused higher values for the reflux ratio and
condenser duty.

The temperature of the bottom product, reflux ratio (RR) and condenser duty of
the sulphur column from the simulations are presented in Table 13. In addition, the
temperature profiles are plotted in Figure 13.

Table 13: Temperature of the bottom product, reflux ratio (RR) and condenser duty
of the sulphur column.

Bottoms T (°C) | RR (mol/mol) | Condenser duty (kW)
CHEMCAD 83.7 8.3 -411.5
Aspen 84.1 7.8 -386.5
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Figure 13: Temperature profiles of the sulphur column on CHEMCAD and Aspen.

4.1.4 The second decanter

The efficient separation of turpentine in the first decanter caused the turpentine
concentration to be very low (0.1 m-%) in the feed to the second decanter. Therefore,
no phase separation occurred in either simulation.

4.1.5 Methanol column

The mass balances of the methanol column are presented in Table 14. The LP steam
flow in the feed is not included in the table.
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Table 14: Mass balances of the methanol column on CHEMCAD and Aspen.

Inlet (g/s) Bottoms (g/s) Distillate (g/s)
Component CC g/Aspen CC Ags/pen CC Ags/pen
Water 1311.3 1311.4 1609.4 1610.0 202.2 201.78
Methanol 736.2 736.6 149.6 170.3 586.6 566.2
Ethanol 359 35.8 8.87 5.9 27.02 29.93
Acetone 1.04 0.71 0 0 1.04 0.71
Ammonia 0 0 0 0 0 0
NH4* 38.5 38.7 38.5 38.7 0 0
S04%- 102.4 102.9 102.4 102.9 0 0
MM 0.28 0.3 0 0 0.28 0.3
DMS 7.19 7.4 0.06 0.06 7.14 7.30
DMDS 0.88 0.87 0.78 0.78 0.09 0.09
a-pinene 1.96 1.68 1.92 1.64 0.05 0.04
[B-pinene 0.61 0.52 0.60 0.51 0.01 0.01
3-carene 0.61 0.87 0.60 0.86 0.01 0.01
Limonene 0.18 0.16 0.18 0.15 0.002 0.002
Total 2237.0 | 22379 | 19129 | 1931.8 824.5 806.4

No significant differences were observed in the results. The heat duties of the condenser
and the bottom product temperatures are presented in Table 15. The temperature

profiles were almost identical as was the case in the sulphur column. The profiles are
shown in Figure 14.

Table 15: Temperature of the bottom product and condenser duty of the methanol
column.

Bottoms T (°C) | Condenser duty (kW)
CHEMCAD 95.4 -1170
Aspen 94.6 -1163
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Figure 14: Temperature profiles of the methanol column on CHEMCAD and Aspen.

79.7 and 76.9 % of methanol was separated into the distillate on CHEMCAD and
Aspen respectively. The respective methanol yields for the whole process were 77.8
and 75.2 %. The lower yield from Aspen can be explained with the lower amount of
methanol in the distillate of the methanol column which was probably caused by the
difference between BIPs in the CHEMCAD and Aspen databases. Figure 15 shows
that CHEMCAD produced a bubble point curve with slightly lower temperatures
for the methanol-water component pair which might explain the higher volatility of
methanol in CHEMCAD compared to Aspen.
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Figure 15: Comparison of Txy diagrams of methanol-water in CHEMCAD and
Aspen.

4.2 Effects of regressed binary interaction parameters

After the simulations were run with the database BIPs, missing parameters were added
to study their effect on the results. Several BIPs were copied from the study of Olsson
and Zacchi [18] due to the lack of availability of equilibrium data, and some were
regressed on Aspen and CHEMCAD from experimental VLE and LLE data. The
BIPs for water—-DMDS were obtained from the NISTV121 NIST-RK database from
Aspen. BIPs were only regressed from data in the relevant temperature and pressure
range at around 40 to 100 °C and 1 atm. The missing BIPs for water—terpene and
methanol-3-carene systems were estimated with UNIFAC. The updated BIP matrix
after the additions is shown in Table 16, and the regressed BIPs with root mean square
percentage errors (RMSPE) are reported in Table 17. RMSPE is a common method
for measuring forecast accuracy. It is defined as

(18)

A2

1 (Y-,

RMSPE = |-
(5

where n is the number of data points, Y; is the measured value and Y; is the value
estimated by the model. [101] The phase equilibrium diagrams from the regressions
compared to experimental data are presented in Appendix B.
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Table 16: BIPs used for the second simulations. Regressed BIPs are marked with R
followed by the data source, and UF marks BIPs estimated with UNIFAC.

H,O | MeOH | EtOH | Ace. | NH; | MM | DMS | DMDS | H,S | @-pin. | B-pin. | 3-car. | Lim. | a-terp.
Gua. [18] A A
a-terp. [18] [18]
Lim. UF | R[81] A
3-car. UF UF
B-pin. UF | R[82] A
a-pin. [18] [18]
H,S [18] [18] [18]
DMDS A R[69] | R[69] [18]
DMS [18] | A+CC A+CC
MM [18] | A+CC A
NH3; A
Ace. A+CC | A+CC | A+CC
EtOH | A+CC | A+CC
MeOH | A+CC

Table 17: Regressed BIPs with root mean square percentage errors.

COIl‘lp. i Comp. ] aij aji bij bji aij RMSPE (070)
MeOH DMDS 0 0 431.6 | 507.5 | 0.48 0.39
MeOH | Limonene | 1.36 | -6.46 | 220.7 | 2226.3 | 0.30 0.73
MeOH | B-pinene | 0.52 | -5.16 | 452.2 | 1875.3 | 0.30 0.85
EtOH DMDS 0 0 338.7 | 396.3 | 0.50 0.31

Parameters b;;, b;; and a;; were regressed for the MeOH/EtOH-DMDS pairs. For
the MeOH-limonene/S-pinene pairs, a;; was fixed at 0.3 and the a and b BIPs were
regressed. Finally, the rest of the missing BIPs were estimated with UNIFAC and the
simulations were run for the third time. However, the changes were minimal compared
to the second simulation in both programs, and, thus, those results are not discussed
any further.

4.2.1 Sulphur column

The mass balances of the sulphur column with regressed BIPs are shown in Table 18
below.
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Table 18: Mass balances of the sulphur column on CHEMCAD and Aspen with
regressed BIPs.

Inlet (g/s) Bottoms (g/s) Distillate (g/s)
Component CC g/Aspen CC Ags/pen CC Ags/pen
Water 1310.9 1311.6 1310.6 1311.4 0.30 0.21
Methanol 753.5 753.5 734.4 734.2 19.1 19.3
Ethanol 36.0 36.0 359 35.8 0.06 0.18
Acetone 4.87 4.87 1.26 0.66 3.61 4.21
Ammonia 0.01 0.01 0 0 0.01 0.01
NH4* 38.5 38.7 38.5 38.7 0 0
S04%- 102.4 102.9 102.4 102.9 0 0
MM 29.7 29.7 0 0 29.7 29.7
DMS 15.5 15.4 0 0 15.5 15.4
DMDS 0.88 0.87 0.57 0.43 0.31 0.44
a-pinene 1.96 1.68 1.95 1.64 0.02 0.04
[B-pinene 0.61 0.52 0.60 0.52 0.01 0
3-carene 0.61 0.87 0.27 0.87 0.33 0
Limonene 0.18 0.16 0.18 0.16 0 0
Total 2295.6 | 2296.7 | 2226.6 | 2227.2 69.0 69.5

The only significant differences in the flows were in the distillate rate and in the
flows of sulphurous compounds. The distillate rate increased by around 10 g/s in
both simulators. Therefore, the reflux ratios of the sulphur column decreased to 7.2
and 6.7 in CHEMCAD and Aspen respectively, which caused the condenser duties
to decrease to -405.7 and -383.6 kW. This was caused mainly by the fact that all of
DMS evaporated to the distillate, whereas in the first simulations, around 50 % of it
remained in the bottom product. Furthermore, 35 and 51 % of DMDS evaporated
into the distillate while in the first simulations it remained in the bottom product.
Consequently, the separation efficiency of TRS compounds into the distillate increased
to 98.8 and 99.1 % in CHEMCAD and Aspen respectively.

The Txy diagram of the water—-DMS system for both cases are shown in Figure
16 where the effect of regressed BIPs is clearly seen. The updated BIPs for the
DMS-water pair caused the boiling point of the binary system to be lower already at
low concentrations of DMS. This was due to the high non-ideality and insolubility of
the two compounds predicted by the model which then caused all of DMS to evaporate.
Similar behaviour was also observed for water and DMDS which is shown in Figure
17. Azeotropes formed at water mass fractions of 0.02 and 0.19 and temperatures of
36.8 and 84.8 °C for DMS/DMDS—-water systems respectively. The low temperatures
of the bubble point curve of the DMS-water system explains the complete evaporation
of DMS when the sulphur column condenser was operated at 45 °C. As for DMDS, it
was observed that when BIPs for both DMDS—water and DMDS—methanol were used,
DMDS partly evaporated into the sulphur column distillate. If BIPs were defined for
only one of the pairs, practically no evaporation of DMDS occurred.
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Figure 16: Txy diagrams for the system water—-DMS with and without regressed BIPs
from Olsson and Zacchi [18] for the NRTL model at 1 atm.
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Figure 17: Txy diagrams for the system water—DMDS with and without the BIPs
from the Aspen NISTV121 NIST-RK database for the NRTL model at 1 atm.

4.2.2 Methanol column

The mass balances of the methanol column with regressed BIPs are shown in Table
19 below.
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Table 19: Mass balances of the methanol column on CHEMCAD and Aspen with
regressed BIPs.

Inlet (g/s) Bottoms (g/s) Distillate (g/s)
Component CC g/Aspen CC Ags/pen CC Ags/pen
Water 1310.6 1311.4 1607.9 1608.7 203.1 203.0
Methanol 734.4 734.2 147.5 167.9 586.9 566.3
Ethanol 35.9 35.8 8.8 5.8 27.15 29.96
Acetone 1.26 0.66 0 0 1.26 0.66
Ammonia 0 0 0 0 0 0
NH4* 38.5 38.7 38.5 38.7 0 0
SO4%~ 102.4 102.9 1024 | 102.9 0 0
MM 0.0 0.0 0 0 0.0 0.0
DMS 0.0 0.0 0 0 0.0 0.0
DMDS 0.57 0.43 0 0 0.57 0.43
a-pinene 1.95 1.64 0.01 0.01 1.94 1.63
B-pinene 0.60 0.52 0 0.03 0.60 0
3-carene 0.27 0.87 0 0.21 0.27 0.66
Limonene 0.18 0.16 0 0.06 0 0
Total 2226.6 | 2227.2 | 1905.1 1924.4 821.9 803.1

Due to the increased separation efficiency of TRS compounds in the sulphur column,
the TRS content of the distillate decreased from 9.1 and 9.5 to 0.7 and 0.5 g/kg in
CHEMCAD and Aspen respectively with DMDS being the only TRS compound in
the distillate. The DMDS content was higher with the updated BIPs compared to
the initial simulations (0.1 g/kg) because of its increased volatility. Even though the
top stage temperature was around 79 °C, which is lower than the temperature of the
DMDS-water azeotrope, DMDS evaporated completely. If no BIPs were used for
DMDS—-water, DMDS stayed in the bottom product. The BIPs for DMDS—methanol
did not affect the results.

The remaining terpenes evaporated into the distillate, while previously they were in
the bottom product. Similarly to DMS and DMDS, terpenes formed minimum boiling
heterogeneous azeotropes with water and methanol with the regressed BIPs which
increased their volatility. The azeotropic compositions are presented in Table 20. The
Txy diagram of a-pinene—water system is presented in Figure 18 as an example of
terpene—water systems.

If regressed BIPs were used only for either terpene—water or terpene—methanol
pairs, less evaporation occurred. For example, when BIPs for only a-pinene—water were
used, 10 m-Y% of a-pinene evaporated. When the BIPs for @-pinene—methanol were
added, over 99 m-% of the compound evaporated. Due to the increased evaporation of
terpenes, the turpentine content of the methanol column distillate increased from 80.8
and 76.3 mg/kg to 3650 and 3580 mg/kg in CHEMCAD and Aspen respectively.
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Table 20: Azeotropic compositions of terpene—water/MeOH systems predicted by
NRTL at 1 atm.

System Boiling point (°C) | m-% of terpene
a-pinene—water/MeOH 95.2/64.5 58.9/15.0
B-pinene—water/MeOH 96.5/ - 50.7 /-
3-carene—water/MeOH 97.1/- 45.3 /-
Limonene—water/MeOH 97.6/- 404/ -
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Figure 18: Txy diagram for the system a-pinene—water with regressed BIPs by Olsson
and Zacchi [18] for the NRTL model at 1 atm.

There were no significant changes in the condenser duties or bottom product
temperatures. The methanol separation efficiency increased slightly from 79.7 and
76.9 to 79.9 and 77.1 % in CHEMCAD and Aspen respectively. The methanol yield
of the process remained the same in both simulations, however, since more methanol
was lost into the sulphur column distillate.

4.3 Comparison of decantation simulation results to experi-
mental data

The results from the simulated decanter on CHEMCAD were compared to a decantation

test performed in a laboratory. The mass of the crude methanol sample was 300.2 g,

and 390 g of dilution water was added. The composition of the feed is presented in
Table 21. The dilution water flow was set at 390 g/s in the simulation.
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Table 21: Composition of the feed into the decanter in the simulation.

Component | Flow (g/s) | Mass-%
Water 15.8 5.26
Methanol 2437 81.2
Ethanol 10.0 3.33
Acetone 1.09 0.36
Ammonia 3.64 1.21
MM 0.42 0.14
DMS 5.00 1.66
DMDS 1.85 0.61
H,S 0.05 0.02
a-pinene 8.69 2.89
[B-pinene 2.60 0.87
3-carene 6.13 2.04
Limonene 1.22 0.41
Total 300.2 100

The results are presented in Table 22. The separation efficiencies were calculated in
the same way as in section 4.1.2. Small amounts of a-terpinolene and camphene were
found in the sample in the laboratory test. They were modelled with limonene and
a-pinene as model compounds respectively in the simulation due to similar physical
properties. Additionally, dimethyl trisulphide from the sample was assumed to be
DMDS since it was not in the component database of CHEMCAD.

For comparison, the decanter was also simulated with NRTL as the thermody-
namic model. The BIPs for the binary pairs water—methanol, water—a-pinene and
methanol-a-pinene were first regressed from the experimental data by Tamura and Li
[49] on CHEMCAD. The BIPs for terpene—TRS pairs were estimated with UNIFAC
LLE since there were no database BIPs or experimental data available.
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Table 22: Comparison of laboratory data to simulation results on TRS separation in a
decanter.

Separation to turpentine phase (m-%)
Component Laboratory | UNIFAC NRTL
a-pinene >99 96.6 92.7
B-pinene >99 96.6 88.5
3-carene >99 99.0 93.0
Limonene >99 96.3 88.1
Terpenes in total 99.8 97.4 91.9
MM 61.1 0.8 3.5
DMS 56.6 7.3 27.1
DMDS 73.7 4.1 11.4
H,S 100 0.5 1.5
TRS in total 61.5 6.1 21.6

The mass of the of the turpentine-rich phase was 8.4 m-% of the crude methanol
sample in the laboratory test. The respective values for the UNIFAC and NRTL
models were 6.2 and 6.3 m-%. While the separation of turpentine was predicted rather
accurately, especially with UNIFAC, there was a large difference in the amount of
sulphurous compounds separated into the turpentine-rich phase. NRTL was more
accurate in predicting the solubility of TRS compounds into the turpentine-rich phase
compared to UNIFAC. It is also possible that H,>S or other TRS compounds might
have evaporated from the decanted sample which caused an error in the results. Finally,
it should be noted that the separation of turpentine was almost 100 % in the laboratory
test, which is unlikely in an continuously operated industrial-scale decanter. Thus, it
would be useful to obtain data from a plant to get more realistic results.
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5 Sensitivity analyses

The sensitivity analysis tools were used on CHEMCAD and Aspen Plus to study
the effects of different compounds on the process outputs at varying concentrations.
Additionally, the effects of varying the temperature of the sulphur column condenser
and the steam flow into the methanol column were studied. The regressed BIPs from
Table 16 were used. The pressures of the columns and the duty of the sulphur column
condenser were kept constant in all of the following analyses.

The total flow rates of TRS compounds and turpentine were decreased by 75 to
25 % and increased by 25 to 100 % compared to the base case at 25 % intervals.
Consequently, the total mass fraction of TRS and turpentine varied from 1.3 to 9.6
% and 1.7 to 12 % respectively in the feed stream. The distribution of the TRS and
turpentine compounds were kept the same as in the previous simulations. The rest of
the component flow rates were kept constant. Apart from increasing the flow of H,S
to 3 g/s, the same feed flow composition was used in the base case as in the previous
simulations.

5.1 TRS compounds

The temperature of the sulphur column condenser was first fixed at 45 °C, and the
effects of increasing TRS content in the feed stream were studied. Figure 19 shows
that increasing the TRS concentration in the feed did not affect the overall yield of the
process but it increased the amount of TRS in the methanol column distillate. The only
TRS compound in the distillate was DMDS in all of the cases. While more methanol
was lost into the sulphur column distillate at higher TRS concentrations, the volatility
of methanol was higher also in the methanol column and, thus, the yield remained
constant. More DMDS evaporated into the sulphur column distillate in Aspen and,
thus, the TRS concentration of the methanol column distillate was lower in Aspen.

If the goal was to keep the TRS content constant in the bottoms, the sulphur column
condenser would be required to operate at higher temperatures to counter the increased
TRS concentration in the feed. However, as discussed further in section 5.4, higher
condenser temperatures cause a decrease in methanol yield. If the methanol yield was
also to be kept constant, an increase in the steam flow into the methanol column would
be required. This would increase the amount of methanol in the distillate and balance
out the loss of methanol in the sulphur column.
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Figure 19: Sensitivity analysis on the effect of TRS concentration on the yield and
TRS content in the methanol column distillate. (T of the sulphur column condenser =

45 °C)

When the TRS concentration was increased in the feed, the duty of the sulphur
column condenser decreased due to the lower reflux rate. The condenser duty was
found to be less sensitive to changes in TRS concentration in CHEMCAD compared
to Aspen. As seen in Figure 20, the decrease in the cooling duty was much larger in
Aspen due to the larger decrease in the reflux rate especially at TRS concentrations

above 5 m-Y%.
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Figure 20: Sensitivity analysis on the effect of TRS concentration on the duty of the
sulphur column condenser (T of the sulphur column condenser = 45 °C)

5.2 Turpentine

The separation efficiency of turpentine in the first decanter increased with increasing
turpentine flow as seen in Figure 21. Therefore, there was only a 19 and 10 % relative
difference in the turpentine content of the methanol product between the first and last
case in CHEMCAD and Aspen respectively. No phase separation was observed in the
second decanter in any of the cases.

The turpentine content of the methanol column distillate was slightly higher in
CHEMCAD in most of the cases due to the more efficient separation of turpentine
in the methanol column. Additionally, increasing the turpentine content increased
the volatility of methanol in the methanol column while the methanol flow into the
sulphur column distillate stayed constant. Therefore, the yield increased from 76.9
and 74.2 % in the first case to 79.0 and 76.3 % in the last case in CHEMCAD and
Aspen respectively. Thus, the steam flow into the methanol column could be decreased
slightly at higher turpentine concentrations to lower the operating cost, and the yield
would still stay constant.
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Figure 21: Sensitivity analysis on the effect turpentine concentration on the turpentine
separation in the first decanter and turpentine content in the MeOH column distillate.
(T of the sulphur column condenser = 45 °C)

The separation of TRS compounds into the turpentine-rich phase in the first
decanter increased linearly with increasing turpentine content in the feed. Therefore,
a small decrease was observed in the TRS concentration in the methanol column
distillate as shown in Figure 22.
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tion in decantation and TRS concentration in the MeOH column distillate. (T of the
sulphur column condenser = 45 °C)

5.3 Alpha-terpineol and guaiacol

The feed flow rates of a-terpineol and guaiacol were varied from O to 10 g/s at 2
g/s intervals which corresponded to O to 3.3 in mass percentages. The separation of
a-terpineol into the turpentine-rich phase increased in the first decanter with higher
feed concentrations. The separation efficiency was much lower compared to terpenes,
however. Similar to terpenes (Fig. 22), higher concentration of a-terpineol increased
the solubility of TRS compounds into to the turpentine-rich phase as seen in Figure 23.
Over 99 m-% of the remaining a-terpineol in the methanol-water phase was obtained
from the bottom product of the methanol column in all of the cases.
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Figure 23: Sensitivity analysis on the effect of a-terpineol concentration in the feed
on the separation efficiency of TRS and a-terpineol in the first decanter.

The separation of a-terpineol in the decanter was 22 to 43 % higher in Aspen
compared to CHEMCAD, even though both programs used UNIFAC as the thermody-
namic model. Similar differences were found in TRS separation in the decanter where
the separation was 10 to 19 % higher in Aspen.

The addition of guaiacol did not cause any notable changes in the results. In all
of the cases, around 95 m-% of the compound remained in the bottom product of
methanol column while the rest evaporated into the distillate.

5.4 Condenser temperature of the sulphur column

The temperature of the sulphur column condenser was varied between 30 and 70 °C
at 5 °C intervals. Raising the temperature increased the separation of DMDS into
the sulphur column distillate and, therefore, the TRS content of the methanol column
distillate decreased. The separation of the other TRS compounds was not affected since
they evaporated completely already at 30 °C. Figure 24 shows that more methanol
evaporated into the distillate at higher temperatures which decreased its recovery into
the sulphur column bottoms. Therefore, the overall methanol yield also decreased as
seen in Figure 25.
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Figure 25: Sensitivity analysis on the effect of condenser temperature of the sulphur
column on methanol yield and TRS concentration of the methanol column distillate.

Increasing the temperature decreased the reflux ratio due to the higher distillate
rate. Consequently, the condenser duty also decreased, which is seen in Figure 26.
According to the figures above, a suitable operating point could be around 45 °C
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with the used feed composition. At lower temperatures, the product contains a higher
amount of TRS and energy consumption is also larger. At higher temperatures, the
yield starts to decline faster. In addition, the extraction process following the methanol
column removes DMDS effectively, and, therefore, DMDS removal is not the main
priority in the sulphur column.

Reflux ratio (mol/mol)
Condenser duty (kW)

30 35 40 45 50 55 60 65 70
Temperature of the sulphur column condenser (°C)

—e—RR(A) --e--RR(CC) Duty (A) Duty (CC)

Figure 26: Sensitivity analysis on the effect of condenser temperature of the sulphur
column on the reflux ratio and condenser duty in CHEMCAD and Aspen.

5.5 Steam flow into the methanol column

The low pressure steam to feed ratio into the methanol column was decreased by 75 to
25 % and increased by 25 to 100 % compared to the base case value at 25 Y% intervals.
The temperatures of the sulphur and methanol column condensers were fixed at 45
and 63.5 °C. The effects on the methanol yield of the whole process are presented in
Figure 27. Increasing the steam flow by 25 or 50 % increased the yield up to around
93 or 97 % respectively due to the higher temperature in the column. Further increases
in the flow caused no changes in the yield since all methanol evaporated, and the only
methanol loss occurred in the sulphur column. The increased temperature also raised
the distillate rate, as shown in Figure 28. Furthermore, the distillate temperature rose
by around 1 to 4 °C in the last three cases. Thus, more duty was required from the
condenser to cool the product.
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Figure 27: Sensitivity analysis on the effect of steam flow into the methanol column
on the yield of the whole process.

1600 0

1400
— 500 __
& 1200 2
8 =
5 1000 -1000 Z
2 °

(]

= 800 &
B -1500 5
=] e}
B 600 5
& -2000

400

200 -2500

-75 -50 -25 0 25 50 75 100
Change in steam to feed ratio (%)

—eo— Flow rate (A) --e--Flow rate (CC) —e—Duty (A) --e--Duty (CC)

Figure 28: Sensitivity analysis on the effect of steam flow into the methanol column
on the duty of the methanol column condenser.

Finally, the combined effect of the temperature of the sulphur column condenser
and the steam flow into the methanol column was studied. When the steam flow was
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increased by 25 to 50 m-%, methanol evaporated completely in the methanol column
and the temperature of the sulphur column condenser became the only factor limiting
the yield. Figure 29 shows that operating the condenser at temperatures above 50
°C caused a large decrease in the methanol yield of the process due to the loss of
methanol into the sulphur column distillate. The maximum yield of around 99 m-%
was achieved when the sulphur column condenser was run at 30 °C and the steam flow
was increased by 50 m-% compared to the base case.
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Figure 29: Sensitivity analysis on the effect of sulphur column condenser temperature
and steam flow into the methanol column on the yield in Aspen Plus.
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6 Conclusions and suggestions for the future

A part of the crude methanol purification process of ANDRITZ was simulated with
CHEMCAD and Aspen Plus. While some differences were observed between the
programs in the sensitivity analyses, the produced mass balances were very similar.
Main difference was in the methanol yield which was 3.5 % higher in CHEMCAD due
to the higher separation efficiency of methanol in the methanol column. The addition
of BIPs for the component pairs DMS/DMDS/terpenes—water/methanol had the most
notable effects on the results. Due to the formation of minimum boiling azeotropes,
the volatility of DMS, DMDS and terpenes increased in the columns. Additional VLE
data on water—3-pinene/3-carene/limonene systems could be useful to further improve
the accuracy of the model or to validate the interactions estimated with UNIFAC.
Furthermore, several BIPs were copied from one study by Olsson and Zacchi [18],
and more experiments could be done to verify the consistency of their data.

In the sensitivity analyses, several operating conditions were varied and their
effects were reported. It was found that, apart from DMDS, all of the TRS compounds
evaporated into the sulphur column distillate at temperatures above 30 °C. Therefore,
the only TRS compound in the methanol column distillate was DMDS. The optimal
temperature would be between 40 and 45 °C to separate some of the DMDS but to
also keep methanol yield as high as possible. The concentration of DMDS could be
lowered in the MeOH column distillate by increasing the temperature of the sulphur
column condenser. However, the methanol yield decreased at higher temperatures,
and the steam flow into the methanol column would be required to be larger to keep
the yield constant. If the goal was to reach the highest possible yield of methanol (99
%) without restricting the DMDS content, the sulphur column condenser would have
to be operated at 30 °C. Additionally, the steam flow into the MeOH column would
have to be raised by 50 % compared to the base case.

The main objective of this work was to improve the accuracy of the simulation.
While the accuracy is difficult to assess without experimental data, the appropriate
components and BIPs were added which should improve the accuracy of the simulation.
It should also be mentioned that the selected components were based on crude methanol
from softwood while hardwood methanol would possibly require additional compounds
and BIPs. To further improve the simulation model, plant data would be required to
validate the model. The accuracy of the simulation could be studied, and the need for
possible new phase equilibrium experiments could be confirmed.
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A Simulation flowsheets

Figure A1: CHEMCAD simulation flowsheet.
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Figure A2: Aspen Plus simulation flowsheet.
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B Phase equilibrium diagrams

T-xy of DMDS METHANOL

® Exp Y (101.33 kPa)
— Est ¥ (101.33 kPa)
4 Exp X (101.33 kPa)
= Est X (101.33 kPa)

105

100

95

90

85

Temperature C

80

75

70

65

60 . . . . . . . . . . . L . . . . . . . i
0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35 040 0.45 0.50 0.55 0.60 0.65 0.70 0.75 0.80 0.85 0.90 0.95 1.00

Mole Fraction METHANOL

Figure B1: Txy diagram of methanol-DMDS with regressed BIPs compared to
experimental data from Mahdoui et al. [69].
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Figure B2: Txx diagram of methanol-limonene with regressed BIPs compared to
experimental data from Tamura et al. [81].
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T-xy diagram for METHANOL/LIMON-01
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Figure B3: Txxy diagram of methanol-limonene with regressed BIPs.
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Figure B4: Txx diagram of methanol-S-pinene with regressed BIPs compared to
experimental data from Tamura et al. [82].
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T-xxy diagram for METHANOL/BETA-PIN
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Figure B5: Txxy diagram of methanol-8-pinene with regressed BIPs.
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Figure B6: Txy diagram of ethanol-DMDS with regressed BIPs compared to
experimental data from Mahdoui et al. [69].
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