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1. Introduction

1.1 Background and motivation

Our unsustainable energy system and its effect on climate change is forcing society
to direct the energy system to sustainable sources during the 21st century. The
main contributor to climate change is the emission of greenhouse gases, mainly
CO2, into the atmosphere.  Reduction of CO2 emissions by decreasing the use of
fossil fuels can be achieved by increasing the share of renewable energy and by
electrification of the transportation and industry sectors. However, electrification
of industries with energy intensive processes, such as the iron and cement indus-
tries is difficult to accomplish and their emissions represent a high share of overall
global emissions. Furthermore, electrification of the aviation, marine and heavy-
duty transportation has been technically unfeasible up to this date.

Carbon capture and utilization (CCU) and Power-to-X (PtX) technologies1 have
attracted much attention from research institutions and companies. These tech-
nologies arise as a synergetic solution both for storing energy from the intermit-
tent renewable energy sources, and for mitigation of CO2 emissions. They have
now reached pilot or even commercial scale in several occasions such as the Audi
e-gas methanation plant (Germany), the Sunfire Power-to-Liquids plant (Germany)
and the Carbon Recycling International (CRI) George Olah plant (Iceland). How-
ever, the wide spreading of these technologies is hindered by economic factors.
Another reason which prevents the wide spreading of these technologies is that
they are mainly in an early stage of technical development, although some parts
of the CCU and PtX technologies have been proven in well-established processes.
These well-established processes are meant for large-scale chemical plants. The
chemical plants of a future 100% renewable energy system must be redesigned to
address the scattering of the renewable energy and carbon sources and the inter-
mittency of the renewable energy. This translates to more but smaller chemical
plants compared to the number and size of the current plants in the chemical in-
dustry.

As a part of CCU and PtX, CO2 utilization is the production of fuels and chemicals
from CO2, including e.g. synthetic natural gas, liquid hydrocarbons and waxes. The
production of basic chemicals from CO2 is especially important for the chemical

1  PtX technologies can also be referred to as Power-to-Gas (PtG) and Power-to-Liquids (PtL). Power-to-X (PtX)
refer in general to the synthesis of fuels or chemicals from CO2 using H2 produced by water electrolysis using
electricity. PtG technologies can refer to the production of either H2 or synthetic natural gas. PtL technologies
refer to the production of liquid hydrocarbons.
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industry because they are the starting point for almost all chemical products. Fig-
ure 1 shows a simplified scheme of a general CO2 utilization process using water,
renewable electricity and CO2 from point source emissions or ambient air.

Process and reactor intensification aims at reducing the size and improving the
performance of processes and reactors compared to their current technology. This
would help creating small and modular chemical plants. Intensification can be
achieved by different means such as thermal integration, functional integration,
new constructions and set ups, and catalyst development.

Figure 1. Simplified scheme of production of hydrocarbons from renewable elec-
tricity and captured CO2.

1.2 Scope of the dissertation

The main objective of this dissertation was to investigate reactor intensification
for CO2 utilization by a combination of experimental and modeling work. The dis-
sertation focused on the synthesis of hydrocarbons using CO2 and H2, considering
the technical aspects of these processes. Thus, economical assessment of the
technologies is out of the scope of the dissertation.

The dissertation comprises five publications related to gas-solid catalytic pro-
cesses. Three of these publications are dedicated to CO2 utilization.

Publication I and II focused on hydrogen production by methanol steam reform-
ing (MSR) for applications in polymer electrolyte membrane (PEM) fuel cells. The
MSR process served for gaining understanding of kinetic and reactor modeling for
reactor design purposes. Furthermore, the newly designed MSR heat exchanger
reactor was integrated into an electricity power generator. Publication I and II ad-
dress the research questions: How can the performance of the catalyst be maxim-
ized?  What would be the most suitable design for the heat exchanger reformer?

Publications III and IV are related to the production of linear hydrocarbons via
two-step synthesis using CO2 and H2 as feedstock. Publication III focuses on the
first step of the process, which aimed for production of CO from CO2 by reverse
Water-Gas shift (rWGS) reaction. In this publication, kinetic models were also de-
veloped. Publication III addresses the question. What are the best conditions and
catalyst for maximizing CO production in the first step of the two-step synthesis?

In Publication IV, experimental work was performed in a Power-to-X (PtX) pilot
plant that included a direct air capture (DAC) unit, a water electrolysis unit and a
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mobile synthesis unit (called MOBSU). In the MOBSU, the two-step synthesis was
accomplished by combining a rWGS tubular reactor and a microstructured heat
exchanger Fischer-Tropsch synthesis (FTS) reactor. The fourth publication also
deals with the process concept development for enhancing the two-step synthesis
and the entire PtX process. The new two-step synthesis concept was tested and
validated by process modeling and simulation. The new PtX process concept
achieves significantly better overall energy and carbon efficiencies compared to
the PtX pilot plant.  This publication addresses the following questions. Can waxes
and liquid fuels be produced from water, renewable electricity and CO2 from the
air? What is the best configuration for this kind of plant?

Finally, Publication V studied the modeling of nickel-based hydrotalcite catalyst
coated on heat exchanger reactors for CO2 methanation. Models of the lab-scale
reactor were used for obtaining kinetic models of the coated catalyst. Then, a
model of a bench-scale heat exchanger reactor was developed under several vali-
dated simplifications and using the developed kinetic model. Publication V ad-
dresses the question: How can the performance of this bench-scale reactor be
maximized and predicted under different operating conditions?
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2. CO2 utilization for production of fuels and
chemicals

Carbon dioxide utilization includes any topic in which CO2 is used as a raw material
for generation of a product. In the chemical industry, the potential uses of CO2 are
almost limitless including topics such as production of alcohols, acids, aldehydes,
paraffins, olefins, aromatics, carbonate salts and polymers. The chemical industry
produces around 40 basic chemicals, 400 intermediate chemicals and over 40000
chemical products out of just a few carbon sources mainly from fossil raw materi-
als (crude oil, natural gas and coal). [1–5]

There are some applications of CO2 utilization, which have been attracting spe-
cial interest owing to their potential for reduction of CO2 emissions, economic po-
tential or technical feasibility. Some examples of these applications are production
of synthetic natural gas (SNG) [6–9], paraffins and olefins [10–12], methanol [13–
16], formic acid [17–19], polyols for production of polymers [20–22] and car-
bonates for the cement industry [23–26].

2.1 Background of the two-step synthesis of linear
hydrocarbons from CO2

The two-step synthesis process is the combination of production of syngas from
CO2 and H2 as the first step, and the production of linear hydrocarbons from the
syngas by FTS as the second step. Syngas is mainly composed by H2 and CO. The
direct production of syngas from CO2 and H2 can be achieved by the rWGS reac-
tion.

2.1.1 Reverse Water-Gas shift

The rWGS reaction converts CO2 into CO according to the following equation:

+ + = 41.5 / (1)

The chemical equilibrium of the rWGS reaction is favoured by high temperatures
and it is independent of pressure. Operating this first step of the two-step synthe-
sis at high pressure has both advantages and disadvantages. The FTS step is oper-
ated at high pressure (20-30 bar). Thus, high pressure operation also in the first
step can simplify the two-step process by having the compression of the feed gas
before the first step. When considering a PtX plant, H2 can be generated by water
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electrolysis at high pressure with low energy penalty [27]. Thus, H2 could be di-
rectly supplied without intermediate compression in a PtX plant. On the other
hand, high pressure in the first step is more demanding for the integrity of the
materials of the reactor. High pressure also favors thermodynamically carbon for-
mation and methane formation. Methanation reactions (2) and (3) occur as com-
peting reactions to rWGS, which are thermodynamically favored at low tempera-
ture and high pressure:

+ 4 + 2 = 206.1 / (2)

+ 3 + = 165 / (3)

Figure 2 presents the conversion of CO2, yield of formation of CO and yield of
formation of CH4 at different temperatures, initial gas compositions with H2/CO2

ratio of 1 and 4, and pressures of 1 and 20 bar, based on chemical equilibrium
calculations. These charts show how the equilibrium switches from CH4 formation
to CO formation by increasing the temperature. At atmospheric pressure, there is
no formation of methane above 1100 K. However, methane formation increases
with increasing pressure and H2/CO2 ratio. High pressure has a significant impact
on CH4 formation especially at high temperatures.

Figure 2. CO2 conversion, CO yield and CH4 yield at the chemical equilibrium as a
function of T. (a) At 1 bar and H2/CO2 ratio = 1 (50/50% of H2/CO2 in the initial gas
composition). (b) At 20 bar and H2/CO2 ratio = 1. (c) At 1 bar and H2/CO2 ratio = 4
(80/20% of H2/CO2 in the initial gas composition). (d) At 20 bar and H2/CO2 ratio =
4.
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The active metals of catalysts for rWGS are generally Ni, Fe, or even Mo, In and Rh
[28–34]. However, only a few scientific publications are found on rWGS at high
pressures, or consider simultaneous methane formation.

2.1.2 Fischer-Tropsch synthesis

FTS is a well-established process that was discovered in the 1920s and was initially
developed during the first half of 20th century for the conversion of syngas (from
gasification of coal) to liquid hydrocarbons. The following equations describe the
general FTS reactions for production of paraffins (4) and olefins (5) from CO and
H2, where (5) is the reaction for production of olefins with only one double bond:

CO + 2 + 1 H C H + H O 165 kJ/
mol

(4)

CO + 2 H C H + H O 165 kJ/mol (5)

The product distribution from FTS consists of linear hydrocarbons of different
carbon number which obey the Anderson-Schulz-Flory (ASF) distribution [35]. The
implication of the ASF-distribution is that only CH4 can be produced with 100%
selectivity. In all other cases, the product distribution is always a mixture of hydro-
carbons of different chain length. The molar fraction (xn) of each linear hydrocar-
bon of the ASF-distribution is determined by the alpha ( ) value in Equation (6).
The value n in Equation (6) is the carbon number. Figure 3 presents the ASF distri-
bution at different  values. This  value is called the chain growth probability.
However, deviations from ASF-distribution can be found experimentally as re-
ported  by Huff and Satterfield [36] and in Publication IV.

= 1 (6)

Figure 3. ASF-distribution for different alpha values. (a) molar fraction. (b) mass
fraction.
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This product distribution is strictly dependent on operating conditions and cat-
alyst composition. The chemical equilibrium of these reactions is favored by low
temperature and high pressure. The catalysts generally used for FTS are Fe-based
and Co-based catalysts. Cobalt-based catalysts produce mainly heavier paraffinic
hydrocarbons. These catalysts are only active with CO as carbon source and thus,
CO2 is inert when present in the feed gas. Iron-based catalysts produce mainly
lighter olefinic ( -olefins) hydrocarbons and are also active towards CO2 although
for kinetic reasons the process generally also requires a rWGS step [12].

2.2 Background of the CO2 Methanation

This topic also known as SNG production was partially introduced in Section 2.1.1.
The methanation reactions (2) and (3) are highly exothermic reactions which best
conditions for formation of CH4 are temperature below 573 K and pressure over 5
bar. However, high temperature is preferable for the kinetic reasons.

The most common active metals for methanation reactions are Ni, Ru and Rh
[37]. The most used active metal is Ni because of its high activity, high selectivity
towards CH4 formation, and low price. However, Ni has problems with stability
which can be diminished by using Ru as a promoter which also increases the activ-
ity of the catalyst [38–41]. Alumina is the most commonly used support for
methanation catalyst [42–44] but recent publications have reported that nickel
supported on hydrotalcites (HT) has high activity towards CO2 methanation [6,45–
48]. HT are formed by mixed hydroxides of metals and have a layered structure.
Ni-HT catalysts present better Ni dispersion, smaller Ni particle size and a higher
number of basic sites than conventional Ni/Al2O3 catalysts [48].
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3. Gas-solid catalytic reactors for CO2
utilization

This chapter presents examples of gas-solid catalytic reactors used in CO2 utiliza-
tion which have reached pilot or commercial scale. Gas-solid catalytic reactors are
the most used in CO2 utilization processes such as methanation, two-step synthe-
sis of linear hydrocarbons and methanol synthesis. These reactors can be classified
on the basis of the catalyst immobilization technique. Although FTS reactors form
liquid hydrocarbons inside the reactor, this chapter will treat these reactors as gas-
solid catalytic reactors as long as the liquid phase has no functionality in the reac-
tor.

3.1 Fixed-bed reactors

Fixed-bed or packed-bed reactors are the most commonly used gas-solid catalytic
reactor because they employ the simplest technique for immobilization of the cat-
alyst and they generally exhibit good performance. This technology appear in well-
established processes and exhibits versatility for thermal and functional integra-
tion.

Methanation has reached pilot and commercial scale using fixed-bed reactors.
ETOGAS GmbH was the first company to demonstrate CO2 methanation technol-
ogy in commercial scale [49]. The Audi methanation plant combined the byproduct
CO2 from a biogas plant with H2 produced by a 6 MWe alkaline electrolysis system.
The process featured a heat exchanger fixed bed tubular reactor cooled by molten
salts which produced around 300 Nm3/h of SNG during normal operation. The
same company went on to commercialize another heat exchanger fixed-bed
methanation reactor. This reactor was cooled by pressurized boiling water in flat
cooling panels with a water/steam pressure around 70 bar [49,50]. The Center for
Solar Energy and Hydrogen Research (ZSW) also demonstrated methanation tech-
nology with their 250 kWe pilot plant. The system consisted of a 250 kWe alkaline
electrolysis, a methanation unit and process control for optimization of the dy-
namic operation of the plant. Two reactors comprised their methanation unit; one
heat exchanger tubular reactor cooled by molten salt and another heat exchanger
reactor cooled by pressurized boiling water. Furthermore, Haldor Topsøe has com-
mercialized the TREMP process for methanation of syngas [51]. TREMP process
consists of a series of fixed-bed adiabatic reactors with intercooling for combined
production of high pressure superheated steam and SNG. The process was de-
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mostrated on several occasions for “semi-commercial” production capacities be-
tween 200 and 2000 Nm3/h of SNG. However, this process has been applied for
syngas produced by coal gasification.

Sunfire GmbH demonstrated the two-step synthesis process in their so-called
Power-to-Liquids plant [52]. This plant combined a Solid Oxide Electrolysis Cell
(SOEC) system for production of H2 with a rWGS reactor followed by an FTS reactor
with a capacity of one barrel of crude liquid fuels per day. The technology used for
the rWGS reactor was not disclosed but the FTS reactor used a conventional heat
exchanger fixed bed tubular reactor.

There are also cases in which microstructured reactors are filled with particulate
catalyst. For example, the company Velocys is commercializing large scale FTS heat
exchanger plate microchannel reactors filled with particulate catalyst [53,54]. This
company forms part of the ENVIA Energy’s gas-to-liquids plant joint venture, in
which Velocys provided one of their FTS reactors with an operational capacity of
200 barrels per day of waxes, diesel and naphtha. The syngas for the FTS process
is produced from a mixture of landfill gas and natural gas. Another example is the
company INERATEC GmbH which is commercializing modular systems and reactors
for production of hydrocarbons from CO2 and H2 via the FTS process [55]. Their
FTS reactors are heat exchanger fixed-bed microstructured plate reactors. The op-
eration and performance of one of their reactors is discussed in Publication IV.

Carbon Recycling International demonstrated methanol synthesis from CO2 with
their George Olah Renewable Methanol plant [56]. Their methanol plant uses CO2

from geological emissions along with H2 produced by electrolysis using electricity
from geothermal energy. They use conventional technology for methanol synthe-
sis with a heat exchanger fixed bed tubular reactor. The majority of the effluent
from the reactor is recirculated for achieving high CO2 conversion to methanol.

Gas-solid fixed-bed reactors have also been developed with other functionalities
but to date they are confined to lab scale. Some examples are fixed-bed mem-
brane reactors for reforming of methane [57], and spinning basket reactors [58]
and a fixed-bed reactor with in situ product condensation for methanol synthesis
[59,60].

3.2 Structured reactors

Structured reactors consist of material constructions for enhancing fluid flow,
mass transfer and heat transfer in the reactor and its catalytic surfaces. The walls
of the channels are made of a material which either is incorporated with catalysts
or can act as a support for porous catalytic layers. These material formations can
be in the shape of monoliths, structured plates or foams. The material of mono-
liths and foams can be ceramic or metallic (steel, aluminum or copper). The struc-
tured plates are generally made of metal because of its better mechanical proper-
ties, and can have different shapes in order to accomplish a desired flow pattern
[61,62]. The application of these technologies to established processes is generally
rather limited. However, this is not the case for monolith reactors, which have al-
ready been applied to well-established commercial processes especially in the sec-
tor of emission control, gas cleaning and gas purification.
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There are some examples of this type of reactors that have reached pilot or
commercial scale in CO2 utilization processes. For example, Schollenberger et al.
[7] performed experiments in their pilot system for methanation reaction in a heat
exchanger tubular reactor filled with catalytically coated metallic monoliths. Their
system used a H2 feed (equivalent to 100 kW) added to a biomass gasification syn-
gas for production of SNG. This work was done in the Store&Go project which
plans to demonstrate this process in a semi-commercial scale with 1 MW equiva-
lent H2 flow from a 2 MWe alkaline electrolyzer.
Many publications can be found for reactors using monoliths, structured plates
and foams in lab-scale for methanation [63–65], FTS  process [66–69] and metha-
nol synthesis [70,71].

3.3 Fluidized bed reactors

In this type of reactors, the gas phase and solid catalyst are constantly moving and
mixing owing to the flow of the gas phase itself. These reactors have several ad-
vantages such as good heat and mass transfer, temperature uniformity, low pres-
sure drop and the ability to add and remove catalyst in the reactor during opera-
tion. However, they also have several disadvantages such as system/operation
complexity, entrainment, attrition, wear and non-uniform residence time. There-
fore, these reactors are significantly more expensive to construct and operate than
e.g. fixed-bed reactors. These type of reactors are well established in many indus-
trial scale processes.

Fluidized bed reactors have been applied to methanation and FTS processes
[72]. However, no demonstration scale plants have been built to this date for CO2

utilization related to these processes. Kim et al. [73] studied the hydrogenation of
CO2 in a bench-scale fluidized bed reactor. They assessed the performance of this
reactor for rWGS and methanation reaction.
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4. Modeling of CO2 utilization reactors
This chapter presents examples of kinetic and reactor models that have been ap-
plied to the CO2 utilization topics studied in this dissertation. This chapter also in-
troduces the reactor model hierarchy applied in this dissertation for different
modeling purposes.

Reactor modeling is a powerful tool for predicting and evaluating the perfor-
mance of a reactor. It also allows better understanding of the phenomena occur-
ring in the reactor where it is technically unfeasible or too difficult to measure
experimentally. There are several aspects of reactor modeling that need to be con-
sidered when building a reactor model, such as reaction kinetics, mass transport,
heat transfer and fluid flow. A suitable kinetic model is the backbone of a reactor
model owing to the effect of kinetics in production or consumption of heat and
components which have crucial effects on the performance of the reactor.

4.1 Kinetics

Several kinetic models of methanation process can be found in the literature. Most
of the models are obtained for methanation over Ni supported on either Al2O3

[42,74–76] or SiO2 [44]. Kopyscinski [75] performed a kinetic study of CO met-
hanation and the Water-Gas shift (WGS) reaction on Ni/ -Al2O3 using a fluidized
bed reactor. Swickrath et al. [74] performed kinetic modeling of CO2 methanation
over Ni/Al2O3 at 498–573 K and 1–3 bar, also considering reverse Water-Gas shift
(rWGS) as a side reaction. Schlereth [76] carried out kinetic modeling of CO2

methanation reaction over Ni/Al2O3 catalyst using power law and Langmuir-Hin-
shelwood-Hougen-Watson (LHHW) models. This LHHW model was developed by
Xu and Froment mainly for steam reforming of methane [42] but also included
experiments for CO2 methanation reaction over Ni/Al2O3 catalyst at 573–673 K and
up to 10 bar. Wang et al. [77] performed a detailed kinetic modeling of CO2

methanation over Ru/Al2O3 applying their proposed reaction mechanism to obtain
a LHHW model. No kinetic model has been reported in the literature concerning
CO2 methanation over Ni-based HT catalyst.

In the case of rWGS reaction, no kinetic models are yet available in the literature
at relevant operating conditions (high temperature and different pressures), and
the methanation reaction is not always considered. Bustamante et al.[78] perfor-
med kinetic modeling of non-catalyzed homogeneous rWGS at 1148–1198 K and
atmospheric pressure. They obtained a simple power law model for rWGS assum-
ing to be an irreversible reaction in gas phase. Unde [30] studied the kinetics of
rWGS reaction at 573–1173 K and atmospheric pressure over Ni/Al2O3 and over -
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Al2O3 support as a catalyst. The author observed that -Al2O3 without any active
metal exhibited activity towards rWGS reaction. Although -Al2O3 displayed signif-
icantly lower activity than Ni/Al2O3 catalyst, its selectivity towards CO formation
was 100%. Nevertheless, no kinetic model was proposed in this work. On the other
hand, many kinetic models for reforming of methane are found in the literature
which can also be applied for the rWGS process, with some limitations [42,79].
As the FTS process has been studied for almost a century, there is a considerable
volume of literature concerning kinetic modeling for both Co-based and Fe-based
catalysts. Mousavi et al. [80] published a review of the kinetic models for Fe-based
and Co-based catalyst and proposed a generalized kinetic model which they
claimed to be valid for both types of catalysts. Ostadi et al. [81] evaluated in detail
kinetic models found in the literature for Co-based catalyst. They also proposed a
model for Co-based catalyst based on experimental data obtained using a micro-
structured heat exchanger fixed bed reactor.

4.2 Reactor models

The level of complexity of a reactor model depends on the purpose of the model
and the desired accuracy and reliability of the results obtained using the model. A
reactor model can be used for purposes such as sizing the reactor or catalyst
amount, assessment of mass and heat transfer limitations in the catalyst bulk and
in the reactor, and assessment of flow distribution.

Schlereth and Hinrichsen [82] studied the performance of fixed-bed CO2

methanation reactors using 1D and 2D pseudo-homogeneous and heterogeneous
models. They first studied externally cooled fixed-bed reactors for assessing the
temperature gradients in the catalyst bed and determining the conditions for run-
away of reaction temperature. Then, they studied the performance of a mem-
brane reactor for separately feeding H2 and CO2 in order to be able to control the
reaction temperature.

Engelbrecht et al. [65] studied the performance of a plate type microchannel
reactor with coated catalyst for CO2 methanation. For this purpose, they combined
experimental and reactor modeling work for developing kinetic models of the cat-
alytic coatings and assessment of reactor performance. They used the CFD model
of one of the channels of the reactor to evaluate the mass transport in the catalyst
porous layer and the fluid flow in the channel.

Shin et al. [69] developed a reactor model for a plate type heat exchanger fixed-
bed reactor for the FTS process. They also combined experimental and modeling
work, obtaining a kinetic model of their self-prepared Co-based catalyst. The reac-
tor was cooled by heat transfer oil. Their model was used to evaluate the perfor-
mance of the cooling of the reactor at different conditions. They also assessed the
scaling up of the reactor which led to the conclusion that runaway of the reactor
temperature could occur when increasing the number of plates in the reactor.
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4.3 Reactor model hierarchy of the dissertation

This work employs several reactor models depending on the level of detail re-
quired by the modeling purpose. These reactor models were applied in the Publi-
cations. Figure 4 presents a scheme of the different reactor models linked to dif-
ferent modeling purposes and their use in the Publications.

Chemical equilibrium calculations and process modeling were performed using
zero dimensional (0D) models. The main reason of using 0D models in process
modeling was to simplify the process modeling. The main purpose of the process
modeling was to study the energy and material balances of the process and thus,
0D reactor model provided enough level of detail.

The one-dimensional (1D) plug-flow pseudo-homogeneous model was mainly
used for parameter estimation of kinetic models. This reactor model was also used
for reactor performance assessment, mainly for comparison with experimental re-
sults and for interpolating and extrapolating the catalyst/reactor performance at
different reaction conditions.

The two-dimensional (2D) and three-dimensional (3D) models were used for re-
actor performance assessment and reactor model simplification. This included as-
sessment of fluid flow distribution for different reactor geometries, assessment of
the temperature and pressure gradients forming in the reactor, overall reactor
performance assessment and comparison between reactor models. These models
coupled fluid dynamics, mass transfer, heat transfer and chemical reactions. These
models are explained in more detail in Section 7.2 and in Publication V.

Process modeling

Reactor performance
assessment  and

reactor model
 simplification

Parameter
estimation

Chemical equilibrium
modeling

Modeling purpose

2 D

2 D axial
symmetry

3 D

Reactor models

0 D Minimization of G model

1 D Plug-flow pseudo-
homogeneous model

Stoichiometry and extent
of reactions model0 D

Publications

III

IV

I, III, V

I, II, III, V
Fluid dynamics, mass

transfer, heat transfer and
reactions coupled model

Figure 4: Reactor models used in this dissertation for different modeling purposes.
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5. Methanol steam reforming for PEM fuel cell
applications

This chapter summarizes the information presented in the Publication I and II of
this dissertation. References to these publications can be found throughout the
text.
Hydrogen could become the most significant energy carrier of the future. As men-
tioned in previous sections, H2 can be used to store renewable energy by water
electrolysis. Then, H2 can be transformed back to energy using fuel cells. However,
transportation and storage of hydrogen is technically challenging and currently,
there is lack of infrastructure for this purpose.

During the past two decades, considerable resources have been dedicated glob-
ally for researching and developing fuel cell systems using different fuel sources
and fuel cell technologies [83]. Among these technologies, polymeric electrolyte
membrane (PEM) fuel cells operate at the lowest temperature range using H2 as
fuel. The high-temperature PEM (HT-PEM) fuel cells operate at temperatures up
to 473 K.

Methanol can be used as chemical storage for H2 and it can be produced from
renewable sources. Furthermore, methanol is a liquid at room temperature with
a superior energy density than that of compressed H2 or metal hydrides, and it can
be reformed to produce H2 at lower temperatures than any other hydrocarbon,
e.g. methane or ethanol [84].

A portable electricity generator using methanol as fuel can be created by com-
bining an MSR reactor and an HT-PEM fuel cell stack [83]. The EU-project BeingEn-
ergy (grant agreement n° 303476) aimed to develop a fuel cell power supply pro-
totype incorporating an HT-PEM fuel cell stack thermally coupled with an MSR
(Figure 5). The main objective of the thermal coupling was to increase the overall
energy efficiency of the power generator.

Figure 5. Simplified diagram of portable electricity sources based on MSR and a stack of
HT-PEM fuel cells.
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Among other methanol reforming processes, methanol steam reforming (MSR)
is the most suitable for fuel cell applications because it provides the highest H2

concentration in the reformate and the highest H2 yield [85,86]. The following re-
action equation describes the endothermic MSR reaction:

+ + 3 = 49.5 / (7)

The chemical equilibrium of MSR reaction is favoured by low temperature and
low pressure. Typical conditions for the MSR process are 473–573 K and atmos-
pheric pressure. The rWGS reaction also occurs at these conditions. However, the
production of CO remain very low due to the unfavorable conditions (low temper-
ature) for the chemical equilibrium of the rWGS reaction. The most commonly
used catalyst for MSR are Cu-based catalysts. These catalysts are able to decom-
pose methanol even at temperatures lower than 473 K, but the kinetics of the MSR
reaction become slow.

Many publications have been conducted for developing kinetic models over Cu-
based catalyst for the MSR reaction [85,87–90]. For example, Peppley et al. [87]
performed one of the earliest studies on kinetic modeling over Cu/Zn/Al2O3 cata-
lyst for the MSR reaction. Their research included an in-depth study of the reaction
mechanisms of MSR. Their kinetic model also included rate equations for Water-
gas shift (WGS) and methanol decomposition. Similarly, a considerable amount of
literature can be found regarding modeling and simulation of MSR reactors [91–
94].

The BeingEnergy project envisioned a power supply which operates the MSR
reactor and the HT-PEM fuel cell stack at the same temperature. This system
would be able to use the heat produced in the stack in the reformer and thus,
provide the heat required for the MSR reaction. The project also planned to de-
velop a catalyst with higher catalytic activity at lower temperature (<473 K) than
state of the art catalysts. The role of VTT, as a partner of the project, was to design
and test a heat exchanger MSR reactor that could operate below 473 K coupled
with the fuel cell stack. The main considerations in designing the heat exchanger
reformer were heat management, uniform flow distribution, minimization of cat-
alyst load, minimization of volume and weight of the reformer, and structural in-
tegrity of the reformer. This contribution included kinetic modeling of commercial
and new catalysts, and design and testing of different MSR reactors.

Several tasks were undertaken to complete this work. First, kinetic models were
obtained for three catalysts (two commercial and one new catalysts developed
within the project). The kinetic models for the two commercial catalyst were ob-
tained using a tubular reactor. Then, a new lab-scale MSR reactor was developed
to provide a more reliable kinetic model for the new catalyst. Second, these kinetic
models were used for calculating the catalyst amount requirements of the heat
exchanger reformer. Third, a new heat exchanger reformer was designed, manu-
factured and tested. The design of the reformer was supported by CFD simulation
of the heat transfer side of the reformer to ensure homogeneous flow distribution.
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Finally, this reformer was integrated with an HT-PEM fuel cell stack to complete
the proof-of-concept of the project.

5.1 Experimental work

Figure 6 shows a scheme of the lab-scale experimental set up. Methanol and water
were pumped and vaporized separately and were then mixed before feeding into
the reactor. The pumps used were Hewlett Packard Series 1050 and Agilent Series
1200 for methanol and water, respectively. The reactors were heated by different
means depending on the reactor type, see Section 5.1.1. After the reformer, the
remaining reactants in the reaction mixture were condensed while the flow rate
of the non-condensable gases was measured by a gas flow meter. Another line
was located preceding the condenser to obtain reaction samples which were ana-
lysed by a gas chromatograph (GC) Hewlett Packard Series II 5890. The column
used in the GC was a packed column with Carboxen 1000 with 60-80 mesh, with
dimensions of 1.5mx1/8”x2mmSS. The gas composition was analysed in the GC
using a thermal conductivity detector (TCD) and a flame ionization detector (FID).
All the lines between the vaporizer and the condenser/GC were heated in order to
avoid condensation of methanol and water.
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Figure 6. Process flow diagram of the experimental set-up for kinetic modeling of
MSR catalysts.

Three different copper-based catalysts were used in the experiments; two com-
mercial and one new catalyst developed in the BeingEnergy project. The commer-
cial catalysts were Süd Chemie G66-MR and BASF RP-60. Table 1 presents the com-
position of the two commercial catalysts. The new catalyst was produced by Porto
University.
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Table 1. Composition of the commercial catalysts.

Süd Chemie G-66MR BASF RP-60
Al2O3 (wt-%)
CuO (wt-%)
ZnO (wt-%)

11
66
24

Al2O3 (wt-%)
CuO (wt-%)
ZnO (wt-%)
ZrO2 (wt-%)

unknown
50<wt-%<75
15<wt-%<20
unknown

5.1.1 Experiments for kinetic modeling

Kinetic experiments were performed in a quartz tubular reactor and in a multi-
channel reactor (MCR) at atmospheric pressure. Figure 7 (a) and (b) show a
scheme and a picture, respectively, of the tubular reactor. This reactor had an in-
ner diameter of 10 mm, with a quartz “pocket” of 4 mm outer diameter and 2 mm
inner diameter, which made it possible to place a thermocouple along the axis of
the reactor. This reactor was heated by an annular three-zone oven. Figure 8 pre-
sents the MCR, which was made of aluminium A6082 and consisted of a reaction
plate and a top plate. There was also another aluminium plate below the reaction
plate, to ensure an equal compression of the entire surface between the plates. In
this case, the reactor was heated by external electric resistors which were at-
tached to the external surface of the reactor.  This reactor allowed excellent tem-
perature control in the entire reactor, owing to the high thermal conductivity of
aluminium (>180 W/m*K), providing isothermal conditions in the wall of the chan-
nels. The dimensions of the channels were 1.2 mm wide, 3 mm high and 60 mm
long. Catalyst particles were placed inside the channels and held by a metal
frame/web at the end and at the beginning of the channels.

Figure 7. Quartz tubular reactor with thermocouple pocket. (a) Scheme. (b) Pic-
ture.

Fifteen experiments were performed with both commercial catalysts in the tub-
ular reactor at different oven temperatures, steam to carbon (S/C) feed ratios, and
mass of catalyst to feed of methanol (W/F) ratios. Twenty experiments were per-
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formed for the new catalyst using the MCR at different temperatures in the reac-
tor, S/C ratio equal and different W/F ratios. The operating conditions of all the
experiments are summarized in Table 2.

Figure 8. Aluminium multichannel reactor. (a) Scheme. (b) Picture.

Table 2. Operating conditions of the experiments for kinetic modeling. (a) For both
commercial catalysts using the tubular reactor. (b) For the new catalyst using the
MCR.

(a) (b)
Toven

(K)
S/C ratio W/F ratio

(kg·s/mol)
Treactor

(K)
S/C ratio W/F ratio

(kg·s/mol)
200
225
250
275
300

1,2
1,5
1,8

1-5 170
180
190
200
210

1,5 50-400

Both commercial catalysts were crushed and sieved to a particle size from 200
μm to 300 μm to reduce the external and internal mass transfer limitations. Fur-
thermore, both catalysts were diluted with silicon carbide SiC (size 54, 250-350
μm) at 50 wt-% to reduce the temperature gradients in the catalyst bed [95]. The
new catalyst was tested without dilution with a particle size from 53-180 μm.The
reduction of the catalysts was performed for both commercial catalysts with dif-
ferent procedure following the recommendations of the manufacturer. Both cat-
alysts were reduced “in situ” with a stream of 10 vol-% of H2 diluted with N2. BASF
catalyst was reduced during 1 hour at 250°C.  Süd Chemie catalyst was reduced
starting at 30°C and heating up to 300°C maintaining the final temperature during
1 hour. After the reduction, the catalysts were flushed with N2 for at least 15

Catalyst bed

TC number 1
TC number 2

TC number 3

TC number 4

TC number 5

Gas inlet

Gas outlet
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minutes before introducing the reaction gases. The new catalyst was reduced us-
ing the same procedure as the BASF catalyst.

5.1.2 Experiments using the heat exchanger reformer

Figure 9 (a) shows a scheme of the heat exchanger reformer (HER) developed in
the BeingEnergy project. The reformer was manufactured using a novel method
based on multi-port extruded (MPE) aluminum tubes which were connected by
laser welding. The HER allowed thermal coupling and direct supply of the hydro-
gen rich reformate to the fuel cell stack. This reformer was built using 10 MPE
aluminum tubes of 40 cm length for the packed bed of the reaction side, with a
total bed volume of approx. 1.4 dm³ (Figure 9 (b)). The weight of this novel re-
former design, without catalyst or heat transfer fluid, was approx. 6.5 kg with
4.7 dm³ of total volume. The internal structure of the MPE tubes with multiple thin
walls provided excellent heat transfer into the catalyst bed. The heat transfer fluid
was routed between the tubes to ensure a homogenous heat transfer over the
whole reactor. The modeling procedure and results of designing the heat transfer
fluid side of the HER are presented in Sections 5.2.2.2 and 5.3.2. Using MPE tubes
simplified the manufacture of the reformer by reducing the total length which had
to be welded compared to plate or tube and shell heat exchanger reactors, and
thus reducing the risk of internal leakage. However, the manufacture of the HER
was still a challenging task because of the thin walls of the MPE tubes in combina-
tion with aluminum as construction material, which hindered the laser welding.

The initial plan in the BeingEnergy project was to use the new catalyst for the
HER experiments. However, the production of a big batch of the new catalyst was
not achieved in time. For this reason, the reactor was finally equipped with 1.9 kg
of BASF catalyst which was crushed and sieved to a particle size between 250 μm
and 400 μm. The dimensioning of the catalyst amount required in the HER was
based on the kinetic model of the new catalyst which displayed comparable activ-
ity to the BASF catalyst.

Figure 9. Heat exchanger packed bed reformer. (a) 3D technical drawing of the
entire reactor. (b) Channels of the reaction side of the reactor.
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 The reformer was tested first in an experimental set-up similar to the one pre-
sented in Figure 6 except for two main differences. First, the HER used an external
HUBER thermostat for heating the heat transfer fluid (triethylene glycol).  Second,
this experimental set-up had no online GC. Methanol conversion was calculated
on the basis of the amount of dry gas generated by the reformer. The dry gas or
reformate was analyzed by an off-line GC. This was done in order to measure the
concentration of CO in the reformate.After characterizing the reformer separately,
it was successfully coupled with the fuel cell stack and operated in a steady state
mode. In this case, the heat transfer fluid was heated by the fuel cell stack and
then routed to the HER, in which the heat was utilized in the MSR reaction. A de-
tailed description of this experimental set-up is presented in Publication II.

5.2 Modeling work

5.2.1 Kinetic modeling

The experimental results using the tubular reactor and MCR were used for param-
eter estimation of kinetic models by minimization of the sum-of-squares of resid-
uals (SSR) of measured and calculated outlet molar flow rates. The optimization
algorithm combined the Simplex method and Levenberg-Marquardt method using
a 1D pseudo-homogeneous plug-flow reactor model for the lab-scale tubular re-
actor. This simple reactor model was used for parameter estimation to reduce the
computational effort. Three different types of rate equations were evaluated in
this study; two different power law models considering MSR as an irreversible re-
action, and a power law model considering MSR as a reversible reaction. The first
model (8) is the simplest power law model:

= ( ) (8)

The second model (9) is an expanded version of the previous model (8). Equation
(9) also considers the effect of the partial pressure of H2 and CO2. This model was
previously employed by Sá et al. [88] in their kinetic study.

= ( ) (9)

The third model (10) considers the MSR reaction as a reversible reaction and
includes its equilibrium constant.

= ( )
( )

(10)

The equilibrium constant ( ) was calculated from equation (11). Conse-
quently, G was calculated in (12) using H and S, which were calculated from

Hf, Sf and Cp of each of the compounds involved in the MSR reaction [96].

= ln (11)

= (12)
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The rWGS and WGS reactions were assumed to obey the kinetic model devel-
oped by Purnama et al. [97] for Cu-based catalysts. The parameters  and ,
were adopted from  [97].

(13)

The Arrhenius and van’t Hoff equations were employed to model the tempera-
ture dependency of the rate coefficients and the adsorption equilibrium constants
of the models. Temperature centering was applied in the parameter estimation to
reduce the correlation between activation energies and rate coefficient [88].

5.2.2 Reactor modeling

5.2.2.1 Modeling of the multichannel reactor

One single channel of the MCR was modeled using COMSOL Multiphysics in order
to assess the performance of the reactor. The main purpose of the simulations was
to study the temperature gradients formed in the catalyst bed of the MCR reactor.
Several assumptions were considered in the model; the packed bed is an isotropic
porous material, the fluid is incompressible and Newtonian, no internal mass
transfer limitations in the catalyst particles, constant viscosity based on reactor
temperature, and the gas phase heat conductivity and heat capacity depend on
temperature and gas composition. The reaction rate calculations used the best
performing kinetic model of the new catalyst. Figure 10 presents the simulated
geometry of one single channel of the MCR, in which the domain highlighted in
blue represents the packed bed, the domain highlighted in green is the inlet of the
channel with free flow, and the transparent domain represents the solid walls of
the channel. The heat conductivity of the porous material was considered to be
equal to the heat conductivity of the feed gas in order to assess the worst-case
scenario in terms of temperature gradients as thermal conductivities of catalyst
materials are typically higher than for gases. Measuring experimentally the actual
heat conductivity of the packed bed considering the packing material and evolving
gas phase properties becomes impractical.

Figure 10. Simulated geometry of a single channel of the MCR.

This model used the balance equations for chemistry, species transport in po-
rous media, heat transfer in porous media and free and porous media flow (Table
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3). The reactor wall material properties were obtained from the COMSOL data
base for Aluminum 6063-T83. The following boundary conditions were consid-
ered:

- Slip wall: velocity was not set to zero at the “walls” of the domains for the
packed bed and the inlet gas. This was assumed to simulate the behavior
of the packed bed as an isotropic material.

- Normal inflow velocity at the inlet.
- Suppression of backflow at the outlet.
- Same temperature at the inlet of the reactor as in the structure of the re-

actor.
- Thermal insulation at the “walls” of the inlet domain.

Table 3.  Balance equation of the physics included in the 3D models for MSR reac-
tor modeling.

Eqs. module name Balance equations
Chemistry R = r
Species transport in
porous media

+ u = R
where = + ,

Heat transfer in po-
rous media (fluids
and solids as well)

C u T k T = Q

Laminar flow (incom-
pressible)

u u = pI + u + u + F
u = 0

Free and porous me-
dia flow (incom-
pressible)

u
u

= pI + u + u
2
3

u I

+ u +
Q

u + F

u = Q

5.2.2.2 Modeling of the heat exchanger reformer

The design of the HER was supported by two models. The first is a 1D plug-flow
pseudo-homogenous reactor model that was employed to estimate the catalyst
amount which would be required in the reformer. This reactor model used the
kinetic model developed for the new catalyst. The reformer had to be able to con-
vert completely a water/methanol feed in order to provide sufficient hydrogen for
a PEM fuel cell stack of 350 W nominal capacity. This reformer also had to operate
at temperatures around 448–458 K. The second model is a 3D model of the heat
transfer fluid side of the reformer. Figure 11 shows a simplified scheme of the HER,
in which the red areas represent the heat transfer fluid side of the reformer.
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Figure 11. Scheme of the operating principle of the HER.

    The 3D model of the heat transfer fluid side of the reformer was actually a com-
pendium of several models. These models were built using COMSOL Multiphysics
software. One set of models was used for studying the fluid flow distribution
within one channel of the HER. This channel is the space created in between two
MPE tubes of the reformer. In this set of models, different inlet/outlet shapes,
channel heights and numbers of inlet/outlets were tested. Another set of models
was used to study the flow distribution in the entire heat transfer fluid side of the
reformer, including the inlet and outlet pipes which were used to distribute the
fluid flow into all channels. More details concerning these models can be found in
Publication II of this dissertation. These models only used the balance equations
for incompressible laminar flow (Table 3).

5.3 Results and discussion

5.3.1 Modeling of lab-scale MSR reactors

5.3.1.1 Kinetic modeling using the tubular reactor

Experiments using the commercial catalysts in the tubular reactor were performed
at low W/F ratios, short catalyst bed lengths and diluted catalyst bed with 50 w-%
SiC in order to reduce the temperature gradients. The experiments at such high
feed flow rates resulted in low conversion of reactants. However, the measured
temperature gradients were rather high, despite the efforts made to minimize
them. The difference between the oven temperature and the temperature meas-
ured in the axis of the catalyst bed reached up to 80 K during operation. For this
reason, the temperature in the kinetic modeling of the experimental results using
the tubular reactor was approximated by calculating the average between the
oven temperature and the temperature at the axis of the catalyst bed.

 The results of the experiments in the tubular reactor were applied to fit the pa-
rameters of the different kinetic models. The number of floating parameters was
kept up to a maximum of four in all the models. The floating parameters were
always the activation energy, the kinetic constant, and the exponents (reaction
orders) for methanol and water. The fixed parameters were always the exponents
for H2 and CO2 for MSR, and all the parameters were fixed for rWGS and WGS. Sá
et al. [88] also calculated the parameters for the kinetic model (9) using Süd
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Chemie G66-MR catalyst, for which their estimated reaction orders for H2 and CO2

were -0.09 and -0.07, respectively [88]. Therefore, these values were also used in
this work to estimate the rest of the parameters in model (9). For model (10), the
values of the stoichiometric reaction orders in the MSR reaction for H2 and CO2

were also employed as fixed values.
A kinetic model (8) was chosen to represent the rate equation of both catalysts

among the three models for two reasons. First, model (8) is simpler and fitted the
experimental data as accurately as the rest of the models. Second, the MSR reac-
tion can be considered irreversible at under these operating conditions because
of the high value of the equilibrium constant, which makes the equilibrium term
of the model (10) negligible. Furthermore, thermodynamic calculations validated
that the methanol steam reforming reaction can be considered irreversible at low
pressures. The equilibrium constant of MSR reaction at temperatures from 423 to
623 K increased from 300 to 10000, respectively.

The order of reaction for water was negligible in the most accurate models for
Süd Chemie catalyst. The main reason could be attributed to correlation between
the parameters of the reaction orders of methanol and water in the parameter
estimation algorithm, owing to the low number of experimental points. For these
reasons, the kinetic model of the MSR reaction for Süd Chemie catalyst is:

= ( ) . (14)

= 4.71 10 exp
82000 (15)

The kinetic model of MSR reaction for BASF catalyst is:

= ( ) . . (16)

( ) = 2.79 10 exp
81700 (17)

Although model (8) was chosen to represent the kinetics for Süd Chemie cata-
lyst, all three models fitted well to the experimental data with R2 over 0.98 in all
cases. In all models, the reaction orders for methanol and water were approxi-
mately 1.0-1.6 and 0, respectively, and the activation energies varied within a
range from 82 to 86 kJ/mol. The activation energies for the three estimated mod-
els agreed with literature information [85,88,98,99].

For BASF catalyst, all three models (8),(9) and (10) fitted well to the experi-
mental data with R2 over 0.99 in all cases. The activation energies varied within a
range from 82 to 88 kJ/mol. The reaction orders for methanol and water were
approximately 0.7-0.8 and 0.2, respectively. Although the absolute values of the
exponents could differ around 50% from those found in the literature, the lower
reaction order of water partial pressure compared to the reaction order of meth-
anol is in agreement with the literature [85,88,98,99]. For example, Frank et al.
[98] obtained for their power law model (the same as model (9)) 0.491 and 0.021
reaction orders for methanol and water, respectively.
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As mentioned above, the tubular reactor was operated under non-isothermal
conditions owing to the high temperature gradients (up to 80 K). Thus, the actual
representation of the catalyst behavior was somewhat uncertain using the kinetic
models estimated with the experimental results obtained using the tubular reac-
tor. For this reason, the MCR was designed and manufactured to be used for ki-
netic modeling purposes. Temperature gradients in the catalyst bed can be re-
duced by increasing the convective heat transfer [100], which is improved by in-
creasing the contact surface area per volume of catalyst bed between gas phase
and the structure of the reactor. Excellent temperature control in the walls of the
reactor can be achieved by using aluminium as constructing material. These two
principles were applied for designing the MCR.

5.3.1.2 Kinetic modeling using the multichannel reactor

The experiments for the new catalyst using the MCR were performed for the op-
erating conditions presented in Table 2. The S/C ratio was fixed because the kinetic
model was employed for that specific S/C for reactor modeling and design pur-
poses. The objective of these experiments was to obtain a wide range of methanol
conversion at different temperatures which would ease the modeling and provide
more reliable models at close to 100% methanol conversion. Furthermore, it was
possible to obtain more reliable models because of the excellent reactor temper-
ature control of the MCR which kept isothermal the walls of the channels of the
reactor. Furthermore, the experiments were performed at lower temperatures
(from 443 to 483 K), at which the catalyst activity is considerably lower. For these
reasons, the reaction temperature was considered to be equal to the average of
the measured temperature measured by thermocouples 1, 2 and 3 in Figure 5 (a).
These thermocouples measured temperature gradients below 0.5 K.

The following equations  present the estimated kinetic model of the new cata-
lyst:

= ( ) . . (18)

( ) = 2.04 10 exp
117000

(19)

In this case, the values of the parameters differ significantly compared to those
found in the literature [85,88,89], despite the agreement between the experi-
mental data and the calculated results using the kinetic model. The activation en-
ergy and kinetic constant are higher compared to values found in the literature,
and the coefficients for methanol and water also disagree with literature data
[85,88,89]. This could be due to the employment of a constant S/C ratio during the
experiments, and the correlation between parameters.

This kinetic model, Equations (18) and (19), together with the model developed
by Purnama et al. [97] for rWGS/WGS reaction, were implemented in a simulation
of a 1D pseudo-homogeneous plug-flow isothermal reactor at different tempera-
tures, W/F ratios and S/C ratio =1.5. Figure 12 shows the results of this simulation
compared with the experimental results obtained for the new catalyst in MCR.
These results can be used for dimensioning the required catalyst amount in a MSR
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reactor. Although these results display deviations with some experimental points
at temperatures 443 and 473 K, these deviations were mainly due to problems
with the stability of the new catalysts and to small fluctuations in the gas analysis
by the GC.

Despite the deviations, Figure 12 highlights the importance of maintaining the
catalyst bed close to isothermal. For example, the W/F ratio to reach 90% metha-
nol conversion is three times higher when the reaction temperature is decreased
only by 20 K (curves for Treactor equal to 483 and 463 K in Figure 12). This means
that the catalyst amount in the reactor would need to be three times higher in
order to reach the same conversion only with a difference of 20 K in the overall
reaction temperature.

Figure 12. Simulated and experimental methanol conversions at different temper-
atures, S/C ratio = 1.5 and different W/F ratios.

5.3.1.3 Simulation results of one single channel of the multichannel reactor

Figure 13 presents simulation results of one single channel of the MCR at different
reactor temperatures, S/C ratio = 1.5 and W/F ratio = 50 (kgcat·s/mol)). For all the
reactor temperatures, a rapid decrease in the temperature was observed imme-
diately after the gases entered the catalyst bed.  Figure 13 (d) shows the axial tem-
perature profile for the simulations in the middle of the channel, where the lowest
temperatures occur in the catalyst bed. The maximum temperature gradients are
around 2, 4 and 6 K at reactor temperatures of 453, 473 and 493 K, respectively.
Thus, temperature gradients increase with increasing reactor temperature be-
cause of the temperature dependence of the catalytic activity. Nevertheless, tem-
perature gradients were considered negligible for kinetic modeling, as they repre-
sent a small deviation from the modeled reaction temperature. In most of the cat-
alyst bed, these gradients are almost equal to zero. Furthermore, the heat con-
ductivity of a real packed bed under the same conditions is expected to be higher
than the assumed heat conductivity (feed gas heat conductivity) of the simula-
tions.
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Figure 13. Simulation results of one single channel of the MCR at different reactor
temperatures, S/C ratio = 1.5 and W/F ratio = 50 (kgcat·s/mol)). (a) Treactor = 453 K.
(b) Treactor = 473 K. (c) Treactor = 493 K. (d) Temperature profile along the central
point of the packed bed at Treactor of 453, 473 and 493 K. (Coloured legends are the
temperatures (K))

5.3.2 Design and performance of the heat exchanger reformer

Two main characteristics of the HER were modified regarding its final design and
testing. First, the initial design of the HER was meant to have inlet and outlet half
pipes attached to the body of the reformer, as shown in Figure 14 (a). However, in
the final design of the HER the pipes were detached from the body due to limita-
tions in the manufacturing process (welding of the aluminum pipes). Second, the
initial project plan was to use a batch of the new catalyst of around 1–2 kg for
filling the HER. However, this was not accomplished in time. For this reason, BASF
RP-60 catalyst was used in the final testing of the HER and its integration with the
fuel cell stack.

Figure 14 shows the simulation results of the heat transfer fluid side of the HER.
The inlet and outlet pipes arrangement of this geometry helped equalize  the pres-
sure of the fluid before and after the inlets and outlets of the channels, respec-
tively (Figure 14 (c)). The pipe which distributed the flow among the channels of
the HER was machined in such a way that one quarter of the pipe was introduced
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inside the channel. This is visible in the zoomed image of Figure 14 (c). This helped
improve the flow distribution in the initial and final parts of the channel by reduc-
ing the dead volume in these areas of the channel. The channel height was fixed
to 4 mm. With these features, the maximum relative difference of volumetric flow
rate between the channels was app. 4%. These results demonstrated that the flow
distribution of the fluid was homogeneous in the entire reformer. This is an im-
portant feature of the HER because unequal flow distribution of the heating fluid
could lead to cold spots in certain areas of the HER. These cold spots would dimin-
ish the reformer performance by leaving unreacted methanol and water in the
reformate.

Figure 14. Simulation results of the heat transfer fluid side of the HER (a) Simulated
geometry (Void created by piping structure highlighted in blue). (b) Fluid velocity
profile of the full geometry with a total oil flow rate of 2 L/min (c) Velocity profiles
of a single channel showing the streamlines. (Coloured legends are the fluid veloc-
ity (m/s)).
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Figure 15 presents the results of the characterization of the HER using BASF cat-
alyst at different temperatures and W/F ratios. Complete conversion of methanol
was measured at 453 K with a W/F ratio of 962 kg·s/mol equivalent to a hydrogen
yield of around 250 L/(h·kgcat). This result is good for a low reforming temperature
in comparison with the work of Pan et al. [101], who reported a hydrogen yield of
200 L/(h·kgcat) at 453 K  using a CuO/ZnO/Al2O3 catalyst.

Figure 15. Heat exchanger reformer experimental results at different tempera-
tures and W/F ratios.

After the separate characterization of the HER, the reformer was integrated with
the HT-PEM fuel cell stack. Information concerning the methods and results of
these experiments can be found in Publication II.
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6. Two-step synthesis of linear hydrocarbons
from CO2

This chapter summarizes the information presented in the Publication III and IV of
this dissertation. References to these publications can be found throughout the
text. This chapter studies the technical feasibility of the production of gas, liquid
and solid hydrocarbons from CO2 and H2 via the two-step synthesis process. Sev-
eral tasks were undertaken to investigate this process.

As part of the two-step synthesis, a high temperature and high pressure rWGS
process was investigated by testing Ni-based and Rh-based catalysts and perform-
ing kinetic modeling of one of the Ni-based catalysts (Publication III). Methanation
reactions of CO and CO2 were also considered. As introduced in Section 2.1.1,
these reactions play an important role at high pressure even when the reaction
temperature is over 973 K. Figure 16 presents a simplified reaction scheme of the
rWGS process at high temperature and pressure. The detailed reaction mecha-
nisms over Ni-based catalyst proposed in other publications [34,42,44,79,102]
were studied and tested with the experimental data of this study. The ultimate

purpose of this work was to gather knowledge and know-how on the rWGS pro-
cess for designing a bench scale rWGS reactor.

As one of the applications of the two-step synthesis, the technical feasibility of
the production of gas, liquid, and solid hydrocarbons from renewable electricity
and carbon dioxide from ambient air was investigated (Publication IV). For this
purpose, a pilot plant comprising direct air capture (DAC) of CO2, H2 production by
water electrolysis, and two-step synthesis bench-scale units was operated using
grid-connected solar photovoltaic (PV) power, water, ambient air, and co-feeding
of H2 and CO from gas bundles to achieve the right scaling between the units of
the system. Figure 17 presents a simplified block diagram of the PtX pilot plant.
This plant was operated continuously during four test campaigns which served as

Figure 16. Reaction scheme of rWGS process.
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a proof-of-concept of the PtX technology using ambient air, water and renewable
electricity as feedstocks. However, this PtX pilot plant was far from optimal. The
study of energy and mass balances of the PtX plant revealed that the overall effi-
ciency of the system could be significantly increased by improving each unit of the
system and enabling heat integration between units.

Figure 17. Simplified block diagram of the PtX pilot plant.

The pilot plant was installed in the premises of Lappeenranta University of Tech-
nology (LUT) during the summer of 2017.

This work also included process concept development of an enhanced PtX plant
using renewable electricity, water, and CO2 from ambient air as the only feedstock
(Publication IV). This task was performed in order to assess the actual potential
and limitations of the PtX plant. For this purpose, the experimental results of the
direct air capture (DAC) performance were compared with literature results relat-
ing to DAC. The means of improving energy efficiency of the PEM electrolysis were
also investigated and compared to other electrolysis technologies. Enhancements
of the two-step synthesis were proposed based on previous publications and pro-
cess simulations. The carbon and energy efficiencies of the synthesis unit can be
significantly improved by modification of the two-step synthesis. Finally, an en-
hanced PtX plant was presented in Publication IV. Figure 18 shows a simplified
block diagram of the enhanced PtX pilot plant presenting the material and energy
connections between units.

Figure 18. Simplified block diagram of the enhanced PtX pilot plant.
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6.1 Experimental work

6.1.1 Reverse Water-Gas shift

The experimental work for rWGS was performed in a packed-bed quartz tubular
reactor. Figure 19 shows the process flow diagram of the experimental set-up. The
operating pressure and temperature of the set-up ranged from 1 to 30 bar and
from 773 to 1123 K, respectively. Table 4 presents a list of tested catalysts, their
composition and their particle size.
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Figure 19. Process flow diagram of the experimental set-up for rWGS experiments.

Table 4: Compositions and particle size of tested catalysts for rWGS.

Catalyst composition Active metal w-% Particle size (μm)
(1) Ni/Al2O3 15 200-300
(2) Ni/Al2O3 2 400-500
(3) Rh/CeO2/Al2O3 unknown 200-300

   Two different sets of experiments were performed. Firstly, three commercial
catalysts were tested with the same experimental conditions and catalyst amount
in the reactor. These experiments were carried out in order to compare the per-
formance of the catalysts. In these experiments, 0.5 grams of catalyst were tested
at fixed space velocity, fixed feed gas composition (42.5, 38.33 and 19.17 vol-% of
N2, H2 and CO2, respectively), atmospheric pressure and 30 bar, and reactor tem-
peratures between 823 and 1123 K. The three catalyst were aged during 20 hr at
reaction conditions (reaction gas composition, atmospheric pressure, and reactor
temperature from 823 to 1123 K) before starting the set of experiments. Secondly,
catalyst 2 was tested for kinetic modeling purposes at different space velocities,
H2/CO2 ratios, pressures and temperatures. In this case, the catalyst was aged dur-
ing a total time of 40 hr at reaction conditions, reactor temperature up to 1123 K,
and at atmospheric pressure and 30 bar. During this set of experiments, catalyst 2
was tested under three different pressure levels; atmospheric, 15 bar and 30 bar.
Two different values of H2/CO2 ratio (2 and 3) were also considered for this set of
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experiments. A table with a summary of the reaction conditions of the two sets of
experiments can be found in Publication III.
   The catalyst were reduced in-situ with a 50/50% H2/N2 gas mixture and a con-
stant flow rate of 1 Nl/min. The H2/N2 gas flow was started with the tubular reactor
at ambient temperature and atmospheric pressure. Then, the temperature was
increased gradually up to 1073 K and then, it was kept constant for two hours.
After the reduction, the reactor was flushed with nitrogen and cooled down to 773
K, at which the reaction experiments started.

6.1.2 Two-step synthesis in a mobile synthesis unit

The experimental work for the two-step synthesis was performed in a container-
sized unit called the mobile synthesis unit (MOBSU), shown in Figure 20 (left). In-
side MOBSU, the two-step synthesis process was built.  Figure 21 presents a sim-
plified process flow diagram of the two-step synthesis. The rWGS module was de-
signed and built by VTT, and the FT module was designed, built, and delivered (in-
cluding control and automation) by INERATEC according to specifications from
VTT.

Figure 20. MOBSU (left) and gas container (right) at the VTT piloting facilities in
Espoo (Finland).
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The rWGS reaction was performed in a fire-proof steel tubular reactor using a
precious metal catalyst. The reactor was sized based on the maximum CO2 pro-
duction capacity of the DAC unit (2 Nl/min of constant flow of CO2). The reactor
was placed inside a tubular oven and it was operated at maximum temperature
and pressure of 1123 K and 10 bar due to safety restrictions relating to limitations
of the construction material of the reactor. The feed gas composition for the rWGS
was adjusted for producing an outlet gas composition with a H2/CO ratio of 2.1,
matching that required for the FTS process. An air-driven piston compressor com-
pressed the syngas produced by the rWGS to over 20 bar (the operating pressure
of the FTS reactor).

The FTS was performed using an industrial cobalt-based catalyst in a plate-type
microstructured heat exchanger reactor cooled by high-pressure boiling water.
Figure 22 presents the operating principle of the FTS reactor. The FTS micro-struc-
tured heat exchanger reactor was the property of INERATEC. The reactor was di-
mensioned for inlet flow rates up to 2 Nm3/h of CO and 4 Nm3/h of H2. However,
the FTS module employed approx. 1 Nm3/h of CO and 2 Nm3/h of H2 during the
test campaigns presented in this work. The FTS module used co-feeding of CO and
H2 to match the feed requirements, because of the limitations of CO2 production
from the DAC unit and H2 production from the electrolysis unit. The FTS reactor
was operated at 503–513 K and approx. 20 bar. The FTS outlet product was sepa-
rated by condensation at 438–443 K in the hot trap (wax product) and subse-
quently, at 278–283 K in the cold trap (liquid product), as shown in Figure 21. This
liquid product consisted of an aqueous phase and an oil phase. The product gas
composition was analyzed using an online GC. The composition of the wax and
liquid products was analyzed by offline GC.

Figure 22. Scheme of the operating principle of the FTS reactor.

   The PtX pilot plant ran during four test campaigns, weeks 24, 26, 28 and 32 of
2017. More details concerning the pilot plant and the experimental procedure can
be found in Publication IV.

6.2 Modeling work

6.2.1 Kinetic modeling

Kinetic modeling was performed for the rWGS process over catalyst 2 (presented
in Section 6.1.1). The parameter estimation of the kinetic models was performed
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using Matlab by minimization of the SSR of measured and simulated outlet molar
flow rates. A 1D pseudo-homogeneous plug-flow reactor model was employed for
modeling the reactor in the parameter estimation and for simulations for compar-
ison of the results. Fugacity coefficients using the gas composition and reaction
conditions of the experiments were calculated using Aspen Plus software. These
calculations revealed that the gas mixture could be assumed to follow ideal gas
behavior for all the tested experimental conditions.

Four different kinetic models were evaluated in this study; one power-law
model and three models based on assumed reaction mechanisms on the active
sites of a metal catalyst. The first model was the power law model, which was the
simplest model of all. This model considered the reaction equilibrium of each re-
action. The second model was the kinetic model developed by Xu and Froment
[42], which was applied without any modifications. The third model was derived
and modified for rWGS and methanation reactions from the reaction mechanisms
proposed by Hou and Hughes [79]. The fourth model was derived from the reac-
tion mechanisms proposed by Hakeem et al.[34] for rWGS, and by Alstrup [102] as
well as Weatherbee [44] for methanation reactions. All models used the Arrhenius
and van’t Hoff equations to calculate the temperature dependence of rate con-
stants and adsorption equilibrium constants of the models.

Chemical equilibrium calculations were performed using HSC 6.2 from Outotec
[103]. These calculations were used for catalyst performance assessment. The re-
action equilibrium constants for the kinetic models were calculated using the tem-
perature dependent relationships developed by Swickrath et al. [74] for the three
reactions. Calculations using these relationships were compared to equilibrium
calculations using HSC to check their validity.More information about kinetic mod-
eling and the assumed reaction mechanisms can be found in Publication III.

6.2.2 Process modeling of the enhanced two-step synthesis

This study performed simulations of an enhanced two-step process for maximizing
the carbon and energy efficiency of the process. Figure 23 shows a simplified pro-
cess flow diagram of the enhanced two-step process. The process is similar to the
MOBSU process but includes the three main changes mentioned at the beginning
of this chapter. The enhanced process was simulated entirely using Aspen Plus
software. The simulations used the Soave-Redlich-Kwong base method for prop-
erty calculations. The chemical energy of the inlet and outlet streams was calcu-
lated using the higher heating values (HHV). Olefins and alcohols were not consid-
ered, in order to simplify the simulations. Only paraffinic products from C1 to C25

were considered in the simulation, in which the components with a longer carbon
chain than C25 were lumped as C25 by weight quantity. The reverse Water-Gas
shift/catalytic partial oxidation (rWGS/CPO) reactor was simulated by an adiabatic
Gibbs reactor. This reactor calculates the outlet gas composition by minimization
of Gibbs free energy of the components at given inlet stream composition, pres-
sure and temperature. The FTS reactor was simulated by a stoichiometric reactor,
in which the extent of each synthesis reaction from C1 to C25 was specified using
CO and H2 as reactants. Thus, a total of twenty-five reactions were considered in
the FTS reactor.



51

H2 from
Electrolysis

CO2 from
DAC

H2O

Compressor

Condenser

FTS
reactor

HE-2

Hot
Trap

FT
Wax

HE-DAC2

Cold
Trap

FT
Liquids

Purge
Gas

HE-1

HE-DAC1

HE-3

O2 from
Electrolysis

Recirculation gas

Make-up
 gas

rWGS/CPO
reactor

Figure 23. Simplified process flow diagram of the enhanced two-step process.

6.3 Results and discussion

6.3.1 Reverse Water-Gas shift

Thermodynamic equilibrium calculations were performed in the experimental
conditions. The analysis of these results revealed that the most favorable condi-
tions for CO formation are high temperature and low pressure. A maximum of ap-
prox. 70 % CO2 conversion can be achieved at 1123 K, H2/CO2 ratio = 2 and atmos-
pheric pressure. Under these conditions only CO is formed. Methane formation
increases considerably at high pressure compared to atmospheric pressure, even
at high temperature.

The catalyst screening experiments were performed in different operating con-
ditions and at fixed space velocity. Figures comparing the performance of the
three catalyst together with the thermodynamic equilibrium calculations can be
found in Publication III. The two Ni-based catalysts, with 15 w-% and 2 w-% Ni
content, and the Rh-based catalyst are referred in the following text as catalyst 1,
catalyst 2 and catalyst 3, respectively.

During the catalyst screening tests, every catalyst was tested under reaction
conditions for approx. 60 hr. Then, catalyst 2 was tested for kinetic modeling for
approx. 130 hr. In all these tests, the first experimental set point was repeated
every 20 hours to check the catalyst stability. Although the total operating times
of the catalysts are relatively low, they are enough to make a preliminary assess-
ment of the catalyst stability for the initial stabilization period. Catalysts 1 and 2
exhibited significant activity decrease during the initial stabilization period, which
simultaneously increased catalyst selectivity towards CO formation. These cata-
lysts went through an initial stabilization period of approx. 40 hr. After this period,
their catalytic activity remained constant. Operating at 30 bar pressure increased
the speed of this initial deactivation for both catalyst 1 and catalyst 2. Catalyst 3
displayed a complete stable catalytic activity throughout the entire operating
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time. Ni-based catalysts still displayed higher activity than the Rh-based catalyst
even after the initial stabilization period.

All catalysts generally exhibited higher selectivity towards CO formation than to
CH4 formation. CO formation reached values over the thermodynamic equilibrium
values when considering both CH4 and CO as possible products in the thermody-
namic equilibrium calculations. However, CO formation remained below the ther-
modynamic equilibrium values when considering only CO as possible product. This
proved that the reaction rate for rWGS reaction is significantly faster than for
methanation reactions. Catalyst 1 showed higher selectivity toward CH4 formation
than catalyst 2. Overall, catalyst 2 displayed the highest CO formation yields com-
pared to the rest of catalysts. On the basis of these results, catalyst 2 was selected
for kinetic modeling.

The parameters of the four kinetic models were estimated using the experi-
mental results of the second set of experiments for catalyst 2. The calculations of
internal mass transfer for catalyst 2 (particle size 400-500 m) revealed diffusion
limitations for catalysts at particle sizes over 200 m and thus, this study referred
to apparent kinetic and adsorption constants. The model of Hou and Hughes, and
Xu and Froment both provided rather similar fits with experimental data. How-
ever, the estimated parameters of the Hou and Hughes model presented higher
cross-correlations compared to the Xu and Froment model. Overall, the Xu and
Froment model provided the better description of the kinetics of the rWGS pro-
cess over Ni/Al2O3 with 2 w-% of Ni (catalyst 2).More details of the analysis of the
experimental results, estimated kinetic models and statistical analysis of the esti-
mated parameters can be found in Publication III.

6.3.2 Two-step synthesis in a mobile synthesis unit

The performance of the rWGS reactor in the MOBSU was stable throughout all the
test campaigns. The CO2 and H2 conversion remained unchanged at steady-state
operation, with values of 63% and 34%, respectively. The temperature at the bot-
tom of the catalyst and the pressure of the reactor also remained constant, with
values of 1081 K and 4 bar, respectively. The products were mainly CO, H2O and a
small amount of CH4. The yields of CO and CH4 were 61.7% and 1.3%, respectively.

The CO conversion in the FTS reactor was continuously monitored and showed
a constant decline which appeared to stabilize after continuous operation (Figure
24 (a)). The initial stabilization period was attributed to the increasing mass trans-
fer limitations on the catalyst surface resulting from the formation and accumula-
tion of the heavier fraction of the FTS products in catalyst particles, i.e., blocking
the active sites of the catalyst. The CO conversion started at around 70% and ap-
peared to stabilize around 50%. The H2 conversion was always slightly lower than
the CO conversion because of the composition of the gas feedstock of the FTS re-
actor, with a H2/CO ratio of approx. 2.1. For example, the H2 conversion was 58.5%
when the CO conversion was 60.3%. Using these values, the overall CO2 and H2

conversions after the rWGS and FTS steps were 38% and 72.6%, respectively. Fig-
ure 24 (b) shows the molar fraction of each component considering their amount
in the oil and wax product. In this figure, the slopes of the Anderson-Schulz-Flory
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(ASF) distributions with alpha values of 0.875 and 0.935 are compared to the ex-
perimental distribution. The slope of the FTS product with a lower carbon number
(<C27) matches to the ASF distribution with an alpha value of 0.875. The C30+ dis-
tribution matches to an ASF distribution with an alpha value equal to 0.935. Similar
deviation of FT product distribution combining two different alpha values has also
been reported in the literature [35,81].  The FTS product distribution with devia-
tion from ideal ASF distribution indicates two different active sites in the Co-based
catalyst [36]. The FTS aqueous phase contained significant amounts of linear alco-
hols with a chain length up to eight.

Figure 24. Measurements of FTS synthesis. (a) CO conversion over time for each
test campaign. (b) Molar fraction of the components contained in the sum of oil
and wax product, and ASF distributions. These products were collected after the
first day of operation in week 32.

These results served as a basis for improving the two-step synthesis process. A
significant part of the hydrogen passed through the synthesis process without re-
acting. Consequently, it affected the energy efficiency of the process because hy-
drogen was the main energy carrier in the system. 59.5% of the carbon ended up
forming FTS products. This number reduced to 38% when only the carbon con-
tained in the CO2 was considered. This was due to the conversion limitation of the
two-step process. This conversion limitation can be overcome by applying three
main changes to the two-step synthesis process:

- Recirculation of unreacted gases and FTS gas product back to the first step
of the process.

- Transforming the first step to a combination of rWGS and catalytic partial
oxidation (CPO) by addition of O2 to the feed gas.

- Operating both steps at the same pressure.

6.3.3 Enhanced two-step synthesis

Figure 23 shows a simplified process flow diagram of the enhanced two-step pro-
cess. Heat exchangers (HE-DAC1 and HE-DAC2) are introduced in the process to
harvest heat from the hot effluent streams. This heat can partly cover the heat
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requirements of the DAC unit. The recirculated stream is 95% of the outlet gas
stream and the rest is purged. The recirculated gas mixture is composed of H2

(52 vol-%), CO (29 vol-%), CO2 (13 vol-%) and light hydrocarbons (6 vol-%). These
light hydrocarbons are mainly methane (3.9 vol-%), small amounts of ethane (0.6
vol-%), propane (0.5 vol-%), butane (0.3 vol-%), pentane (0.2 vol-%), and other hy-
drocarbons (<0.1 vol-%).

In the enhanced two-step synthesis, part of the O2 produced by the water elec-
trolysis is mixed with the make-up gas of the process. The amount of oxygen is
adjusted for an overall O/C ratio of the feed to the first step equal to 1.6. This value
is similar to values found in the literature for CPO of light hydrocarbons
[10,31,104–106]. The make-up gas is also adjusted for an H2/CO2 ratio of approx.
3.3 in order to maintain an H2/CO ratio of 2 before the FTS reactor. The tempera-
ture of the outlet gas of the rWGS/CPO reactor increases only approx. 10 K com-
pared with the inlet temperature of the reactor owing to the heat produced by the
CPO reactions. The pressure of the rWGS/CPO is increased to the FTS pressure (20
bar) and thus, compression is relieved between the rWGS/CPO and FTS steps. Con-
sequently, the inlet temperature of the rWGS/CPO also have to be increased to
approx. 1253 K in order to maintain the methane concentration at the outlet of
the reactor to approx. 1 vol-%. A centrifugal compressor or a blower is required in
the recirculated stream in order to overcome the pressure drop generated in the
rWGS/CPO and the FTS steps. The operating conditions of the FTS reactor remain
the same as those of the MOBSU (503 –513 K and 20 bar). In this case, the product
distribution of the FTS is considered to follow only one ASF distribution, with an
alpha value equal to 0.88.

6.3.4 Comparison between the Power-to-X pilot plant and the
improved Power-to-X plant concept

The improved PtX plant is conceived with several differences compared to the PtX
pilot plant. The main differences are commented in Publication IV. The main target
of these modifications is to increase the carbon and energy efficiencies of the PtX
plant. The carbon and energy efficiencies are defined as follows:

Figure 25 and Figure 26 present the Sankey diagrams of the carbon and energy
flows of the PtX pilot plant and the improved PtX plant, respectively. The carbon
efficiency of the PtX pilot plant is 60% compared to 95% in the case of the im-
proved PtX plant. In fact, the carbon efficiency is 94% when considering liquid and
wax hydrocarbons as the final products. The energy efficiency of the PtX pilot plant
is 40% compared to 50% in the case of the improved PtX plant considering all the
FTS products. Energy efficiency decreases to 47% when only FTS oil and wax are
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considered as final products. It is important to mention that the carbon and energy
efficiencies of the PtX pilot plant would be significantly reduced if the only sources
of carbon and hydrogen were the DAC unit and water electrolysis unit, respec-
tively.

More information related to the PtX pilot plant and improved PtX plant can be
found in Publication IV.

Figure 25: Mass and energy balance of the PtX pilot plant based on experi-
mental results. (a) Carbon mass flows (kg/h). (b) Chemical and electric power
flows (kW).
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Figure 26: Mass and energy balance of the improved PtX concept. (a) Carbon
mass flows (kg/h). (b) Chemical and electric power flows (kW).
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7. CO2 Methanation
This chapter summarizes the information presented in the Publication V of this
dissertation. References to this publication can be found throughout the text. This
chapter investigates the reactor intensification for the CO2 methanation process.
In this case, reactor intensification is achieved using a highly active coated Ni-Hy-
drotalcite catalyst combined with the excellent temperature control, homogene-
ous flow distribution and high surface area of a plate type heat exchanger reactor
with corrugated plates.

As mentioned in Section 2.2, hydrotalcite (HT) supported nickel catalysts have
high activity towards CO2 methanation [6,45–48] owing to their high capacity for
CO2 adsorption and high dispersion of nickel accomplished by HT support. Thus,
HT is able to significantly enhance CO2 methanation activity compared to tradi-
tional impregnated Ni/Al2O3 catalysts.

Runaway of reaction temperature in the catalyst bed in a methanation reactor
is a very common problem because of the high exorthermicity of the CO and CO2

methanation reactions. This can occur even in heat exchanger fixed-bed reactors
when only CO2 and H2 are fed without dilution [49].

The work presented in this chapter and in Publication V investigates the utiliza-
tion heat exchanger structured reactors with coated  catalysts for CO2 methana-
tion. A laboratory scale heat exchanger reactor was developed in order to produce
necessary data for kinetic modeling of a Ni-HT coated catalyst. The results of the
laboratory experiments and the modeling work are summarized in this chapter.
Additionally, this study provided a new approach towards heat exchanger struc-
tured reactors. Heat exchanger reactors with microchannel plates require complex
and expensive techniques for manufacturing the structured plates. On the other
hand, heat exchanger reactors with corrugated plates (Figure 27) have a simpler
manufacturing process because corrugated plates are manufactured by mechani-
cal forming. Moreover, microchannel plates lose part of the contact surface area
with the fluid when two plates are stacked one on top of another, and present
problems for homogeneous distribution of the fluid flow among the channels
[94][107]. Corrugated plates also exhibit better suitability for scaling up of the re-
actor, as plate type heat exchangers are well established in industry. In this chap-
ter a summary is also presented of the methodology and results on modeling of a
plate heat exchanger reactor with corrugated plates.
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Figure 27. Plate type heat exchanger (left) and chiral corrugated plates (right). Im-
age generated from a CAD drawing from [108].

7.1 Experimental work

Figure 28 shows the experimental set-up for obtaining the experimental results
used in parameter estimation of the kinetic models. The CO2 methanation reactor
was constructed out of an autoclave. The autoclave vessel was filled with heat
transfer fluid (Therminol 62, Eastman Chemicals) and the original cooling coil of
the autoclave was replaced with a helical tube internally coated with Ni-hy-
drotalcite catalyst. This reactor allowed very good temperature control in the en-
tire helical tube owing to the constant stirring of the heat transfer fluid. The tem-
perature control of the reactor was performed by combining an external heating
jacket with temperature measurement inside the heat transfer fluid bath. The re-
actor was placed into an experimental set-up that included bottled gas feeds. The
purity grade of the gases (supplied by AGA) were 4.0, 5.0 and 5.0 for CO2, H2 and
N2, respectively. The gas samples were analyzed by an online gas chromatograph
which was calibrated for N2, CO, CO2, CH4 and H2. The gas chromatograph was a
Shimadzu GC-2010 Plus, mounted with thermal conductivity detector and Shincar-
bon ST micro-packed column (2 m × 0.53 mm ID, 80/100 mesh).

The catalyst was prepared using the following chemicals: nickel (II) nitrate hex-
ahydrate (Sigma Aldrich, >97%), magnesium nitrate hexahydrate (Merck, 99%),
and aluminium nitrate 9-hydrate (Riedel-de Haën, 98.5%). Once the hydrotalcite
powder was prepared, a slurry was made out of this powder. Then, the slurry was
washcoated on the internal surface of a one meter long tube with a 2 mm inner
radius and 3 mm outer radius. This tube was helically shaped before the washcoat-
ing process. After this, the tube was assembled into the autoclave. The total
amount of Ni-HT catalyst coated on the walls of the reactor was 2.185 grams and
the catalyst layer thickness ranged between 50 to 150 m. The catalyst was re-
duced in-situ at 923 K for 2 hours with 50/50 vol% H2/N2 of 0.5 Nl/min. A picture
of the coated helical tube and the autoclave can be found in Publication V.
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Figure 28. Scheme of the experimental set-up for kinetic modeling of coated
methanation catalyst.

The experimental conditions include in the experimental matrix comprised
three temperatures (523, 548 and 568 K), two pressures (1 and 5 bar), two H2/CO2

ratios (4 and 6) and three feed flow rates (0.25, 1 and 2 Nl/min). Thus, the experi-
mental matrix had a total of 36 experimental points and thus included all the pos-
sible combinations of the tested conditions.

7.2 Modeling work

Several reactor models were developed for different modeling purposes. These
models were developed for kinetic modeling, validation of results, model simplifi-
cation, validation of modeling approach, and assessment of reactor performance.
1D, 2D-axial symmetry and 3D reactor models were built for the lab-scale tubular
reactor and the plate type heat exchanger reactor. The parameter estimation for
kinetic modeling and for the 1D reactor model were performed using Matlab. The
2D and 3D reactor models were constructed using COMSOL Multiphysics.

7.2.1 Lab-scale reactor

Figure 29 shows a block diagram summarizing the tasks performed for modeling
the lab-scale heat exchanger reactor. Firstly, estimation of the parameters of ki-
netic models was carried out by minimization of the SSR between the model and
experimental results. One power law model and one LHHW model were employed
for parameter estimation. Secondly, simulations of the 3D model of the helical re-
actor and the 2D axial symmetry model of a straight tubular reactor were per-
formed without reaction. The gas flow distributions of these models were com-
pared. These results were employed to set the grounds for simplification of the
reactor model. Thirdly, the 2D non-isothermal reactor model was employed for
assessment of temperature gradients in the tubular reactor. The results led to fur-
ther simplification of the model. Fourthly, simulations using the 2D isothermal
model were performed for each of the operating points of the experimental work.
Finally, the experimental, 1D model and 2D model results were compared, which
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served for validation of the kinetic model and the modeling approach. Publication
V contains more details about how the models were built.

Figure 29. Block diagram of the tasks performed for modeling the lab-scale reac-
tor.

7.2.2 Plate heat exchanger reactor

Figure 30 shows a block diagram summarizing the tasks performed for modeling
the bench-scale plate type heat exchanger reactor. Firstly, simulations of the 3D
model of the corrugated pattern and the 2D model of the flat channel were per-
formed without reaction, and the values for the permeability and the Forchheimer
drag of the “porous media” of the flat channel were estimated. Secondly, 3D sim-
ulations of the reactor were performed without reaction. These simulations
served to assess the gas flow distribution between the channels of the reactor,
and set the grounds for simplification of the model. Finally, 3D simulations of one
channel of the reactor were performed in order to assess the performance of the
reactor under different operating conditions. Publication V contain more details
about how the models were built.
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Figure 30. Block diagram of the tasks performed for modeling the bench-scale
plate type heat exchanger reactor.

7.3 Results and discussion

7.3.1 Kinetics of coated nickel-hydrotalcite catalyst

The experimental work was accomplished successfully without signs of catalyst
deactivation between the first and the last of the 36 planned experiments. The
catalyst stabilized after minor initial deactivation during the first 2 hours in the
reaction conditions. Experimental set points were repeated periodically in order
to control the stability of the catalyst. No signs of catalyst deactivation was ob-
served after the initial stabilization period. Calculation of the mass balances for N,
O, H and C revealed that five of the experiments were flawed, with high relative
error in the mass balances. This problem was caused by the gas analysis results.
The five faulty experiments were discarded from further usage in results analysis
and parameter estimation.

Internal mass transfer limitations of Ni-hydrotalcite coated catalyst layer were
assessed using the Weisz-Prater criterion, chemical properties of the components
and properties of Ni-hydrotalcite catalysts from the literature [45,46,109–112].
These calculations made it possible to neglect internal mass transfer limitations in
the models of the reactor.

Both power law and LHHW models exhibited good agreement with experi-
mental data. The power law model presented about half of the SSR compared to
the LHHW model. The comparison between predicted and experimental results
using the models revealed that the power law model shows a systematic deviation
by overestimating the reaction rate at high CO2 conversions. The same effect was
observed by Schlereth et al. [76] when using the power law models in their com-
parison between modelled and experimental results. For this reason, the LHHW
model was selected to represent the kinetics of methanation reaction in the plate
type heat exchanger reactor. More details about the results from the parameter
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estimation and the statistical analysis of the estimated parameters can be found
in Publication V.

7.3.2 Comparison of modeling results of the lab-scale reactor

Comparison of the simulation results for the 3D model of the helical tubular reac-
tor and 2D axial symmetry model of a straight tubular reactor revealed that the
gas flow distribution remained identical at gas flow rates below 0.4 Nl/min, The
gas flow distribution started to differ at flow rates over 0.4 Nl/min but the differ-
ences were not significant. For this reason, the geometry of the tubular reactor
was simplified to a straight tubular reactor. Thus, the helical tubular reactor could
be simulated using a 2D axial symmetry model.

Simulation results of the 2D non-isothermal reactor model showed that the tem-
perature gradients between the heat transfer fluid bath and the hottest spot in
the tubular reactor remained below two degrees for all the simulated experi-
mental conditions. These results highlighted the ability of heat exchanger reactors
with coated catalyst on the reactor wall to control the reaction temperature of the
methanation reaction when the feed gas contains only H2 and CO2. This reactor
also allowed excellent temperature control at high pressure. Conventional heat
exchanger packed bed reactors display hot spot formation at the beginning of the
reactor for non-diluted H2 and CO2 feed gas. For lab and industrial scale reactors,
this issue generally requires dilution of gas feed with N2 or steam, dilution of the
catalyst bed with inert particles or recirculation of part of the product gases
[8,37,48,76]. For example, Abate et al. [48] performed experiments for CO2

methanation in the lab-scale using particulate Ni-HT catalyst. They diluted the feed
gas (10% H2 and 2.5% CO2, i.e. H2/CO2=4) with N2 (87.5 vol-%) in a 4 mm diameter
fixed-bed tubular reactor in order to avoid hot spot formation and run away of the
reaction temperature in their experiments at atmospheric pressure.

The results of the 2D non-isothermal reactor also set the grounds for further
simplification of the reactor model to an isothermal reactor model. This isother-
mal reactor model was employed for simulating the lab-scale reactor for all the
experimental conditions tested for kinetic modeling. Figure 31, Figure 32 and
Figure 33 present the simulation results using the 2D isothermal reactor model,
the simulation results using the 1D reactor model and the experimental results,
under different reaction conditions. These results validated the good representa-
tion of the kinetic model and also validated the modeling methodology used for
kinetic modeling. Thus, the 1D plug-flow reactor model was sufficient for repre-
senting the reactor performance in the parameter estimation.
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Figure 31. Experimental results and results from the 1D and 2D models using the
LHHW model with the estimated parameters. Feed gas composition from experi-
ments and a total flow rate of 0.25 Nl/min. (a) Atmospheric pressure and H2/CO2

ratio  4. (b) Atmospheric pressure and H2/CO2 ratio  6. (c) 5 bar pressure and
H2/CO2 ratio  4. (d) 5 bar pressure and H2/CO2 ratio  6.

Figure 32. Experimental results and results from the 1D and 2D models using the
LHHW model with the estimated parameters. Feed gas composition from experi-
ments and a total flow rate of 1 Nl/min. (a) Atmospheric pressure and H2/CO2 ratio
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 4. (b) Atmospheric pressure and H2/CO2 ratio  6. (c) 5 bar pressure and H2/CO2

ratio  4. (d) 5 bar pressure and H2/CO2 ratio  6.

Figure 33. Experimental results and results from the 1D and 2D models using the
LHHW model with the estimated parameters. Feed gas composition from experi-
ments and a total flow rate of 2 Nl/min. (a) Atmospheric pressure and H2/CO2 ratio

 4. (b) Atmospheric pressure and H2/CO2 ratio  6. (c) 5 bar pressure and H2/CO2

ratio  4. (d) 5 bar pressure and H2/CO2 ratio  6.

   More details about the simulation results obtained for the lab-scale reactor can
be found in Publication V.

7.3.3 Modeling results of the plate heat exchanger reactor

The pressure drop along the x and z directions of the corrugated pattern were
compared with the pressure drop of a flat channel with “porous media” with dif-
ferent values of permeability ( ) and Forchheimer drag ( F). The corrugated pat-
tern produced different pressure drops depending on the direction of the flow
through the corrugated pattern. Using these results, the values of  and F were
estimated for the flat channel. These values served for simplification of the geom-
etry of the reactor channels.

The 3D simulations of the reaction side of the reactor showed that the gas flow
was homogeneously distributed between the channels of the reactor. The flow
rate relative difference between channels was less than 2%. Furthermore, the flow
distribution within the channel for 2 and 4 Nl/min feed flow rates displayed almost
flat velocity profiles at the center of the channel.

Figure 34 presents the simulation results of the 3D model of one channel of the
reactor using the LHHW model to describe the reaction kinetics. The reactor



65

achieves an outlet CO2 conversion of 92% for 2 Nl/min (GHSV  4400 hr-1), 5 bar
and 573 K, as shown in Figure 34 (b).

Figure 34. CO2 conversion profiles for one channel of the plate heat exchanger
reactor at 5 bar. (a) Feed flow rate of 2 Nl/min (GHSV  4400 hr-1) and 553 K. (b)
Feed flow rate of 2 Nl/min (GHSV  4400 hr-1) and 573 K. (c) Feed flow rate of 4
Nl/min (GHSV  8800 hr-1) and 553 K. (d) Feed flow rate of 4 Nl/min (GHSV  8800
hr-1) and 573 K.
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8. Summary and conclusions
The aim of this dissertation was to study reactor intensification for CO2 methana-
tion, two-step synthesis of linear hydrocarbons from CO2, and methanol steam re-
forming (MSR). This was accomplished by investigating the experimental perfor-
mance and modeling results of gas-solid catalytic reactors with special focus on
heat exchanger reactors. Mainly two heat exchanger reactors were studied in this
dissertation a heat exchanger fixed-bed reactor for MSR and a heat exchanger
structured reactor for CO2 methanation. The reactor intensification of the first
step of the two-step synthesis was also studied. A combination of rWGS and CPO
reactor was proposed for both enabling recirculation of FTS gaseous effluent back
to the first step, and for removing the need for an external heat source for carrying
the rWGS reaction.

In MSR, a conventional tubular reactor with diluted catalyst bed provided unre-
liable results for kinetic modeling owing to the temperature gradients formed in
the catalyst bed. On the other hand, the use of a non-conventional fixed-bed mul-
tichannel reactor provided reliable experimental results for kinetic modeling of
MSR catalyst owing to the good temperature control of the reactor in the catalyst
bed. Thus, multichannel reactors with particulate catalyst represent a good solu-
tion for maximizing the performance of the MSR catalyst. A similar approach was
employed for designing the bench-scale heat exchanger fixed-bed reformer. The
multi-port extruded aluminum tubes provided an excellent environment for inten-
sifying the heat exchange between the catalyst bed and the heat transfer fluid.
The MSR reaction cannot occur without heat. Therefore it is crucial to ensure a
homogenous flow distribution of heat transfer fluid in the entire reformer. Reactor
modeling of the heat transfer fluid side of the reformer revealed the best perform-
ing geometries for the inlet and outlet manifold, pipes and channels. The reformer
manufactured considering all these design features allowed thermal and material
integration with the PEM fuel cell stack which increases the overall energy effi-
ciency of the electric power generator.

Regarding the two-step synthesis, two Ni-based and one Rh-based catalysts
were tested under atmospheric and 30 bar pressure in order to investigate the
suitability of these catalysts for the rWGS process. Although the Ni-based catalysts
displayed a strong decrease in activity during the initial stabilization period, they
still performed with higher activity than the Rh-based catalyst. In fact, the selec-
tivity towards CO formation increased for the Ni-based catalyst during the initial
stabilization. The catalyst with the lower Ni content exhibited higher selectivity
towards CO formation. This catalyst was selected for kinetic modeling, in which
kinetic models assuming reactions to occur on the same active sites of the Ni/Al2O3
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catalyst gave the best fit between model and experimental data. Based on these
results and the statistical analysis of the estimated parameters, the model of Xu
and Froment was selected for describing the rWGS process.

The two-step synthesis of linear hydrocarbons from CO2 was experimentally
tested in the MOBSU by combining an rWGS reactor as the first step and a FTS
reactor as the second step. This unit, fed with CO2 captured by DAC, H2 produced
by water electrolysis, and H2 and CO from gas bundles, achieved a combined pro-
duction of around 6 kg/day of liquid hydrocarbons and waxes. The FTS product
distribution exhibited deviation from ideal ASF distribution, which indicated the
presence of two different active sites in the Co-based catalyst. The rWGS achieved
63% conversion of CO2 and the FTS reactor 60% conversion of CO, thus providing
an overall CO2 conversion of 38%. This partial conversion of CO2 is due to the ther-
modynamically limited rWGS reaction and the limited performance of the FTS re-
actor. These limitations are difficult to overcome completely even in industrial
conditions both for rWGS and FTS reactors.

For overcoming these limitations, an enhanced two-step synthesis process is
proposed, in which both steps are operated at the same pressure and the effluent
gases from the FTS reactor are recirculated back to the first step. The combination
of rWGS with CPO reactions (by addition of O2) in the first step allows decomposi-
tion of the light hydrocarbons of the recirculated gas, and autothermal operation
of the reactor. The main disadvantage of this approach is the consumption of H2

by the added O2. In the proposed improved PtX plant sized for a 1 MWe PEM elec-
trolysis, the O2 consumes a H2 amount equivalent to around 50 kW of chemical
energy. This represents around 5% of the total energy input of the theoretical PtX
plant. Despite this energy loss, the theoretical PtX plant achieves 47% energy effi-
ciency towards the production of liquid hydrocarbons and waxes. This plant also
achieves 94% carbon efficiency considering liquid hydrocarbons and waxes as final
products. Thus, a PtX plant for production of linear hydrocarbons from renewable
electricity, water and CO2 from ambient air is a viable process with promising en-
ergy and carbon efficiencies.

The modeling of a heat exchanger structured reactor coated with Ni-HT catalyst
was supported by experimental work, kinetic modeling and different reactor mod-
els. Kinetic modeling of coated catalyst using the lab-scale heat exchanger reactor
proved to be a reliable method on the basis of comparison between experiments,
the 1D plug-flow model and the 2D axial symmetry model of the reactor. Thus, the
1D plug-flow pseudo-homogeneous model becomes sufficiently accurate for esti-
mating the extent of reaction in a long tubular reactor with internal catalytically
coated walls. The autoclave heat exchanger reactor allowed excellent tempera-
ture control in the entire helical tubular reactor. The LHHW kinetic model proved
to be more suitable than the power law model for describing the kinetics of CO2

methanation over the Ni-HT catalyst. However, the LHHW model also exhibited
limitations for extrapolating results at high pressure. This indicated that the reac-
tion mechanism described by the model might not be suitable for CO2 methana-
tion over Ni-HT. A detailed study of the reaction mechanism would be required in
order to unveil the actual reaction mechanism of the CO2 methanation reaction
over Ni-HT catalyst.
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The corrugated plates of the heat exchanger CO2 methanation reactor allow
good flow distribution between and within the channels of the reactor. The simu-
lated heat exchanger reactor achieved 92% CO2 conversion at GHSV = 4400 hr-1,
573 K and 5 bar, thanks to the high activity displayed by Ni-HT coated catalyst,
homogeneous flow distribution and high surface area of the reactor. As a conclu-
sion, corrugated plates proved to be a suitable alternative to microchannel plates.
Furthermore, corrugated plates represent an easier case for scaling up the reactor
to industrial scale.



70



71

References
[1] M. Aresta, Carbon Dioxide as Chemical Feedtock, Wiley-VCH, 2010.

[2] P.G. Jessop, T. Ikariya, R. Noyori, Homogeneous Hydrogenation of Carbon
Dioxide, Chem. Rev. 95 (1995) 259–272.

[3] C.H. Huang, C.S. Tan, A review: CO2 utilization, Aerosol Air Qual. Res. 14
(2014) 480–499. doi:10.4209/aaqr.2013.10.0326.

[4] C. Song, Global challenges and strategies for control, conversion and
utilization of CO2 for sustainable development involving energy, catalysis,
adsorption and chemical processing, Catal. Today. 115 (2006) 2–32.
doi:10.1016/J.CATTOD.2006.02.029.

[5] A. Dibenedetto, A. Angelini, P. Stufano, Use of carbon dioxide as feedstock
for chemicals and fuels: homogeneous and heterogeneous catalysis, J.
Chem. Technol. Biotechnol. 89 (2014) 334–353. doi:10.1002/jctb.4229.

[6] K. Stangeland, D. Kalai, Z. Yu, CO2 Methanation: The Effect of Catalysts and
Reaction Conditions, Energy Procedia. 105 (2017) 2022–2027.
doi:10.1016/J.EGYPRO.2017.03.577.

[7] D. Schollenberger, S. Bajohr, M. Gruber, R. Reimert, T. Kolb, Scale-Up of
Innovative Honeycomb Reactors for Power-to-Gas Applications - The
Project Store&Go, Chem. Ing. Tech. 90 (2018) 696–702.
doi:10.1002/cite.201700139.

[8] M. Lehner, R. Tichler, H. Steinmüller, M. Koppe, Power-to-Gas : Technology
and Business Models, 1st editio, Springer, 2014.

[9] W. Wei, G. Jinlong, Methanation of carbon dioxide: an overview, Front.
Chem. Sci. Eng. 5 (2010) 2–10. doi:10.1007/s11705-010-0528-3.

[10] L. Basini, A. Guarinoni, Short Contact Time Catalytic Partial Oxidation {SCT-
CPO} for Synthesis Gas Processes and Olefins Production, Ind. Eng. Chem.
Res. 52 (2013) 17023–17037.

[11] H.M.T. Galvis, K.P. De Jong, Catalysts for Production of Lower Olefins from
Synthesis Gas : A Review, ACS Catal. 3 (2013) 2130–2149.
doi:10.1021/cs4003436.

[12] P. Kaiser, R.B. Unde, C. Kern, A. Jess, Production of liquid hydrocarbons with
CO2 as carbon source based on reverse water-gas shift and fischer-tropsch
synthesis, Chemie-Ingenieur-Technik. 85 (2013) 489–499.
doi:10.1002/cite.201200179.

[13] G.A. (George A. Olah, A. Goeppert, G.K.S. Prakash, Beyond oil and gas : the
methanol economy, Wiley-VCH, 2009.



72

[14] A. Goeppert, M. Czaun, J.-P. Jones, G.K. Surya Prakash, G.A. Olah, Recycling
of carbon dioxide to methanol and derived products – closing the loop,
Chem. Soc. Rev. 43 (2014) 7995–8048. doi:10.1039/C4CS00122B.

[15] S. Kar, J. Kothandaraman, A. Goeppert, G.K.S. Prakash, Advances in catalytic
homogeneous hydrogenation of carbon dioxide to methanol, J. CO2 Util. 23
(2018) 212–218. doi:10.1016/J.JCOU.2017.10.023.

[16] S.G. Jadhav, P.D. Vaidya, B.M. Bhanage, J.B. Joshi, Catalytic carbon dioxide
hydrogenation to methanol: A review of recent studies, Chem. Eng. Res.
Des. 92 (2014) 2557–2567. doi:10.1016/J.CHERD.2014.03.005.

[17] S. Moret, P.J. Dyson, G. Laurenczy, Direct synthesis of formic acid from
carbon dioxide by hydrogenation in acidic media, Nat. Commun. 5 (2014)
4017. doi:10.1038/ncomms5017.

[18] C. Fink, M. Montandon-Clerc, G. Laurenczy, Hydrogen Storage in the Carbon
Dioxide – Formic Acid Cycle, Chim. Int. J. Chem. 69 (2015) 746–752.
doi:10.2533/chimia.2015.746.

[19] A. Weilhard, M.I. Qadir, V. Sans, J. Dupont, Selective CO2 Hydrogenation to
Formic Acid with Multifunctional Ionic Liquids, ACS Catal. 8 (2018) 1628–
1634. doi:10.1021/acscatal.7b03931.

[20] D. Ballivet-Tkatchenko, A. Dibenedetto, Carbon Dioxide as Chemical
Feedstock to Linear and Cyclic Carbonates, in: M. Aresta (Ed.), Carbon
Dioxide as Chem. Feed., Wiley-VCH, 2010: p. 394.

[21] CO  as a raw material | Covestro, (n.d.). https://www.co2-
dreams.covestro.com/en (accessed December 8, 2017).

[22] D.J. Darensbourg, J.R. Andreatta, A.I. Moncada, Polymers from Carbon
Dioxide: Polycarbonates, Polythiocarbonates, and Polyurethanes, in: M.
Aresta (Ed.), Carbon Dioxide as Chem. Feed., Wiley-VCH, 2010: p. 394.

[23] I. Romão, M. Slotte, L.M. Gando-Ferreira, R. Zevenhoven, CO2
sequestration with magnesium silicates-Exergetic performance
assessment, Chem. Eng. Res. Des. 92 (2014) 2072–2082.
doi:10.1016/j.cherd.2014.05.016.

[24] S.A. Walling, J.L. Provis, Magnesia-Based Cements: A Journey of 150 Years,
and Cements for the Future?, Chem. Rev. 116 (2016) 4170–4204.
doi:10.1021/acs.chemrev.5b00463.

[25] M.P. Bailey, CarbonCure and Airgas to collaborate on CO2 utilization
projects - Chemical Engineering | Page 1, (2018).
http://www.chemengonline.com/carboncure-and-airgas-to-collaborate-
on-co2-utilization-
projects/?marketo_id=12561994&mkt_tok=eyJpIjoiWXpJNU1HUmxORGRt
TWpJNCIsInQiOiIwaFJXeUU3MmpaT0kwbFhNMHZtNWxrdVRKbVhDZHZrO



73

EtYVTg3Z0E0ME1yQ00xMURnbHQ4RmdoYURNUkQ2UWNkUWNUSFZm
(accessed May 10, 2018).

[26] Mineral Carbonation International - Orica, (n.d.).
http://www.orica.com/About-Us/Innovation---Technology/mineral-
carbonation-international#.Wh-q2VVl_DA (accessed November 30, 2017).

[27] J. Koponen, A. Kosonen, V. Ruuskanen, K. Huoman, M. Niemelä, J. Ahola,
Control and energy efficiency of PEM water electrolyzers in renewable
energy systems, Int. J. Hydrog. Energy. 42 (2017) 29648–29660.
doi:10.1016/j.ijhydene.2017.10.056.

[28]  a G. Kharaji, M. a Takassi,  a Shariati, Activity and Stability of Fe-V2O5 / -
Al2O3 Nanocatalyst in the Reverse Water Gas Shift ( RWGS ) Reaction, 30
(2012) 118–123.

[29] A.G. Kharaji, A. Shariati, M.A. Takassi, A Novel -Alumina Supported Fe-Mo
Bimetallic Catalyst for Reverse Water Gas Shift Reaction, Chinese J. Chem.
Eng. 21 (2013) 1007–1014. doi:10.1016/S1004-9541(13)60573-X.

[30] R.B. Unde, Kinetics and Reaction Engineering Aspects of Syngas Production
by the Heterogeneously Catalysed Reverse Water Gas Shift Reaction, PhD
Propos. 1 (2012). doi:10.1017/CBO9781107415324.004.

[31] Q. Sun, J. Ye, C. Liu, Q. Ge, In2O3 as a promising catalyst for CO2 utilization:
A case study with reverse water gas shift over In2O3, Greenh. Gases Sci.
Technol. 2 (2012) 408–418. doi:10.1002/ghg.

[32] L. Wang, S. Zhang, Y. Liu, Reverse water gas shift reaction over Co-
precipitated Ni-CeO2 catalysts, J. Rare Earths. 26 (2008) 66–70.
doi:10.1016/S1002-0721(08)60039-3.

[33] C.S. Chen, W.H. Cheng, S.S. Lin, Study of iron-promoted Cu/SiO2 catalyst on
high temperature reverse water gas shift reaction, Appl. Catal. A Gen. 257
(2004) 97–106. doi:10.1016/S0926-860X(03)00637-9.

[34] A.A. Hakeem, M. Li, R.J. Berger, F. Kapteijn, M. Makkee, Kinetics of the high
temperature water–gas shift over Fe2O3/ZrO2, Rh/ZrO2 and
Rh/Fe2O3/ZrO2, Chem. Eng. J. 263 (2015) 427–434.
doi:10.1016/j.cej.2014.10.104.

[35] M. Hillestad, Modeling the Fischer-Tropsch Product Distribution and Model
Implementation, Chem. Prod. Process Model. 10 (2015) 147–159.
doi:10.1515/cppm-2014-0031.

[36] G.A. Huff, C.N. Satterfield, Evidence for two chain growth probabilities on
iron catalysts in the Fischer-Tropsch synthesis, J. Catal. 85 (1984) 370–379.
doi:10.1016/0021-9517(84)90226-4.

[37] K. Ghaib, F.-Z. Ben-Fares, Power-to-Methane: A state-of-the-art review,



74

Renew. Sustain. Energy Rev. 81 (2018) 433–446.
doi:10.1016/j.rser.2017.08.004.

[38] M. Götz, J. Lefebvre, F. Mörs, A. McDaniel Koch, F. Graf, S. Bajohr, R.
Reimert, T. Kolb, Renewable Power-to-Gas: A technological and economic
review, Renew. Energy. 85 (2016) 1371–1390.
doi:10.1016/J.RENENE.2015.07.066.

[39] W. Wei, G. Jinlong, Methanation of carbon dioxide: an overview, Front.
Chem. Sci. Eng. 5 (2011) 2–10. doi:10.1007/s11705-010-0528-3.

[40] P. Frontera, A. Macario, M. Ferraro, P. Antonucci, Supported Catalysts for
CO2 Methanation: A Review, Catalysts. 7 (2017) 59.
doi:10.3390/catal7020059.

[41] S. Rönsch, J. Schneider, S. Matthischke, M. Schlüter, M. Götz, J. Lefebvre, P.
Prabhakaran, S. Bajohr, Review on methanation – From fundamentals to
current projects, Fuel. 166 (2016) 276–296.
doi:10.1016/J.FUEL.2015.10.111.

[42] J. Xu, G.F. Froment, Methane steam reforming, methanation and water-gas
shift: I. Intrinsic kinetics, AIChE J. 35 (1989) 88–96.
doi:10.1002/aic.690350109.

[43] M. Swickrath, M. Anderson, The Development of Models for Carbon Dioxide
Reduction Technologies for Spacecraft Air Revitalization, 42nd Int. Conf.
Environ. Syst. (2012) 1–19. doi:10.2514/6.2012-3586.

[44] G.D. Weatherbee, Hydrogenation of CO2 on group VIII metals II. Kinetics
and mechanism of CO2 hydrogenation on nickel, J. Catal. 77 (1982) 460–
472.

[45] C.V. Miguel, M.A. Soria, A. Mendes, L.M. Madeira, A sorptive reactor for
CO2 capture and conversion to renewable methane, Chem. Eng. J. 322
(2017) 590–602. doi:10.1016/J.CEJ.2017.04.024.

[46] D. Wierzbicki, R. Debek, M. Motak, T. Grzybek, M.E. Gálvez, P. Da Costa,
Novel Ni-La-hydrotalcite derived catalysts for CO2 methanation, Catal.
Commun. 83 (2016) 5–8. doi:10.1016/J.CATCOM.2016.04.021.

[47] L. He, Q. Lin, Y. Liu, Y. Huang, Unique catalysis of Ni-Al hydrotalcite derived
catalyst in CO2 methanation: cooperative effect between Ni nanoparticles
and a basic support, J. Energy Chem. 23 (2014) 587–592.
doi:10.1016/S2095-4956(14)60144-3.

[48] S. Abate, K. Barbera, E. Giglio, F. Deorsola, S. Bensaid, S. Perathoner, R.
Pirone, G. Centi, Synthesis, Characterization, and Activity Pattern of Ni–Al
Hydrotalcite Catalysts in CO 2 Methanation, Ind. Eng. Chem. Res. 55 (2016)
8299–8308. doi:10.1021/acs.iecr.6b01581.



75

[49] S. Rieke, Power-to-Gas-Anlagen Bau und Betrieb einer 6-MW-Anlage in
Werlte, 2016. www.vde-
suedbayern.de%2Fresource%2Fblob%2F842012%2F061b1950ff17ae21c68
774bd0d798379%2Fdownload20160317-data.pdf&u.

[50] Power-to-Gas | Hitachi Zosen Inova AG, (n.d.). http://www.hz-
inova.com/cms/en/home?page_id=4896&lang=de (accessed May 12,
2018).

[51] Haldor Topsøe, From solid fuels to substitute natural gas (SNG) using
TREMP, 2009.
http://scholar.google.com/scholar?hl=en&btnG=Search&q=intitle:From+s
olid+fuels+to+substitute+natural+gas+(SNG)+using+TREMP?#4.

[52] K. Beckman, World’s first power-to-liquids production plant opened in
Dresden, (2014). http://energypost.eu/worlds-first-power-liquids-
production-plant-opened-dresden/ (accessed May 13, 2018).

[53] Our biorefineries | Velocys, (n.d.). https://www.velocys.com/our-
biorefineries/ (accessed May 13, 2018).

[54] S. LeViness, S.R. Deshmukh, L.A. Richard, H.J. Robota, Velocys Fischer–
Tropsch Synthesis Technology—New Advances on State-of-the-Art, Top.
Catal. 57 (2014) 518–525. doi:10.1007/s11244-013-0208-x.

[55] Technology – INERATEC, (2017). http://ineratec.de/technologien/?lang=en
(accessed May 13, 2018).

[56] World’s Largest CO2 Methanol Plant — CRI - Carbon Recycling International,
(n.d.). http://carbonrecycling.is/george-olah/2016/2/14/worlds-largest-
co2-methanol-plant (accessed January 4, 2018).

[57] A. Iulianelli, S. Liguori, J. Wilcox, A. Basile, Advances on methane steam
reforming to produce hydrogen through membrane reactors technology: A
review, Catal. Rev. 58 (2016) 1–35. doi:10.1080/01614940.2015.1099882.

[58] G.H. Graaf, E.J. Stamhuis, A.A.C.M. Beenackers, Kinetics of Low-Pressure
Methanol Synthesis, Chem. Eng. J. 43 (1988) 3185–3195.

[59] J.G. van Bennekom, R.H. Venderbosch, J.G.M. Winkelman, E. Wilbers, D.
Assink, K.P.J. Lemmens, H.J. Heeres, Methanol synthesis beyond chemical
equilibrium, Chem. Eng. Sci. 87 (2013) 204–208.
doi:10.1016/j.ces.2012.10.013.

[60] B. Haut, V. Halloin, H. Ben Amor, Development and analysis of a
multifunctional reactor for equilibrium reactions: Benzene hydrogenation
and methanol synthesis, Chem. Eng. Process. Process Intensif. 43 (2004)
979–986. doi:10.1016/j.cep.2003.09.006.

[61] G. Kolb, Review: Microstructured reactors for distributed and renewable



76

production of fuels and electrical energy, Chem. Eng. Process. Process
Intensif. 65 (2013) 1–44. doi:10.1016/j.cep.2012.10.015.

[62] P. Pfeifer, K. Schubert, M.A. Liauw, G. Emig, Electrically Heated
Microreactors for Methanol Steam Reforming, Inst. Chem. Eng. 81 (2003)
711–720.

[63] Y. Men, G. Kolb, R. Zapf, H. Löwe, Selective methanation of carbon oxides
in a microchannel reactor—Primary screening and impact of gas additives,
Catal. Today. 125 (2007) 81–87. doi:10.1016/J.CATTOD.2007.02.017.

[64] O. Görke, P. Pfeifer, K. Schubert, Highly selective methanation by the use of
a microchannel reactor, Catal. Today. 110 (2005) 132–139.
doi:10.1016/J.CATTOD.2005.09.009.

[65] N. Engelbrecht, S. Chiuta, R.C. Everson, H.W.J.P. Neomagus, D.G.
Bessarabov, Experimentation and CFD modelling of a microchannel reactor
for carbon dioxide methanation, Chem. Eng. J. 313 (2017) 847–857.
doi:10.1016/j.cej.2016.10.131.

[66] P. Piermartini, T. Boeltken, M. Selinsek, P. Pfeifer, Influence of channel
geometry on Fischer-Tropsch synthesis in microstructured reactors, Chem.
Eng. J. 313 (2017) 328–335. doi:10.1016/j.cej.2016.12.076.

[67] A. Delparish, A.K. Avci, Intensified catalytic reactors for Fischer-Tropsch
synthesis and for reforming of renewable fuels to hydrogen and synthesis
gas, Fuel Process. Technol. 151 (2016) 72–100.
doi:10.1016/J.FUPROC.2016.05.021.

[68] J.C. Park, N.S. Roh, D.H. Chun, H. Jung, J.-I. Yang, Cobalt catalyst coated
metallic foam and heat-exchanger type reactor for Fischer–Tropsch
synthesis, Fuel Process. Technol. 119 (2014) 60–66.
doi:10.1016/J.FUPROC.2013.10.008.

[69] M.-S. Shin, N. Park, M.-J. Park, K.-W. Jun, K.-S. Ha, Computational fluid
dynamics model of a modular multichannel reactor for Fischer-Tropsch
synthesis: Maximum utilization of catalytic bed by microchannel heat
exchangers, Chem. Eng. J. 234 (2013) 23–32. doi:10.1016/j.cej.2013.08.064.

[70] Z. Liang, P. Gao, Z. Tang, M. Lv, Y. Sun, Three dimensional porous Cu-Zn/Al
foam monolithic catalyst for CO2 hydrogenation to methanol in
microreactor, J. CO2 Util. 21 (2017) 191–199.
doi:10.1016/J.JCOU.2017.05.023.

[71] X.K. Phan, J.C. Walmsley, H. Bakhtiary-Davijany, R. Myrstad, P. Pfeifer, H.
Venvik, A. Holmen, Pd/CeO2 catalysts as powder in a fixed-bed reactor and
as coating in a stacked foil microreactor for the methanol synthesis, Catal.
Today. 273 (2016) 25–33. doi:10.1016/J.CATTOD.2016.02.047.

[72] B.H. Davis, Fischer-Tropsch synthesis: Overview of reactor development



77

and future potentialities, Top. Catal. 32 (2005) 143–168.
doi:10.1007/s11244-005-2886-5.

[73] J.S. Kim, H.K. Kim, S.B. Lee, M.J. Choi, K.W. Lee, Y. Kang, Characteristics of
carbon dioxide hydrogenation in a fluidized bed reactor, Korean J. Chem.
Eng. 18 (2001) 463–467. doi:10.1007/BF02698291.

[74] M. Swickrath, M. Anderson, The Development of Models for Carbon Dioxide
Reduction Technologies for Spacecraft Air Revitalization, 42nd Int. Conf.
Environ. Syst. (2012) 1–19. doi:10.2514/6.2012-3586.

[75] J. Kopyscinski, Production of synthetic natural gas in a fluidized bed reactor,
(2010) 1–252. doi:10.3929/ethz-a-006031831.

[76] D. Schlereth, Lehrstuhl I für Technische Chemie Kinetic and Reactor
Modeling for the Methanation of Carbon Dioxide, (2015).

[77] X. Wang, Y. Hong, H. Shi, J. Szanyi, Kinetic modeling and transient DRIFTS–
MS studies of CO2 methanation over Ru/Al2O3 catalysts, J. Catal. 343
(2016) 185–195. doi:10.1016/J.JCAT.2016.02.001.

[78] F. Bustamante, R.M. Enick,  a. V. Cugini, R.P. Killmeyer, B.H. Howard, K.S.
Rothenberger, M. V. Ciocco, S. Morreale, B. D. Chattopadhyay, S. Shi, High-
Temperature Kinetics of the Homogeneous Reverse Water-Gas Shift
Reaction, AIChE J. 50 (2004) 1028–1041. doi:10.1002/aic.10099.

[79] K. Hou, R. Hughes, The kinetics of methane steam reforming over a Ni/ -
Al2O catalyst, Chem. Eng. J. 82 (2001) 311–328. doi:10.1016/S1385-
8947(00)00367-3.

[80] S. Mousavi, A. Zamaniyan, M. Irani, M. Rashidzadeh, Generalized kinetic
model for iron and cobalt based Fischer–Tropsch synthesis catalysts:
Review and model evaluation, Appl. Catal. A Gen. 506 (2015) 57–66.
doi:10.1016/J.APCATA.2015.08.020.

[81] M. Ostadi, E. Rytter, M. Hillestad, Evaluation of kinetic models for Fischer-
Tropsch cobalt catalysts in a plug flow reactor, Chem. Eng. Res. Des. 114
(2016) 236–246. doi:10.1016/j.cherd.2016.08.026.

[82] D. Schlereth, O. Hinrichsen, A fixed-bed reactor modeling study on the
methanation of CO2, Chem. Eng. Res. Des. 2 (2013).

[83] D.R. Palo, R.A. Dagle, J.D. Holladay, Methanol Steam Reforming for
Hydrogen Production, Chem. Rev. 107 (2007) 3992–4021.

[84] G. a Olah, Beyond oil and gas: the methanol economy., Angew. Chem. Int.
Ed. Engl. 44 (2005) 2636–9. doi:10.1002/anie.200462121.

[85] J. Agrell, H. Birgersson, M. Boutonnet, Steam reforming of methanol over a
Cu / ZnO / Al 2 O 3 catalyst : a kinetic analysis and strategies for suppression
of CO formation, J. Power Sources. 106 (2002) 249–257.



78

[86] L. Guczi, A. Erdôhelyi, Catalysis for Alternative Energy Generation, Springer,
2012. http://books.google.fi/books?id=XhEW66m8eWEC.

[87] B.A. Peppley, J.C. Amphlett, L.M. Kearns, R.F. Mann, Methanol-steam
reforming on Cu / ZnO / Al 2 O 3 catalysts . Part 2 . A comprehensive kinetic
model, Appl. Catal. A Gen. 179 (1999) 31–49.

[88] S. Sá, J.M. Sousa, A. Mendes, Steam reforming of methanol over a
CuO/ZnO/Al2O3 catalyst, part I: Kinetic modelling, Chem. Eng. Sci. 66 (2011)
4913–4921. doi:10.1016/j.ces.2011.06.063.

[89] S.R. Samms, R.F. Savinell, Kinetics of methanol-steam reformation in an
internal reforming fuel cell, J. Power Sources. 112 (2002) 13–29.

[90] P. Pfeifer, A. Kölbl, K. Schubert, Kinetic investigations on methanol steam
reforming on PdZn catalysts in microchannel reactors and model transfer
into the pressure gap region, Catal. Today. 110 (2005) 76–85.
doi:10.1016/j.cattod.2005.09.014.

[91] R.-Y. Chein, Y.-C. Chen, J.N. Chung, Thermal resistance effect on methanol-
steam reforming performance in micro-scale reformers, Int. J. Hydrogen
Energy. 37 (2012) 250–262. doi:10.1016/j.ijhydene.2011.09.070.

[92] J.S. Suh, M.T. Lee, R. Greif, C.P. Grigoropoulos, Transport phenomena in a
steam-methanol reforming microreactor with internal heating, Int. J.
Hydrogen Energy. 34 (2009) 314–322. doi:10.1016/j.ijhydene.2008.09.049.

[93] S.W. Perng, R.F. Horng, H.W. Ku, Effects of reaction chamber geometry on
the performance and heat/mass transport phenomenon for a cylindrical
methanol steam reformer, Appl. Energy. 103 (2013) 317–327.
doi:10.1016/j.apenergy.2012.09.045.

[94] J.Y. Jang, C.H. Cheng, Y.X. Huang, C.I. Lee, C.H. Leu, Optimal design of
parallel channel patterns in a micro methanol steam reformer, Int. J.
Hydrogen Energy. 37 (2012) 16974–16985.
doi:10.1016/j.ijhydene.2012.08.042.

[95] R.J. Berger, J. Pérez-Ram rez, F. Kapteijn, J. a. Moulijn, Catalyst performance
testing: the influence of catalyst bed dilution on the conversion observed,
Chem. Eng. J. 90 (2002) 173–183. doi:10.1016/S1385-8947(02)00078-5.

[96] B.E. Poling, J.M. Prausnitz, J.P. O’Connell, THE PROPERTIES Of GASES AND
LIQUIDS, Fifth, McGRAW-HILL, 2001.

[97] H. Purnama, T. Ressler, R.. Jentoft, H. Soerijanto, R. Schlögl, R. Schomäcker,
CO formation/selectivity for steam reforming of methanol with a
commercial CuO/ZnO/Al2O3 catalyst, Appl. Catal. A Gen. 259 (2004) 83–94.
doi:10.1016/j.apcata.2003.09.013.

[98] B. Frank, F. Jentoft, H. Soerijanto, J. Krohnert, R. Schlogl, R. Schomacker,



79

Steam reforming of methanol over copper-containing catalysts: Influence
of support material on microkinetics, J. Catal. 246 (2007) 177–192.
doi:10.1016/j.jcat.2006.11.031.

[99] S. Patel, K.K. Pant, Experimental study and mechanistic kinetic modeling for
selective production of hydrogen via catalytic steam reforming of methanol,
Chem. Eng. Sci. 62 (2007) 5425–5435. doi:10.1016/j.ces.2007.01.044.

[100] A. Montebelli, C. Giorgio, G. Groppi, E. Tronconi, C. Ferreira, S. Kohler,
Enabling small-scale methanol synthesis reactors through the adoption of
highly conductive structured catalysts, Catal. Today. 215 (2013) 176–185.
doi:10.1016/j.cattod.2013.02.020.

[101] C. Pan, R. He, Q. Li, J.O. Jensen, N.J. Bjerrum, H.A. Hjulmand, A.B. Jensen,
Integration of high temperature PEM fuel cells with a methanol reformer, J.
Power Sources. 145 (2005) 392–398.
doi:10.1016/J.JPOWSOUR.2005.02.056.

[102] I. Alstrup, On the Kinetics of Co Methanation on Nickel Surfaces, J. Catal.
151 (1995) 216–225. doi:10.1006/jcat.1995.1023.

[103] Outotec, HSC 6.2 Chemistry, (2006).

[104] M.W. Smith, D. Shekhawat, Catalytic Partial Oxidation, 2011.
doi:10.1016/B978-0-444-53563-4.10005-7.

[105] J.K. Hong, L. Zhang, M. Thompson, W. Wei, K. Liu, Effect of Sulfur Poisoning
in High Pressure Catalytic Partial Oxidation of Methane over Rh-Ce/Al2O3
Catalyst, Ind. Eng. Chem. Res. 50 (2011) 4373–4380.
doi:10.1016/j.jcat.2008.02.010.

[106] A. Guarinoni, R. Ponzo, L.E. Basini, Hydrogen Production with Short Contact
Time - Catalytic Partical Oxidation of Hydrocarbons and Oxygenated
Compounds: Recent Advances in Pilot- and Bench-scale Testing and Process
Design, in: Futur. Role Hydrog. Petrochemistry Energy Supply, 2010.

[107] D. Zeng, M. Pan, Y. Tang, Qualitative investigation on effects of manifold
shape on methanol steam reforming for hydrogen production, Renew.
Energy. 39 (2012) 313–322. doi:10.1016/j.renene.2011.08.027.

[108] Plate heat exchanger /Sondex/ - STEP / IGES,SOLIDWORKS - 3D CAD model
- GrabCAD, (n.d.). https://grabcad.com/library/plate-heat-exchanger-
sondex-1 (accessed March 7, 2018).

[109] H.S. Fogler, Elements of Chemical Reaction Engineering, Fourth, Prentice
Hall PTR, 2006. http://books.google.fi/books?id=Z5ZoQgAACAAJ.

[110] T.O. Salmi, J.P. Mikkola, J.P. Warna, Chemical reaction engineering and
reactor technology, 1st editio, CRC Press, 2010.

[111] C. García-Sancho, R. Guil-López, L. Pascual, P. Maireles-Torres, R.M.



80

Navarro, J.L.G. Fierro, Optimization of nickel loading of mixed oxide catalyst
ex -hydrotalcite for H 2 production by methane decomposition, Appl. Catal.
A Gen. 548 (2017) 71–82. doi:10.1016/j.apcata.2017.07.038.

[112] Zou Yong,  and Vera Mata, A.E. Rodrigues*, Adsorption of Carbon Dioxide
onto Hydrotalcite-like Compounds (HTlcs) at High Temperatures, (2000).
doi:10.1021/IE000238W.



-o
tl

a
A

D
D

 
13

2
/

 8
10

2

 +a
hadi

a*GM
FTSH

9  NBSI 0-7038-06-259-879  )detnirp( 
 NBSI 7-8038-06-259-879  )fdp( 
 NSSI 4394-9971  )detnirp( 
 NSSI 2494-9971  )fdp( 

 
ytisrevinU otlaA  

gnireenignE lacimehC fo loohcS  
gnireenignE lacigrullateM dna lacimehC fo tnemtrapeD  

 if.otlaa.www

 + SSENISUB
 YMONOCE

 
 + TRA

 + NGISED
 ERUTCETIHCRA

 
 + ECNEICS

 YGOLONHCET
 

 REVOSSORC
 

 LAROTCOD
 SNOITATRESSID

 z
eu

qz
á

V l
ad

i
V 

oc
si

cn
ar

F
 y

rt
si

me
hc

 1
C 

de
ta

le
r 

dn
a 

no
it

az
ili

tu
 2

O
C 

ro
f 

no
it

ac
fii

sn
et

ni 
ro

tc
ae

R
 y

ti
sr

ev
i

n
U 

otl
a

A

 8102

 gnireenignE lacigrullateM dna lacimehC fo tnemtrapeD

rof noitacfiisnetni rotcaeR  
detaler dna noitazilitu 2OC  

 yrtsimehc 1C

 zeuqzáV ladiV ocsicnarF

 LAROTCOD
 SNOITATRESSID


	Aalto_DD_2018_231_Vazguez_verkkoversio



