
 

-o
tl

a
A

D
D

 
6

91
/

 6
10

2

 +b
jdah

a*GM
FTSH

9  NBSI 1-9307-06-259-879  )detnirp( 
 NBSI 7-0407-06-259-879  )fdp( 

 L-NSSI  4394-9971
 NSSI 4394-9971  )detnirp( 
 NSSI 2494-9971  )fdp( 

 
ytisrevinU otlaA  

ygolonhceT lacimehC fo loohcS  
ygolonhceT lacimehC dna ygolonhcetoiB fo tnemtrapeD  

 if.otlaa.www

 + SSENISUB
 YMONOCE

 
 + TRA

 + NGISED
 ERUTCETIHCRA

 
 + ECNEICS

 YGOLONHCET
 

 REVOSSORC
 

 LAROTCOD
 SNOITATRESSID

 i
vr

äji
kr

u
K i

tt
n

A
 s

se
co

rP
 n

oi
tc

ar
tx

E l
au

D 
gn

is
U 

yr
ev

oc
e

R l
on

at
ub

oi
B

 y
ti

sr
ev

i
n

U 
otl

a
A

 6102

 ygolonhceT lacimehC dna ygolonhcetoiB fo tnemtrapeD

gnisU yrevoceR lonatuboiB  
 ssecorP noitcartxE lauD

 ivräjikruK ittnA

FEED

SOLVENT

RAFFINATE

EXTRACT

 LAROTCOD
 SNOITATRESSID



 seires noitacilbup ytisrevinU otlaA
SNOITATRESSID LAROTCOD  691 /  6102

lauD gnisU yrevoceR lonatuboiB  
 ssecorP noitcartxE

 ivräjikruK ittnA

fo rotcoD fo eerged eht rof detelpmoc noitatressid larotcod A  
eht fo noissimrep eht htiw ,dednefed eb ot )ygolonhceT( ecneicS  

cilbup a ta ,ygolonhceT lacimehC fo loohcS ytisrevinU otlaA  
6102.01.12 no loohcs eht fo 2eK llah erutcel eht ta dleh noitanimaxe  

 .21 ta

 ytisrevinU otlaA
 ygolonhceT lacimehC fo loohcS

 ygolonhceT lacimehC dna ygolonhcetoiB fo tnemtrapeD
 yrtsimehc lairtsudnI



 rosseforp gnisivrepuS
 sueapolA elliV rosseforP

 
 rosivda sisehT

 nenotheL ahuJ rosseforP
 

 srenimaxe yranimilerP
 nedewS ,ytisrevinU dnuL ,ihccaZ odiuQ rosseforP

 ynamreG ,ytisrevinU nehcaA HTWR ,tdrauqraM gnagfloW rosseforP
 

 tnenoppO
 dnalniF ,otsipoily nuluO ,nenaksnaT ahuJ rosseforP

 seires noitacilbup ytisrevinU otlaA
SNOITATRESSID LAROTCOD  691 /  6102

 
 ©  ivräjikruK ittnA

 
 NBSI 1-9307-06-259-879  )detnirp( 
 NBSI 7-0407-06-259-879  )fdp( 

 L-NSSI  4394-9971
 NSSI 4394-9971  )detnirp( 
 NSSI 2494-9971  )fdp( 

 7-0407-06-259-879:NBSI:NRU/if.nru//:ptth
 

 yO aifarginU
 iknisleH  6102

 
 dnalniF

 



 tcartsbA
  otlaA 67000-IF ,00011 xoB .O.P ,ytisrevinU otlaA  if.otlaa.www

 rohtuA
 ivräjikruK ittnA

 noitatressid larotcod eht fo emaN
 ssecorP noitcartxE lauD gnisU yrevoceR lonatuboiB

 rehsilbuP  ygolonhceT lacimehC fo loohcS
 tinU  ygolonhceT lacimehC dna ygolonhcetoiB fo tnemtrapeD

 seireS seires noitacilbup ytisrevinU otlaA  SNOITATRESSID LAROTCOD  691 /  6102
 hcraeser fo dleiF  ygolonhcet ssecorP ,yrtsimehc lairtsudnI

 dettimbus tpircsunaM  6102 enuJ 51  ecnefed eht fo etaD  6102 rebotcO 12
 )etad( detnarg hsilbup ot noissimreP  6102 tsuguA 13  egaugnaL  hsilgnE

 hpargonoM  noitatressid elcitrA  noitatressid yassE

 tcartsbA
morf lonatub fo yrevocer eht rof sessecorp levon owt tneserp ot saw siseht siht fo esoprup ehT  

eht selbane ,dohtem )ED( noitcartxE lauD eht ,sessecorp eseht fo enO .serutxim suoeuqa etulid  
eseht yllanoitidarT .noitcartxe ni stnevlos evitceffe yrev tub ,elbitapmocoib-non fo egasu  
ylgnorts ro llik dluow yeht sa elbacilppa neeb ton evah stnenopmoc elbulos retaw ylthgils  

noitcartxe lanoitidda na gniylppa yb skrow ssecorp ED ehT .seborcim noitcudorp eht tibihni  
elbitapmocoib-non eht evomer ot si siht fo noitcnuf niam ehT .noitcartxe niam eht retfa  

eht ot kcab htorb noitatnemref eht elcycer ot efas ti gnikam suht ,htorb eht morf tnenopmoc  
 .retnemref

hgih rieht fo esuaceb ,noitcartxe niam eht rof stnevlos tseb eht era slohocla taht dnuof saw tI  
evitceffe yrev eb nac yeht tub ,elbitapmocoib ton era stnevlos esehT .seiticapac noitcartxe  

nac tnempiuqe rellams suht dna tnevlos fo stnuoma rellams taht gninaem ,EBA rof stnatcartxe  
noitpmusnoc ygrene ,ssecorp ED htiW .noitpmusnoc ygrene derewol snaem osla sihT .desu eb  

gk JM 4 ylno fo 1- dna ,erutaretil ni detroper eulav tsewol eht si hcihw ,deveihca saw lonatub  
gk JM 3.3( lonatub fo eulav gnitaeh rewol eht fo %01 si hcihw tegrat degdelwonkca eht ot esolc -

1 yrev evah esehT .senakla eb ot dnuof saw tnevlos dnoces eht rof noitpo tseb ehT .)lonatub  
eht fo noitcartxe eht ni evitceffe yrev era yeht tub ,EBA sdrawot ycneicfife noitcartxe detimil  

osla nac stnevlos noitcartxe rehto ,dnah rehto eht nO .elbitapmocoib era yeht dna tnevlos tsrfi  
EEAT dna EMAT ,EBTE ,EBTM ;setanegyxo enilosag elpmaxe roF .ssecorp ED eht ni desu eb  
gnisu nehW .htorb eht morf lonatuboib tcartxe ot enatcoosi htiw noitcnujnoc ni desu eb dluoc  

evitidda enilosag a sa yltcerid desu eb dluoc erutxim tcudorp eht ,stnevlos noitcartxe sa eseht  
 .snoitarepo tinu gnimusnoc ygrene dna evisnepxe yna tuohtiw

ssecorp siht nI .esoprup emas eht rof depoleved saw ssecorp rehtona osla ,ED ot noitidda nI  
eht gnitanimile suht ,stcudorp noitatnemref eht morf decudorp era stnevlos noitcartxe eht lla  

,ssecorp )DR( noitallitsiD evitcaeR eht dellac saw sihT .stnevlos pu-ekam yna esahcrup ot deen  
htiw derapmoc nehW .sretse fo erutxim a si secudorp ssecorp siht tnevlos noitcartxe eht dna  

yllacitcarp eriuqer dluow sessecorp eseht taht detacidni snoitamitse tsoc yranimilerp eht ,ED  
eht fo noitpmusnoc ygrene eht ,ED htiw derapmoc nehw ,revewoH .tsoc tnemtsevni lacitnedi  

dedeen eht fo tsoc eht nehW .egral sa semit flah a dna owt revo eb ot dnuof saw ssecorp DR  
DR eht fo stsoc gnitarepo eht ,tnuocca otni nekat saw ssecorp ED eht ni tnevlos pu-ekam  

ED eht fo ytilibatfiorp eht erofereht dna eunever selas eht ,oslA .egral sa eciwt emaceb ssecorp  
.owt eseht fo noitpo lacimonoce erom ssecorp ED eht gnikam ,rehgih eb ot dnuof saw ssecorp  

dluow noitatnemref EBA eht ,ssecorp ED gnisu yb taht naem ton seod siht ,revewoH  
 .noitcerid thgir eht ni pets eno tsuj si sihT .elbatfiorp emoceb yllacitamotua

 sdrowyeK  noitatnemref EBA ,ngissecorp maertsnwoD ,lonatuB ,noitcartxE
 )detnirp( NBSI  1-9307-06-259-879  )fdp( NBSI  7-0407-06-259-879

 L-NSSI  4394-9971  )detnirp( NSSI  4394-9971  )fdp( NSSI  2494-9971
 rehsilbup fo noitacoL  iknisleH  gnitnirp fo noitacoL  iknisleH  raeY  6102

 segaP  331  nru  7-0407-06-259-879:NBSI:NRU/fi.nru//:ptth





 ämletsiviiT
  otlaA 67000 ,00011 LP ,otsipoily-otlaA  if.otlaa.www

 äjikeT
 ivräjikruK ittnA

 imin najriksötiäV
 neättyäk äämletenemottuusioskak ottoneetlat nilonatuboiB

 ajisiakluJ  uluokaekrok nakiinket naimeK
 ökkiskY  sotial nakiinket naimek aj nakiinketoiB

 ajraS seires noitacilbup ytisrevinU otlaA  SNOITATRESSID LAROTCOD  691 /  6102
 alasumiktuT  akkiinketissesorP ,aimek nenillinkeT

 mvp neskutiojrikisäK  6102.60.51  äviäpsötiäV  6102.01.12
 äviäpsimätnöym navulusiakluJ  6102.80.13  ileiK  itnalgnE

 aifargonoM  ajriksötiävilekkitrA  ajriksötiäveessE

 ämletsiviiT
iskesimattoneetlat nilonatub aissesorp attuu iskak älletise ilo aneskutiokrat nöyt nämäT  

ämäT .issesorp )ED( noitcartxE lauD ile -ottuusioskak ilo ätsiän nenioT .atsiskouil atsiemial  
iat tavisiappat netuum aktoj ,assotuu nötyäk neimittouil netsialles aatsillodham issesorp  

neekläj notuuääp assissesorp ED .auvsak nimsinagro-orkimotnatout tävisiätse itsaakkamiov  
tesillykrym ellieborkim ämän aatsiop no aneskutiokrat aknoj ,ottuu neniot näätäsil  

 .iskesillavrut niirotkaer nesimättärreik nämät nedhet ,atsatsulauvsak titnenopmok
iruus niin no älliin aksok ,niissesorp ED iskimittouil iskimmiahrap taviutuattioso tilohoklA  
tavo en attum ,elliemsinagro-otnatout aisillognihav tavo temittouil ämäN .itteetisapakottuu  

.äipmeneip eelut atsiettial netis aj ,nämmehäv naativrat ätiin ätsyys ätsim ,atiakkohet niättire  
niittetuvaas allissesorp ED .atsutuluknaigrene attunutnela aattiokrat ämät allamaS  

gk JM 4 ilo akoj ,sutuluknaigrene 1- ovra yttetise asseduusillajrik nisiahla no ämäT .ailonatub  
atsammela nilonatub % 01 no akoj ,aovra äyttedip aneettiovat itsesiely oj yytsehäl es aj  

gk JM 3.3( atsovraöpmäl 1- ie allioj ,tinaakla tavilo noottuu neesiot temittouil taahraP .)lonatub  
assotuu atiakkohet nivyh tavo aktoj attum ,naathok a:EBA aitteetisapakottuu naakiruuj elo  

.naathok ajemsinagro-otnatout aisillognihav elo tävie en iskäsiL .naathok ajelohokla äjyttetyäk  
anieniaäsil niniisneb iskikremisE .äättyäk naadiov aimittouilottuu atium söym atlaasioT  

.assnak ninaatko-osi äättyäk naadiov EEAT aj EMAT ,EBTE ,EBTM ,ätierettee äivättetyäk  
namli nookkuoj nasneb naanesialles aattiokes isiov neskoesetout ässeättetyäk aimittouil ätiäN  

  .atioitaareposutore aivattuluk aaigrene
ikkiak aattout issesorp ämäT .neeskutiokrat naamas niittetihek issesorp nikneniot iskäsil n:ED  

.naaknello aatso estivrat netät ie atioj ,atsiettoutoitaatnemref temittouilottuu asnamestivrat  
.issesorp )DR( noitallitsiD evitcaeR ile -sualsit neniviitkaer ällemin naatustuk aissesorp ätäT  

niittarrev aissesorp DR nuK .soes nedieretse no nitouilottuu amattout nissesorp nämäT  
äthy ässönnätyäk tavilo teskunnatsukitniotsevni neissesorp nediän ätte niittamouh ,neh:ED  

ED niuk ,ipmeruus aatrekiloup aj iskak ily ilo sutuluknaigrene n:DR atlaasioT .teruus  
n:DR ilo ,nooimouh niitteto atnih nemittouilottuusuavrok amestivrat n:ED nuK .allissesorp  

nissesorp ED iskäsiL .tammeruus ät:ED aatrek iskak ily neellede teskunnatsuköttyäk  
ätsiän atsissesorp ED iket ämäT .allissesorp DR niuk ,ipmaekrok ilo ottout netis aj ottiovitnyym  
ED ätte ,atiokrat ämät iette ,adioimouh isilut atlaasioT .nammavattannak atsissesorp atsedhak  

isky no ämät attum ,issesorp avattannak itsesittaamotua isilut atsinniotnemref EBA allissesorp  
neesilloet naajaal naatseduu naadaas äkhe itniotnemref EBA alloj assokuoj nedium leksa  

 .nööttyäk

 tanasniavA  oitaatnemref EBA ,ottoneetlat nediettouT ,ilonatuB ,ottuU
 )utteniap( NBSI  1-9307-06-259-879  )fdp( NBSI  7-0407-06-259-879

 L-NSSI  4394-9971  )utteniap( NSSI  4394-9971  )fdp( NSSI  2494-9971
 akkiapusiakluJ  iknisleH  akkiaponiaP  iknisleH  isouV  6102

 äräämuviS  331  nru  7-0407-06-259-879:NBSI:NRU/fi.nru//:ptth





Preface

The work in this thesis was carried out between January 2007 and April 2016
in the Industrial Chemistry research group at Aalto University. There have
been numerous sources of funding for this work, as I have worked on different
projects over the years. I would like to acknowledge Tekniikan edistämissäätiö
(the Finnish Foundation for Technology Promotion) for part of this funding.

I am grateful to all four people who worked as professors of Industrial Chem-
istry  during  my  time  within  the  research  group.  I  truly  appreciate  all  of  the
effort they have put in to give me the freedom to guide my research in the di-
rection of my choosing. Without this invaluable support, I would never have
been able to take my research this far from the general direction of the re-
search group, and I would have never learned the secrets of modeling. I am
also grateful to Prof. Ville Alopaeus who agreed to act as my supervising pro-
fessor, because the research group of Industrial Chemistry is once again with-
out a professor.

Special thanks to Dr. Juha Linnekoski, who ended my somewhat misspent
biostudies by luring me into the Industrial Chemistry research group. This has
probably been the single most important step of my professional career toward
where I am now. I would also like to express my gratitude to Mr. Pekka Nurmi,
who gave me the seed of the idea that later developed into the Dual Extraction
method. In addition, Mr. Petri Lindqvist, by spotting the potential IPR value of
the method, encouraged me to continue working on the topic. Without these
people, this thesis would most likely look quite different.

I want to thank my co-authors for their invaluable and timely contributions
to my work. I am also grateful to the Bioprocess Engineering research group,
as they taught me important lessons about financing, and how to look after
your own. The invaluable insights into applying for project funding that I got
from the Plant Design research group also had a profound impact on my last
publication.

In addition to the people directly connected to this thesis, I would like to
thank my coworkers for making Industrial Chemistry such a great place to
work. Most importantly I want to express my gratitude to the place where the
most important support came from; Home. Suvi, you might have been the only
person who actually believed that I would ever finalize this thesis.

Espoo, April 2016
Antti Kurkijärvi





Contents

Preface .......................................................................................................... 1

List of abbreviations and symbols .............................................................. 5

List of publications ...................................................................................... 7

Author’s contribution .................................................................................. 9

1. Introduction ..................................................................................... 1

1.1 History of ABE fermentation ....................................................... 2

1.2 Main routes to biobutanol production........................................ 3

1.3 ABE fermentation ........................................................................ 4

1.3.1 Side products of ABE fermentation ........................................ 5

1.3.2 Lignocellulosic material as feedstock ..................................... 6

1.4 Separation methods for the recovery of ABE from the broth ... 8

1.4.1 Flashing .................................................................................... 8

1.4.2 Distillation ................................................................................ 8

1.4.3 Azeotropes .............................................................................. 10

1.4.4 Heteroazeotropes ................................................................... 10

1.5 Purification of ABE mixture ...................................................... 12

1.5.1 Traditional direct distillation ................................................ 12

1.5.2 Liquid-liquid extraction ........................................................ 13

1.5.3 Other methods for the separation of ABE mixtures ............ 14

1.6 Scope of the research ................................................................. 15

2. Development of Dual Extraction and Reactive Distillation methods
17

2.1 Dual Extraction method .............................................................17

2.1.1 Solvent selection .................................................................... 18

2.1.2 Solvent regeneration methods .............................................. 19

2.1.3 ABE purification method ...................................................... 21

2.2 Reactive Distillation method ..................................................... 22

2.2.1 Solvent selection .................................................................... 22



2.2.2 Solvent regeneration and ABE purification of the RD process
23

2.3 Experimental liquid-liquid equilibria....................................... 25

2.3.1 Analysis methods ................................................................... 26

2.4 Process modeling ....................................................................... 26

2.4.1 VLE and LLE .......................................................................... 26

2.4.2 Modeling the ABE fermenter ................................................ 27

2.4.3 Modeling of the remaining unit operations ......................... 28

2.5 Energy efficiency analysis using heating value distribution in RD and
DE processes .......................................................................................... 28

2.6 Economic evaluation of RD and DE processes ........................ 29

2.6.1 Operating costs ...................................................................... 30

2.6.2 Investment costs .................................................................... 30

3. Experimental results ..................................................................... 32

3.1 Liquid-liquid equilibrium experiments .................................... 32

3.2 Reactor models .......................................................................... 34

3.2.1 Shortcut reactor model ......................................................... 34

3.2.2 The non-shortcut reactor model .......................................... 35

3.3 Number of stages in the extraction ........................................... 36

3.4 Gasoline ethers as extractants .................................................. 37

3.5 Other extractants ....................................................................... 39

3.6 Energy efficiency analysis using heating value distribution in RD and
DE processes ........................................................................................... 41

3.7 Energy consumption ................................................................... 41

3.8 Economic comparison of DE and RD processes ...................... 44

4. Conclusions .................................................................................... 49

References ................................................................................................. 53



i

List of abbreviations and symbols

ABE Acetone-butanol-ethanol

BMON Blending motor octane number

BOD Biological oxygen demand

BRON Blending research octane number

bRvp Blend reid vapor pressure

CAPEX Capital expenditure

CEPCI Chemical engineering plant cost index

cj Cost of utility j

COD Chemical oxygen demand

DE Dual Extraction

Di Distribution coefficient for component i

ETBE Ethyl tert-butyl ether

Etot Sum of calculated equipment costs

fi Consumption of utility j

HMF Hydroxymethylfurfural

GC Gas chromatograph

GC-FID Gas chromatograph equipped with flame ionization detector

GC-MS Gas chromatograph equipped with mass spectrometer as a
detector

l Lang factor

LHV Lower heating value

Li Liquid in stage i

LLE Liquid-liquid equilibrium

MTBE Methyl tert-butyl ether



NRTL Non-random two liquids activity coefficient model

OPEX Operating expenditure

ppm Parts per million

RD Reactive Distillation

S Sales income

SEW SO2-Ethanol-Water pretreatment

TAME Tert-amyl methyl ether

TAEE Tert-amyl ethyl ether

TIC Total installed cost of equipment

UNIFAC-LL UNIQUAC Functional-group Activity Coefficient model with
liquid-liquid dataset

UNIQUAC Universal QuasiChemical activity coefficient model

USSR Union of Soviet Socialist Republics

Vi Vapor on stage i

VLE Vapor-liquid equilibrium

xi mass fraction of component i

yi Yield of product i



iii

List of publications

This doctoral dissertation consists of a summary and of the following publica-
tions, which are referred to in the text by their roman numerals.

I Jurgens, German; Survase, Shrikant; Sklavounos, Evangelos; Linne-
koski, Juha; Kurkijärvi, Antti; Väkevä, Minna; van Heiningen, Adriaan;
Granstrom, Tom. Butanol production from lignocellulosics. Biotech-
nology Letters, 34, 8, 1415-1434, 2012.
DOI: 10.1007/s10529-012-0926-3

II Kurkijärvi, Antti; Lehtonen, Juha; Linnekoski, Juha. Novel dual extrac-
tion process for acetone-butanol-ethanol fermentation. Separation and
Purification Technology, 124, 18-25, 2014.
DOI: 10.1016/j.seppur.2014.01.007

III Kurkijärvi, Antti; Lehtonen, Juha. Dual Extraction process for the utili-
zation of an acetone-butanol-ethanol mixture in gasoline. Industrial &
Engineering Chemistry Research, 53, 31, 12379-12386, 2014.
DOI: 10.1021/ie500131x

IV Kurkijärvi, Antti; Melin, Kristian; Lehtonen, Juha. Comparison of Re-
active Distillation and Dual Extraction processes for the separation of
acetone, butanol and ethanol from fermentation broth. Industrial &
Engineering Chemistry Research, 55, 7, 1952-1964, 2016.
DOI: 10.1021/acs.iecr.5b03196





v

Author’s contribution

Publication I: Butanol production from lignocellulosics

The author participated in writing this review article together with the co-
authors. The author was responsible for the parts dealing different product
separation methods. This work was carried out under supervision of Dr. Juha
Linnekoski, who also reviewed and commented the manuscript

Publication II: Novel Dual Extraction process for acetone-butanol-ethanol
fermentation

The author was responsible for planning the work, carrying out the experi-
ments, interpretation of the results and writing the publication. The work was
carried out under supervision of Dr. Juha Linnekoski and Prof. Juha Lehtonen,
who also reviewed and commented the manuscript.

Publication III: Dual Extraction process for the utilization of an acetone-
butanol-ethanol mixture in gasoline

The author was responsible for planning the work, carrying out the experi-
ments, prosessing the data, interpretation of the results and writing the publi-
cation. The work was carried out under supervision of Prof. Juha Lehtonen,
who also reviewed and commented the manuscript.

Publication IV: Comparison of Reactive Distillation and Dual Extraction
processes for the separation of acetone, butanol and ethanol from fermenta-
tion broth

The author was responsible for planning, carrying out the experiments and
prosessing the data used in modelling. The author carried out the process sim-
ulations, interpreted the results and wrote the manuscript with Kristian Melin.
The work was carried out under supervision of Prof. Juha Lehtonen, who also
reviewed and commented the manuscript.





1

1. Introduction

Depleting oil reserves, fluctuating crude oil prices, growing energy demands,
uncertainties in energy security and imminent climate change have recently
stimulated much research into the production of biobased chemicals and
transportation fuels.1 Biobutanol has received its share of this attention, and
now several companies are planning to reintroduce large-scale acetone-
butanol-ethanol (ABE) fermentation after a pause of several decades. It has
been speculated that the most likely strategy of the companies going into bio-
butanol production would be to put an initial focus on the chemical market,
where the price margins are higher.2 This would give them time to concentrate
their efforts on reducing the production costs to more competitive levels. The
traffic fuel market is a much more difficult sector, because biobutanol would
have to compete against ethanol in terms of the production price.2,3 On the
other hand, biobutanol is attractive as a biofuel, because it has excellent fuel
properties: it is compatible with the existing fuel infrastructure, it can be
blended at any ratio, it has no water tolerance issues, it has lower vapor pres-
sure and corrosivity than ethanol and butanol has a higher energy density than
ethanol.4,5 Therefore, biobutanol has all the properties needed to substitute for
both ethanol and biodiesel in the biofuel market; the only problem is its rela-
tively high production cost.2 Three main challenges remain to be solved to
make biobutanol a serious candidate in the biofuel field: optimizing feedstock
utilization, increasing the maximum yields, and minimizing the energy con-
sumption of the product purification.6,7 The advances in genetics and our in-
creased knowledge about the solvent production pathways of these microor-
ganisms have made it possible to make advances in the first two areas.8 How-
ever, the concentration in the fermentation broth is still low, and the cost of its
recovery remains high. The usual concentration of total solvents in the ABE
fermentation broth is approximately 20 g l-1, of which butanol represents only
about 13 g l-1.8 These concentrations are very low when compared with ethanol
fermentation, where end concentrations of 135 g l-1 can be reached.9 The con-
ventional method for butanol recovery is direct distillation, which is very ener-
gy-consuming due to the low concentrations and presence of azeotropes.10

Naturally less energy-consuming processes to recover biobutanol from the
broth have been reported in the literature, but to our knowledge none of these
have been adopted on an industrial scale.
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1.1 History of ABE fermentation

ABE fermentation has a long industrial history. Butanol as a fermentation
product was first reported in 1861 by Louis Pasteur, but industrial interest in
butanol fermentation did not begin until the early years of the 20th century,
when a shortage of natural rubber sparked interest in the possibility of produc-
ing synthetic rubber in the UK.10 At that time, the best route to producing the
components needed in synthetic rubber production, butadiene or isoprene,
was from butanol or isoamyl alcohol, but these components were not easily
available in large quantities, which initiated the search of a microbial route to
producing them.10,11 In 1912, this led to the discovery of a microbe called Clos-
tridium acetobutylicum, which is still one of the main microbes for ABE pro-
duction.10 The first industrial-scale ABE fermentation plant started operation
in 1913 in the UK, producing acetone and butanol from potatoes.11,12 Only a
year later, the development of ABE fermentation changed dramatically as the
First World War started. During the war, acetone was in great demand as it
was used as a colloidal solvent for nitrocellulose in the production of a smoke-
less powder called cordite.10 In those days, acetone was produced from calcium
acetate, which could not be imported to the UK from its normal sources in
Germany or Austria due to the war. Only limited amounts could be imported
from the United States, but this was insufficient to satisfy the need for acetone
consumption.10,11 During the early years of the war, the ABE process was fur-
ther developed to utilize potatoes, maize or grain to produce acetone. Howev-
er, as rationing of food supplies was introduced, food products could no longer
be used in acetone production.13 The last desperate attempt to continue ace-
tone production via fermentation in the UK was when children throughout the
country were asked to collect horse chestnuts as a substrate for the fermenta-
tion. However, the foaming characteristics of this new feedstock made the pro-
cess difficult to operate, and its limited availability made it apparent that it had
become impossible to continue using the fermentation process in the UK.10,13

In 1916, ABE production was transferred to the United States and Canada,
where the plants remained operational until the end of the war.11 One factory
was also built in India, but it was only completed after the war and was subse-
quently sold to the Bombay government, which converted it into an ethanol
distillery.10

When the First World War ended, all ABE fermentation plants were shut
down, as the need for acetone diminished.12 This left large amounts of butanol
in storage, as it had been considered an unwanted byproduct during the war.10

After the war, it was discovered that butanol and its ester, butyl acetate, were
good solvents for quick-drying lacquers used in the automotive industry.11 In
the 1920s, this caused an increasing demand for butanol, which lead to the
reopening and extension of the capacities of the ABE plants. Several new
plants were also erected in the United States. In 1936, the original patents for
ABE fermentation expired, which led to the opening of several new ABE fer-
mentation plants in the United States, Puerto Rico, Japan, India, Australia,
Taiwan, Egypt, Brazil and South Africa.10
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When the Second World War started, the demand for acetone peaked again
and ABE fermentation was given top priority.13 Therefore, units previously
used for ethanol production were converted to produce ABE. This increased
fermentation capacity meant that more efficient ABE separation methods were
needed, and multiple-column continuous distillation units were tested and
successfully utilized for ABE purification.10 After this, the ABE batch distilla-
tion units became obsolete as continuous distillation became the standard pu-
rification method for ABE fermentation. During the war, the ABE plants in the
United States functioned at full capacity to meet the demand for acetone, and
two-thirds of all the butanol and one tenth of all the acetone produced in the
United States was produced via the fermentation route.10 However, after the
war, the development of petrochemical production routes for solvents was fast
and the competition between the fermentation and chemical processes became
fierce. In addition, molasses, which was a major substrate for ABE fermenta-
tion, became much more expensive as farmers began using it in substantial
amounts as a cattle feed. These two factors caused ABE fermentation to be-
come economically unfavorable, and the production of ABE via the fermenta-
tion route declined rapidly in the 1950s. By 1960, practically all ABE fermenta-
tion had ceased in the United States and UK.10,14

In some countries, such as South Africa, an abundant supply of molasses and
absence of readily available cheap petroleum made it possible to continue the
economically feasible operation of ABE fermentation long after these process-
es had ceased in western countries. However, in the early 1980s, economic
realities forced an end to ABE production in South Africa.10,14 In the USSR and
China, ABE fermentation continued throughout the 1950s and in the 1960s a
continuous fermentation process started operation in the USSR. Some of these
plants were running until the late 1980s, when the last of them was shut down
and demolished.14

1.2 Main routes to biobutanol production

The main biochemical route to biobutanol production is often referred to as
ABE fermentation. It converts biomass to butanol through fermentation with
bacteria of the Clostridium spp. The ABE process has a long industrial history
and is clearly the most established production route to biobutanol.15 However,
as we have seen, in the western countries, ABE fermentation became economi-
cally unfavorable in the 1950s.10 Its key challenges are low productivity and
energy-intensive product recovery.15 The microbes used are also sensitive to
lignin, making the usage of lignocellulosic biomass more difficult.

The thermochemical route to biobutanol production starts with the gasifica-
tion of biomass into synthesis gas, which is cleaned of impurities and catalyti-
cally converted into butanol and other alcohols via hydroformylation, hydro-
genation and aldol condensation reactions.16 The route from synthesis gas to
butanols has been a well-established technology since the 1960s. However, the
impurities and H2/CO ratio of the synthesis gases from fossil sources and from
biomass gasification vary. Therefore, this route is still in development and has
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not been commercially demonstrated. The thermochemical route can handle a
wider range of feedstocks than the biochemical route, as the synthesis gas can
also be produced from lignin.16 The product separation is also easier, because
the product concentrations are high in the product mixture. Its disadvantages
include low CO conversion, high temperature and pressure requirements and
highly exothermic reactions, which make temperature control difficult.2 More-
over, the process is much more complex and investment-intensive than the
biochemical route, as it includes biomass pretreatment, indirect steam gasifi-
cation, synthesis gas purification, mixed-alcohol synthesis and product purifi-
cation, whereas the biochemical route only contains a fermenter or fermenters
and product separation.15

Currently, practically all butanol is produced from fossil sources. In this pro-
cess, propene is hydroformylated with synthesis gas (CO and H2) to produce
butyraldehyde, which is then hydrogenated into butanol.2 However, with
growing energy demands, limited resources of fossil fuels and ever-growing
environmental concerns, the interest in producing platform chemicals and
fuels from renewable biomass has increased.1 Therefore, numerous biobutanol
plants started operating in China during 2007 and 2008.17 Similarly,  in  2012
and 2013, ethanol plants in the United States were retrofitted for biobutanol
production by Gevo18 and Butamax.19 In Brazil, HC Sucroquímica is an exam-
ple of a sugarcane biorefinery that was producing butanol in 2013.3 In  2013,
Abengoa Bioenergy also announced that it planned to start commercial-scale
production of butanol in 2015,20 and Green Biologics announced plans to start
production of butanol and acetone with genetically manipulated microbial
strains in the United States in 2016.21 However, the subsequent drop in the
crude oil price is one factor that has affected these plans. In November 2015,
Abengoa requested creditor protection and the company struggled on the
verge of bankrupcy.22 This is a good example of the fact that even though the
processes for bio-butanol production exist, they are economically challenging.
Despite this, the recommercialization of the biobutanol processes is ongoing
for both n-butanol and iso-butanol.7

1.3  ABE fermentation

ABE fermentation is commonly performed using solvent-producing Clostridi-
um species. A common ABE ratio produced by the microbes is 3:6:1 for ace-
tone, butanol and ethanol, respectively. However, it should be noted that this
ratio can vary depending on the strain of microbes used. In a normal batch
culture, acetic and butyric acids are produced during the initial growth phase,
which is also called the acidogenic phase. This lowers the pH of the growth
medium, which initiates the second phase of the fermentation after a certain
level of acidity is reached. In this second phase, the culture is in a stationary
growth phase, during which solvent production begins. This is called the sol-
ventogenic phase. During this second phase of the fermentation, a portion of
the acids is partly consumed and transformed into ABE.10
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Of all the ABE components, butanol is the most growth-inhibiting. A thresh-
old value for butanol inhibition has been reported to be between 4 and 4.8 g l-1,
below which the concentration does not affect the growth. The increasing con-
centration of butanol enhances the inhibitory effect and decreases the growth
and productivity rates until a level of 12-16 g l-1 is achieved, where butanol to-
tally inhibits the growth. The other main ABE fermentation products, acetone
and ethanol, also inhibit growth, but at levels which are much higher. A 50%
inhibition in the growth rate is reported to occur when either component is at
approximately 40 g l-1. Total inhibition occurs when acetone is at 70 g l-1 and
ethanol is between 50 and 60 g l-1.10,23

1.3.1 Side products of ABE fermentation

As a side product, ABE fermentation produces fermentation gases, which
mainly consist of carbon dioxide and hydrogen. On an industrial scale, this gas
mixture can be used to generate heat and power.2 Another option would be to
recover the hydrogen from the fermentation gases. Approximately three moles
of gases is formed per every mole of glucose consumed. The molar ratio of car-
bon dioxide and hydrogen in this gas is approximately 3:2, and approximately
1.1 t of gases are formed per 1 t of solvents.14

Before the fermentation gases are processed any further, the solvents present
in this gas are collected. According to Ni and Sun (2009), the amount of sol-
vent recoverable is about one ton per 100,000 m3 of fermentation gas, which
represents about 1-2 % of all the total solvents produced.14,17 The carbon diox-
ide can be separated from the hydrogen through cryogenic methods, washing
with water in basic conditions or using membrane processes. Jones (1986)
suggests that this separated carbon dioxide could be dried, purified and sold as
a bulk gas, liquid CO2 or as dry ice.10,14 The hydrogen could be used in various
ways, including hydrogenation, hydrodeoxygenation and ammonia synthesis,
or  used as  fuel.10,24 Moreira et al. (1982) conclude that ABE fermentation gas
would be ideal for methanol synthesis.25 It  could  also  be  converted  into  for-
maldehyde or used in the catalytic hydrogenation of carbon dioxide to produce
methane via the Sabatier reaction.14 Jones and Woods (1986) suggest that this
gas mixture could be used in the production of methane by methanogenic bac-
teria or that the hydrogen could be used as a fuel in fuel cell  applications for
electricity production.10 Alternatively, this mixture could be used in, for exam-
ple, Fischer-Tropsch synthesis. The usage of the hydrogen would naturally
depend on what kinds of processes are present near to the ABE fermentation
equipment.

The treatment of the effluent from ABE fermentation causes additional costs,
as it has high biological oxygen demand (BOD) and chemical oxygen demand
(COD) values. This could be avoided by turning it in to a profitable byproduct
through two different methods. It could be fermented into biogas by thermo-
philic methanogenic fermentation, which could be used to produce heat and
steam for the equipment, or it could be used as animal feed.14 The latter is a
good option because the biomass produced in the fermentation is rich in pro-
teins and vitamins. To produce this supplementary feed for ruminants, the
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biomass could be first evaporated under a vacuum into a thick concentrate and
subsequently spray-dried.10

1.3.2 Lignocellulosic material as feedstock

Plant biomass is the only sustainable raw material for the production of liquid
transportation fuels.26 The key obstacles for this feedstock are the lack of prov-
en economic and sustainable technologies, and the high capital costs when
compared with oil-based transportation fuels.27 In order to make lignocellulo-
sic sugars available for fermentation, the structure of the biomass must be
broken in a so-called pretreatment step. This is a difficult task, because the
cellulose microfibrils are covered by a layer of hemicelluloses which are em-
bedded in a tight composite structure of lignin and hemicelluloses bound to
each other by covalent bonds.28

The different pretreatment options have been intensively studied because
they are the most important step affecting the production cost of lignocellulo-
sic fermentation products.29 The different pretreatment methods can be divid-
ed into acidic and alkaline processes, which are often combined with enzymat-
ic hydrolysis. Examples of acidic processes are dilute acid hydrolysis, SPORL
(acidic sulfite process),30 Lignol (ethanol-water-sulfuric acid)31 and AVAP
which utilizes SEW (SO2-ethanol-water).32 Examples of alkaline processes in-
clude AFEX (ammonia fiber explosion), ARP (ammonia recycled percolation)
and lime treatments. These methods increase the accessibility of cellulose by
removing the protective layers of either hemicelluloses (acidic processes) or
lignin (alkaline processes).33 Other commercial pretreatment processes are for
example Glycell34, Proesa35, Sunliquid36, Cellunolix37 and processes utilizing
super critical fluids, forexample Aosic38 and Plantrose39. There are number of
examples of commercial lignocellulosic ethanol plants all utilizing pretreat-
ment step for the lignocellulosic material. These are forexample Beta Renewa-
bles / Biochemtex plants in Italy, Brazil, United States and Slovak Republic
(Proesa technology)40, Poet-DSM plant in United States (Andritz technology)41

and Chempolis plant in Finland (Formicobio technology)42.
Most of the pretreatment methods were developed for the production of cel-

lulosic ethanol. The Saccaromyces yeasts commonly associated with ethanol
production are significantly more robust towards growth inhibitory compo-
nents formed during the pretreatment, than the Clostridia bacteria.43 Inhibito-
ry compounds for Clostridia are forexample: formic acid, dissolved lignin,
degradation products of lignin and hemicelluloses such as syringaldehyde,
ferulic and p-coumaric acids, and salts such as sulfates.44,45 Furthermore, un-
like ethanologenic microbes, butanol producers such as C. beijerinckii are not
inhibited by furfural, hydroxymethylfurfural (HMF) or acetic acid. According
to some studies, these can be stimulatory components which enhance ABE
production.46 As completely different components can act as growth inhibitory
components, the suitability of all these pretreatment processes to ABE produc-
tion was not clear. As the purpose of this work was not to compare different
pretreatment methods or to verify their suitability to ABE production, the
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proven SEW process was used as the pretreatment method for the lignocellu-
losic material.IV

SEW pretreatment
SO2-ethanol-water (SEW) fractionation is currently used on a demonstration
scale of several tons of biomass per day to hydrolyze cellulosics into sugar
monomers in a patented biorefinery process termed AVAP by American Pro-
cess Inc.47 It can simultaneously process softwoods and hardwoods48 and  it
does not suffer from hemicellulose degradation or create sticky lignin precipi-
tates.49 Furthermore, it has moderate processing temperatures (150°C) and
readily evaporative compounds, ethanol and SO2, in the process.46 The concept
of SEW fractionation is demonstrated in Figure 1.

Figure 1 Block diagram of SEW cooking process

As can be seen from Figure 1, the SEW process starts with cooking. This step
occurs at 150°C, with 3 wt % SO2 at a L W-1 ratio of 6:1 l kg-1. The majority of
ethanol, SO2 and volatile low molecular acids and sugar degradation products
are removed in the following vacuum evaporation step, which occurs at 95°C
and 300 mbar. This step reduces the ethanol concentration in the liquid from
approximately 500 to 10 g l-1, which is equivalent to 98 wt % removal. Simul-
taneously, around 90 wt % SO2 and almost full removal of furfural occurs dur-
ing this step. The concentration of HMF decreases but the appearance of some
formic  acid suggests  that  some HMF is  formed due to  the degradation of  C6
sugars. In the following atmospheric steam stripping step, the SO2 concentra-
tion  is  decreased  to  approximately  100  ppm.  Furfural,  formic  acid  and  HMF
are  practically  fully  removed  from  the  STR  liquor  in  this  step.  Liming  is  the
third conditioning step, which is done by adjusting the pH of the liquor to 9 by
adding Ca(OH)2. SO2 has an acidic nature and therefore readily reacts with
basic components. In this case, CaSO3 is formed, which precipitates due to its
low water-solubility. The liming also precipitates calcium sulfate which is
formed by the oxidation of SO2 into SO3 during SEW cooking.  Some lignin is
precipitated as lignosulfonates, which are lignin–CaSO3 and lignin–CaSO4

complexes. The microbe inhibiting sulfite concentration in the LIME liquor is
approximately 33 ppm, which is reduced to approximately 10 ppm in the last
conditioning step. The catalytic oxidation step is performed by bubbling air
through the solution at 60°C with addition of FeSO4·7H2O as a catalyst. The
pulp which was separated in the SEW cooking is converted into sugars by en-
zymatic hydrolysis, and the streams from catalytic oxidation and enzymatic
hydrolysis are combined to form the feed to the fermentation.I

SEW Cooking Evaporation Steam Stripping Liming Cat. Oxidation Fermentation

SEW liquor Catox liquorLime liquorSTR liquorEvap liquor

Hydrolysis
Pulp Sugars

CharWater, Ethanol, SO2 Precipitate

ABE

Spruce chips
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1.4 Separation methods for the recovery of ABE
from the broth

Traditionally, butanol is recovered from the ABE broth via energy-intensive
distillation.50 The literature covers a wide range of alternatives to distillation
for butanol recovery. This section focuses on presenting these methods. So far
the alternative methods for ABE product removal have been only of academic
interest; according to our knowledge all industrial ABE processes have used
conventional, energy-intensive distillation.

1.4.1 Flashing

Flashing is a separation method in which a liquid mixture is allowed to partly
evaporate. This is presented in Figure 2.

Figure 2 The principle of flash evaporation

In flash evaporation, part of a liquid instantly boils: this occurs when a satu-
rated liquid stream undergoes pressure reduction. This leads to a vapor mix-
ture, which will be enriched with the lower-boiling components, and a liquid
mixture enriched with the higher-boiling components. The vapor and liquid
phases that are formed are in equilibrium with each other, and therefore flash-
ing can be considered to be equivalent to single-stage distillation. The effective
separation of components can only be achieved if the differences in the vapor
pressures of the components are very high. If the vapor pressures are not sig-
nificantly different, then a flash will only slightly enrich the components.51,52

1.4.2 Distillation

Distillation, like flashing, is a process which is used to separate a mixture of
two or more liquids based on their vapor pressures. From a simplified point of
view, a distillation column can be considered to be a series of flash evapora-
tors, as shown in Figure 3.51,52
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Figure 3 Correlation of continuous multiple stage flashing and continuous distillation

As can be seen from Figure 3, in distillation, the liquid and vapor flow counter-
current to each other. At each stage in a distillation column, vapor V enters the
tray and bubbles through the liquid L, causing the vapor and liquid leaving the
tray to be essentially in equilibrium. From there, the vapor continues up to the
next stage, where it again comes into contact with down-flowing liquid. Each
tray has a different temperature and thus equilibria, because a reboiler on the
bottom and a condenser at the top maintain a temperature gradient across the
column. The net result is that the concentration of the more volatile compo-
nent is increased on each stage upward and decreased on each stage down-
ward.  In  Figure  3,  the  flow L0 is known as reflux. It is usually a condensed
overhead product that is returned to the column. The down-flowing reflux
condensates the up-flowing vapors, and thus increases the efficiency of the
distillation. On the other hand, it also increases the reboiler duty of the col-
umn.51,52

Figure 3a presents how flash evaporators can be arranged in series to offer
better separation efficiency than a single flash drum. This phenomenon is
called the number of separation stages. A single flash evaporator has one sepa-
ration stage and the distillation column in Figure 3b has six separation stages.
It should be noted that these are not necessarily ideal stages, as the concept of
the ideal stage assumes that the vapor-liquid equilibria is reached at every
stage. In practice, mass transfer limitations prevent the vapor from being in
precise equilibrium with the liquid in each tray; consequently, less ideal than
actual separation stages are present in distillation columns. This deviation
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from ideality can be described with stage efficiencies. In distillation columns,
the Murphree efficiencies generally have values from 0.6 to 0.75.51,52

1.4.3 Azeotropes

Azeotropes are exceptions to ideal behavior. At azeotropic point, the compo-
nents have identical vapor pressures, and therefore they cannot be separated
by evaporating the mixture, as the composition of the vapor produced from an
azeotropic mixture is the same as that of the liquid. An azeotropic mixture can
therefore be boiled at constant pressure without a change in the concentration
of  either  the liquid or  vapor.51 Figure 4  presents  the Txy diagram of  a  water-
butanol mixture.

Figure 4 Experimental Txy diagram for butanol-water system at 1 bar53

As  can  be  seen  from  Figure  4,  the  water-butanol  binary  mixture  presents  an
azeotrope. If ideal behavior is assumed and enough separation stages exist, the
distillate would be water and the bottom product would be butanol, no matter
what the starting composition was. However, because of the azeotrope, distil-
ling a dilute water-butanol mixture will result in a bottom product that is wa-
ter, not butanol. On the other hand, when distilling a mixture that is above the
azeotrope point, the bottom product will be butanol. In both cases, the distil-
late would be near to azeotropic composition. Increasing the number of sepa-
ration stages will cause the distillates to be progressively closer to the azeo-
tropic ratio, but no number of stages will ever result in a distillate that exceeds
the azeotropic point. This kind of behavior is called a minimum-boiling azeo-
trope, which will always produce a distillate which is closer to the azeotropic
ratio than the starting mixture. If the components form a maximum-boiling
azeotrope, then the distillate will move away from the azeotrope and the bot-
tom product will move toward it.51,52

1.4.4 Heteroazeotropes

A heteroazeotrope is an azeotrope where the liquid phase undergoes a phase
separation into two different phases. This is demonstrated in Figure 5 with the
butanol-water binary mixture.
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Figure 5 Experimental phase diagram for butanol-water binary mixture at 1 bar53

The phase diagram of butanol + water at 1 bar is shown in Figure 5. As can be
seen, there is vapor-liquid equilibrium above 93°C and liquid-liquid separation
below this temperature. The figure also shows the water-butanol azeotrope. It
should be noted that if the liquid is in the immiscibility zone, phase separation
occurs, producing two liquid phases with butanol mass fractions of approxi-
mately 0.10 and 0.75. For example, a water-butanol mixture at azeotropic
point is in this immiscibility zone, as can be seen from Figure 5. The liquid-
liquid equilibrium of the heteroazeotropic mixture can be utilized when sepa-
rating these components. This concept is presented in Figure 6.51,52

Figure 6 Process for separating heteroazeotropic butanol-water mixture to pure components

As can be seen from Figure 6, a heteroazeotropic mixture can usually be sepa-
rated into pure components with two distillation columns and one decanter.
The phase separation in the decanter ensures that the two distillation columns
operate on different sides of the water-butanol azeotrope, as can be seen from
the phase diagram in Figure 5. Therefore the distillate of both of the columns
is at azeotropic point and pure components can be obtained as bottom prod-
ucts of the columns. The feed can be to either of the distillation columns or to
the  decanter,  depending  on  the  composition  of  the  feed.  It  should  be  noted
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that this type of separation can only be used for mixtures with minimum-
boiling azeotropes.51,52

1.5 Purification of ABE mixture

1.5.1  Traditional direct distillation

The technology of the separation of the ABE mixture into pure components is
old, as continuous distillation technology was widely used from the 1940s to
1960s.9 This separation method is very energy-intensive, mainly because of the
first distillation column.54,55,56 Therefore a significant amount of the literature
has concentrated on developing separation methods with lower energy con-
sumption. The main reason why direct distillation still receives any attention
in the literature is to use it as a reference. One version of the direct distillation
process is presented in Figure 7.

Figure 7 Flow diagram of traditional direct distillation

As can be seen from Figure 7, this technology consists of five distillation col-
umns. The first is used to remove the majority of the water present in the
broth, and the two following columns are used to remove acetone and ethanol
from the remaining mixture. The ethanol product is in the form of a mixture
with water, because of the water-ethanol azeotrope, but it can be dried by ad-
sorption, if desired. The butanol-water separation is done via classic hetero-
azeotropic distillation, also presented in Figure 6. It is not known whether any
significant modifications to the process presented in Figure 7 have been used
on an industrial scale.54,55 The energy consumptions reported for direct distilla-
tion are from 18.4 to 25.0 MJ per kg of butanol.55,56
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1.5.2 Liquid-liquid extraction

In liquid-liquid extraction, two immiscible liquids are mixed so that compo-
nents can be transferred from one liquid phase to another. Similar to distilla-
tion, the two phases should be brought into contact at as high an interfacial
surface area as possible to obtain high mass transfer rates. After this, the two
phases are separated. In distillation this is not a problem, because of the large
density difference of the vapor-liquid system. However, in extraction, the den-
sity difference of the two liquid phases is not as large, and therefore the sepa-
ration is more difficult and a vessel for phase separation is often needed.51

The equipment used for carrying out extraction can be divided into two main
categories: equipment where the mixing is done by the flow of the fluids them-
selves and mechanically agitated equipment. The latter are smaller and more
efficient, but much more expensive in terms of the initial investment and op-
erating costs.51 Figure 8 presents a continuous mixer-settler, which is a liquid-
liquid device with only one separation stage.

Figure 8 Single-stage liquid-liquid extraction

As can be seen from Figure 8,  the two liquid phases  are  vigorously  stirred in
the  mixer  and  a  decanter  is  used  as  a  separator  for  the  phases.  This  kind  of
mixer-separator has one separation stage, which makes it a liquid-liquid
equivalent of flashing. This not very efficient, and often gives a dilute product
in the outlet solvent stream. Because of this, it makes very little sense to use in
situ extraction of ABE. This method, where extraction occurs simultaneously
in a reactor, is simple to build on a laboratory scale, where efficient mixing can
be organized, and it is therefore very common in small-scale research. Howev-
er, on a large scale, it is very inefficient, energy-intensive and expensive, as the
mass transfer between the two liquid phases requires vigorous mechanical
stirring of the reactor.51 Therefore, in this work only non-mechanically stirred
equipment is considered in more detail.

Like flashing, multiple single-stage extraction units can be used in series to
increase the number of separation stages and thus improve the efficiency of
the extraction. An example of equipment with multiple extraction stages is a
counter current multistage contactor, often called an extraction tower, which is
presented in Figure 9.

FEED+SOLVENT

EXTRACT

RAFFINATE



Introduction

14

Figure 9 Principles of multistage extraction

One example of a counter current extraction unit, a spray tower, is presented
in Figure 9a. The heavy liquid enters the tower from the top and fills the unit
as a continuous phase. The light liquid is sprayed from the bottom of the tow-
er, and it rises up in small droplets through the continuous phase. This type of
equipment has a very large axial dispersion (back mixing) of the continuous
phase, causing only one or two stages to be present in such towers. This type of
column can be made more effective by inserting random packing into the tow-
er, which significantly reduces the axial dispersion. Another way to increase
the performance of the extraction is to use tray columns, as presented in Fig-
ure 9b. The behavior of this kind of unit is very similar to a distillation column.
The heavy, continuous phase flows downwards from one plate to another, as
the lighter phase coalesces below each tray, jets up through the continuous
phase in small droplets and coalesces again below the next plate.51

1.5.3 Other methods for the separation of ABE mixtures

Membrane methods
Membrane methods for the separation of ABE from the fermentation broth
include for example pervaporation, perstraction, reverse osmosis and microfil-
tration. Of these, pervaporation is the most widely studied method. It is a pro-
cess which uses a selective non-porous membrane. The liquids diffuse through
the membrane, leaving behind nutrients, sugar, and microbial cells.58-61 Selec-
tivity and flux through the membrane are functions of temperature, pressure,
concentration differences across the membrane, and the area and material of
the membrane. Furthermore, the flux is inversely proportional to the selectivi-
ty of the membrane.59 Pervaporation has been reported to be selective and
simple to operate and low in terms of energy consumption. On the other hand,
the flux achievable though the membrane is generally low and there is a high
possibility of clogging and fouling of the membrane.60,62
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Adsorption
Adsorption is a method where components are removed from a fluid phase by
means of the selective adsorption of molecules on solid surfaces.59 For the ad-
sorption of  an ABE mixture,  hydrophobic  materials  can be used to  minimize
water adsorption. Naturally, if water is to be removed from the organic stream,
then very hydrophilic materials are used. In addition, the pore size of the ad-
sorbent can be selected so that only water fits into the pores, and thus the ac-
tive surface area is much higher for water than for other components. Regen-
eration (desorption) can be done by applying a raised temperature or a pres-
sure shift, often accompanied by gas flushing.63 Adsorption materials can be
expensive, and they have low capacity, relatively low selectivity and fouling is
possible. However, the main problem with adsorption–desorption is the large
size, and therefore high cost, of the equipment needed.62

Gas stripping
In gas stripping, an inert gas, usually N2, or the fermentation gases are bub-
bled through the fermentation broth. The volatile components from the broth
are partially vaporized and condensed from the gas.64 This concept is present-
ed in Figure 10.

Figure 10 Gas stripping

Gas stripping is a robust method and does not suffer from clogging or fouling,
which are inherent problems of the membrane methods. On the other hand, it
has low selectivity, poor removal efficiency and relatively high energy intensiv-
ity. The low selectivity of the gas stripping is caused by the vaporization of wa-
ter with other components. Therefore, gas stripping can be used to keep the
concentration of fermentation products low in the fermenter, but it is not real-
ly suited for the purification of these products, as its selectivity is so low. Ac-
cording to the literature, gas stripping is relatively commonly used to enhance
ABE processes. This is mainly because it is a simple setup which can be used to
enhance fermentation. The problem is that it does not really enhance the bu-
tanol recovery, as the vapor pressure of butanol is too low.62,64

1.6 Scope of the research

The aim of this work was to develop a new, less energy consuming way of using
liquid-liquid extraction and to present examples of processes where this new
Dual Extraction method could be used. At the same time, the aim was to im-
prove the understanding and utilization of liquid-liquid extraction, and to
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bring an industrial perspective to the widely presented academic approach
concerning ABE fermentation.

The development of the authors’ understanding can be clearly seen as the
different publications are compared. The processes in the earlier publications
are more simplified, and in the more recent articles a more realistic approach
is adopted. The thermodynamics of the simulation software was assumed to be
valid in the earlier works,II and in later publications the LLE was measured
and the data was regressed to produce as realistic results as possible.III, IV Fur-
thermore, the separation and purification of ABE into pure components was
modeled only in the most recent publication.IV In earlier works,II, III the for-
mation of ABE was modeled in a very simplified way, while in the latest
work,IV the formation reactions were incorporated into the simulation model.
Furthermore, the broth composition in the form of sugars and intermediate
acids was more realistic.IV

The articles related to this work are closely connected to ABE fermentation.
However, the methods presented in this work should not only be connected to
ABE, as they could be applied to a large variety of processes, and ABE should
be considered more as an example.
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2. Development of Dual Extraction and
Reactive Distillation methods

2.1 Dual Extraction method

Many thorough publications have been published on solvent selection in ABE
product extraction.23,56,65-72 However, extractants that are somewhat soluble in
water have been almost completely ignored. In traditional extraction systems,
these kinds of solvents would become expensive, since much of the solvent
would be lost during the extraction. Another important reason is that these
solvents would most likely be poisonous to the microbes. However, these prob-
lems can be overcome if the toxic solvent dissolved in the fermentation broth
is not recycled directly back to the reactor, but instead extracted in another
extraction unit, as shown in Figure 11. This method is called Dual Extraction
(DE).II, III, IV

Figure 11 The principle of Dual Extraction

The aqueous, butanol-rich reactor output stream is extracted in the first ex-
traction using a non-biocompatible solvent which has a high distribution coef-
ficient for butanol. The raffinate of the first extraction is the aqueous fermen-
tation broth and it contains traces of the toxic extraction solvent. To remove
this non-biocompatible solvent from the broth, a second extraction is per-
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formed. The nontoxic extractant removes traces of the non-biocompatible sol-
vent from the broth so that the fermentation broth can be safely recycled back
to the reactor. After both extractions, the aqueous raffinate contains only very
small amounts of extraction solvents. Since the ABE products are mainly sepa-
rated during the first extraction, the amount of solvent used there primarily
determines the ABE extraction capacity, whereas the efficiency of the second
extraction primarily determines the microbiological compatibility of the recy-
cled fermentation broth.II, III, IV

This kind of dual extraction system enables the use of extractants with very
high distribution coefficients. This means that significantly smaller amounts of
solvents are needed to achieve the desired extraction efficiency. This could
significantly improve the economics of the downstream separations of an ABE
process. Using two extraction solvents to enhance the ABE fermentation is not
an original or new idea. But usually the two solvents are mixed together in or-
der to lower the toxicity of a high-capacity solvent.65

2.1.1 Solvent selection

Numerous components can be used as the main extraction solvents in the DE
process. In general, it can be said that alcohols are the most effective solvents
for the DE process.II, IV In the second article of this work, straight chained al-
cohols with at least nine carbons were used, as smaller components presented
azeotropic behavior with water.II In more recent work, cyclic and branched
alcohols offered a significant advantage: some of them were azeotrope-free. An
example of this kind of solvent is 2-methyl-1-hexanol, which was selected as
the optimal solvent in our latest work.IV A rule of thumb is that an alcohol with
lower boiling point will have higher water-solubility due to its higher polarity
and higher extraction capacity for ABE. The boiling point of the extraction
solvent should not be within the boiling point range of the ABE, which is
56−117.4 °C. This is because the extraction solvent should be recovered in the
first distillation column to keep the energy consumption and column sizes as
small as possible. Alcohols with boiling points lower than 56 °C have very high
water-solubility and are for that reason not easily applicable as extraction sol-
vents. Therefore, the boiling point should be above 117.4°C, but not much, to
minimize the energy consumption.

Numerous components can also be used as the second extraction solvent in
the DE process; in the second article of this work a straight chained alkane,II in
the third article a branched alkane,III and in our latest work a cyclic alkane was
selected.IV In the case of the second solvent, the boiling point does not have to
be outside the boiling point range of the ABE, because the concentration of
ABE is low in the second extraction and separating the two extraction solvents
from each other is of a higher priority. Two additional conditions were set for
the solvent: lack of azeotropes and liquid state at extraction conditions. It was
assumed that components with boiling points at least 10 °C above extraction
temperature are mainly in a liquid state in the extraction conditions. The se-
lected solvents were decane,II isooctaneIII and cyclopentaneIV. It should be not-
ed that only the components included in the Aspen default databanks were
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considered as potential extraction solvents, and the azeotrope search was per-
formed with Aspen Plus using UNIQUAC activity coefficient model.

In the third article of this work, gasoline ethers were used as the solvents in
the first extractionIII. These ethers were 2-methoxy-2-methylpropane (methyl
tert-butyl ether, MTBE), 2-ethoxy-2-methylpropane (ethyl tert-butyl ether,
ETBE), 2-methoxy-2-methylbutane (tert-amyl methyl ether, TAME), and 2-
ethoxy-2-methylbutane (tert-amyl ethyl ether, TAEE). In this application the
second solvent was selected to be isooctane, which is a common oxygen-free
octane booster used in gasoline. The idea was that the product mixture would
be applicable as such as a gasoline additive, without any energy-consuming
distillations.III

2.1.2 Solvent regeneration methods

Two possible distillation column configurations were tested for the solvent
regeneration.II A decanter was utilized in both cases to remove excess water. In
the first method, presented in Figure 12a, both solvent streams from the ex-
traction units were distilled separately. Because the organic stream from the
second extraction unit contained solvents from both extractions, a further dis-
tillation column was needed to separate them. Partial condensers were utilized
in the distillation columns to lower the energy consumption of the following
unit operations. Furthermore, a condenser with a decanter was utilized in the
distillation of the extract in the first extraction. This was necessary because
some water is extracted in the first extraction. In the second option, presented
in Figure 12b, the organic streams from both of the extraction units were
mixed in a decanter before distillation. There, the very low water-solubility of
the second solvent forces a phase separation, where an aqueous phase is
formed and a relatively water-free organic flow is directed to the distillations.
Similarly to the first configuration, partial condensers were also utilized in this
option.II

As can be seen from Figure 12, the first method requires three distillation
columns and the latter option only two. It should be noted that no heat inte-
grations were used during these simulations, and the extraction columns are
not shown in Figure 12. The solvent pairs used for these simulations were oc-
tanol–nonane and decanol–decane. These solvent pairs were selected because
they represented a large variety of different solvent pairs.II
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Figure 12 Solvent regeneration options for Dual Extraction process

The energy consumption was 23.4–31.5 % lower with the three-column sys-
tem, and therefore it was selected as the solvent regeneration method.II As the
process was further developed, this solvent regeneration method was also
modified. The optimized version is presented in Figure 13. IV

Figure 13 Developed solvent regeneration method for Dual Extraction process

As can be seen from Figure 13, two distillation columns have been replaced
with one adiabatic flash unit. This was done to lower the CAPEX and OPEX of
the process. The second extraction was not efficient toward ABE, and therefore
the amount of ABE recovered from the second extraction was negligible. In
this way, the solvent of the second extraction becomes saturated with ABE,
and it no longer removes ABE from the broth. The second extraction solvent
was selected so that it was possible to achieve its separation from the first sol-
vent using adiabatic flash, which includes just one separation stage. If the boil-
ing points of the first and second solvent were closer to each other, and their
separation was not possible with just one separation stage, then the flash unit
would have to be replaced with a distillation column.IV
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2.1.3 ABE purification method

The literature covers multiple options for the recovery of ABE from the broth,
but surprisingly few options for the purification of these into pure compo-
nents.54-56 Despite this, the energy consumption of this separation was report-
ed in the literature.54,56,II To get a more realistic picture of the ABE component
purification, it was carried out using the basic principle described in Figure 7,
with slight modifications, as demonstrated in Figure 14.IV

Figure 14 ABE component separation method for Dual Extraction process

When comparing Figure 7 and Figure 14, the main difference is that in Figure
14, ethanol is taken with acetone as the distillate of the first column. When
arranging the columns as in Figure 14, the butanol stream will not go through
the acetone-ethanol column. There are two benefits: the bottom temperature
of the column is lower and the column will be smaller, thus the CAPEX and
OPEX of the process will be lowered. The bottom product of the first column is
a butanol-water mixture with small amounts of ethanol. Phase separation oc-
curs in the decanter, causing the phases to be on separate sides of the butanol-
water azeotrope, as can be seen from Figure 5. This also causes the distillates
of these two columns to be close to the water-butanol azeotropic point. The
feed streams from the decanter were used as the reflux streams of the distilla-
tion columns on either side of the decanter. Since the distillate of the aqueous
column contained a small amount of ethanol, it was not fed into the decanter
but to the first distillation column, as can be seen from Figure 14. When using
this separation method, all of the components can be obtained as practically
pure components: the mass-based product purities were 95.6, 98.6, 99.2, and
99.7 wt % for acetone, butanol, ethanol, and water, respectively.IV
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2.2 Reactive Distillation method

The reaction products of the ABE fermentation can be reacted together to pro-
duce solvents suitable for ABE extraction. In this way, the process will be self-
sustaining in regards to the extraction solvent. As the extraction solvents are
produced in a reactive distillation column, this process is called Reactive Dis-
tillation (RD).

Common to both the RD and DE processes is that they both utilize two ex-
traction columns in a row. In DE, the first extraction is the main extraction,
while in RD, the main extraction is the latter of the two. The extraction setup
of the RD process is presented in Figure 15.IV

Figure 15 Extraction setup of the Reactive Distillation process

As can be seen from Figure 11 and Figure 15, the extraction setups are very
similar in both processes. The function of the main extraction is the same in
both processes: to remove the ABE components from the broth. However, the
purpose of the secondary extraction column is quite different in these process-
es. In RD, the purpose is to extract the intermediate acids and some ABE to
produce the extraction solvents. In DE, the purpose of the additional extrac-
tion column is to remove the non-biocompatible solvent from the broth. An-
other difference is that in the RD process, the same solvent is used in both of
the extractions, while in the DE process different solvents are used in both
extractions.IV

2.2.1 Solvent selection

The extraction solvents are formed in the reactive distillation column, where
the alcohols and carboxylic acids from the fermentation react together to form
esters according to Equations 1-4.IV
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butanol + acetic acid  butyl acetate + water (2)
ethanol + butyric acid  ethyl butyrate + water (3)
ethanol + acetic acid  ethyl acetate + water (4)

The reactions in the RD process were modeled using equilibrium assumptions.
The reaction equilibria were based on literature data for butyl butyrate,73 butyl
acetate74 and ethyl butyrate.73 The reaction equilibrium for ethyl acetate for-
mation was calculated using the Gibbs energy minimization method in Aspen.
As it is unlikely that the reactions will reach their thermodynamic equilibria in
the reactive distillation column, the values of the equilibrium constants were
calculated at a temperature that was 10 °C below the actual reaction tempera-
ture for butyl and ethyl butyrates and 10 °C above the reaction temperature for
butyl acetate and ethyl acetate. This resulted in equilibrium constants of 8.4,
8.0, 9.8 and 24.7 for butyl butyrate, ethyl butyrate, butyl acetate and ethyl ace-
tate respectively. Compared with the values calculated at the actual reaction
temperature,  these  values  were  reduced  by  11.4%,  12.8%,  2.1%  and  9.3%  for
butyl butyrate, ethyl butyrate, butyl acetate and ethyl acetate, respectively. It
was estimated that this approach would describe the behavior of the reactions
in the reactive distillation column.

Of the reaction products, butyl butyrate was found to be the best extraction
solvent for ABE. It also has low water-solubility, and according to Santos and
de Castro,75 it can be used as a natural flavoring agent in food products. During
butyl butyrate production, some side products are also formed, mainly butyl
acetate with small amounts of ethyl butyrate and ethyl acetate. Their water
solubilities (4.9,76 6.8,77 and  80  g  l−1,78 respectively) are high compared with
butyl butyrate, and therefore these products are not ideal extraction solvents.
This means that a significant amount of these light esters would be lost to the
aqueous phase during extraction. Luckily, this is not a problem, because the
formation of these side products in the RD process is minimal. Furthermore,
Jenkins78 states that butyl butyrate, butyl acetate, and ethyl butyrate are prom-
ising biocomponents for aviation fuels, diesel, and gasoline. This means that
the excess extraction solvents produced by the RD process could possibly be
sold as a mixture without further purification steps. Naturally, they would
have to be accepted as fuel components before that. IV

2.2.2 Solvent regeneration and ABE purification of the RD process

The solvent generation, regeneration and ABE purification of the RD process is
presented in Figure 16.IV
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Figure 16 Solvent regeneration and ABE purification method for the Reactive Distillation process

As can be seen from Figure 16, the regeneration method of the RD process uti-
lizes two distillation columns like the DE process. The esterification reactions
are performed at the lowest stage of the reactive distillation column. The ester
and water products are removed from the reaction zone by the reactive distilla-
tion column, which promotes the reactions. To keep the water from returning
to the reaction zone, the top product of this column is subjected to water ad-
sorption before entering the reflux tank. In this way, the reflux flow of the col-
umn is practically water-free. The majority of the esters produced are taken as
the bottom product of the reactive distillation column, which continues to the
extraction as the recycled solvent. It should be noted that this process can be
operated so that it produces more esters than are needed in the extractions. On
the other hand, it can also be operated in such a manner that no excess extrac-
tion solvents are formed, thus maximizing the ABE yield. The distillate of the
reactive distillation column contains the unreacted ABE products and some
esters, which act as make-up solvent for the main extraction.IV

The ABE flow from the solvent regeneration is separated into its components
in two distillation columns. This is a simpler arrangement than in the DE pro-
cess, and can be utilized because the ABE stream is practically water-free,
mainly because of the adsorption units used in the RD process. The reason,
why the DE process does not use adsorption to remove water at earlier stages
of the process is the relatively large amount of water to be removed. The first
column separates butanol from the lighter components, acetone and ethanol.
Only  part  of  the bottom product  is  taken as  a  product  stream,  as  part  of  it  is
used as a reflux flow in the solvent regeneration section of the RD process.
After the first column, acetone and ethanol are simply separated in the last
column of the process.IV
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The product purities of the RD process were 94.7, 98.3, and 92.5 wt % for ac-
etone, butanol, and ethanol, respectively. The ester product had the following
composition: 96.7, 2.0, and 0.6 wt % for butyl butyrate, butyl acetate, and bu-
tyric acid, respectively. The main factor that prevents higher ethanol purity is
the small amount of lighter esters that end up in the ethanol product.IV

2.3 Experimental liquid-liquid equilibria

1-heptanol,II 1-octanol,II and 1-decanol,II MTBE,III TAME,III isooctane,III buta-
nol,II, III, IV acetone,II, III, IV butyl butyrate,IV methyl hexanol,IV cyclopentane,IV

acetic acidIV and butyric acidIV were  from  Sigma-Aldrich  and  their  purities
were 99.9%. Ethanol with a purity of 99.6% was purchased from Altia oyj.II, III,

IV The water was distilled and ion-exchanged. Its purity was not analyzed.II, III,

IV The  ethyl  ethers  ETBE  and  TAEE  were  obtained  from  Neste  Oil  Inc.  with
initial purities of 92.9 and 65.3%, respectively. Before usage, these ethers were
purified with water extraction and distillation to a purity of over 99%.III

Experiments were carried out to determine the LLE of the components.II, III, IV

When measuring the LLE of the first extraction, an aqueous mixture contain-
ing 1.2, 0.6, and 0.2 wt-% of butanol, acetone, and ethanol, respectively, was
mixed with an organic phase consisting of one of the tested solvents.II, III In the
last article, the experimental setup was otherwise identical, but the aqueous
phase composition was 0.8, 0.4, 0.167, 0.1, and 0.1 wt % of butanol, acetone,
ethanol, acetic acid, and butyric acid, respectively.IV

When measuring the LLE of the second extraction, the aqueous phases were
otherwise the same as above, but an additional 0.1 wt-% of one of the solvent
candidates of the first extraction was added.II, IV In the third article, a value of
1.0 wt-% was used.III Naturally, the organic phases were selected to be a sol-
vent candidate for the second extraction.

The organic to aqueous weight ratios were varied in different experiments. In
the second article, only one ratio was tested: 1:4,II and in the third article the
test contained three ratios: 1:10, 1:5, and 1:3.III In the last article, the following
organic to aqueous ratios were used: 1:20, 1:10, and 1:6.67.IV The experiments
were carried out in 100 mL glass bottles. The bottles were filled so that the gas
volume inside was small, approximately 5 mL. The relatively small gas volume
ensured that any errors caused by VLE would be minimized. All the experi-
ments were carried out at 37 °C with constant mixing for at least 24 h, after
which the bottles were stored at 37 °C. The temperature was controlled within
0.05 °C. Both of the phases were analyzed using a gas chromatograph with
flame ionization detector (GC-FID). The organic phases were further analyzed
with a gas chromatograph with a mass spectrometer (GC-MS) to determine
their water content. The aqueous phase water content was calculated from the
mass balance. The results from two GC-FID and one GC-MS analyses were
combined to calculate each distribution coefficient.II, III, IV The distribution co-
efficients for the components were calculated as mass fraction ratios in organic
and aqueous phases, as shown in Equation 5.III, IV
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Where Di is the distribution coefficient for component i, xi,Org is the mass frac-
tion of component i in the organic phase and xi,Aq is the mass fraction of com-
ponent i in the aqueous phase. III, IV

The errors from the experimental procedures and analytical methods are
important, as the LLE calculations are based on these results. Therefore, the
possible errors from the experiments will have an effect on all simulations and
results. Great care was taken to avoid any experimental error, when the LLE
measurements were carried out. In addition, to make the results more reliable,
the results from four analyses were averaged. In these experiments a reproduc-
ibility of approximately ±5 % was achieved. Water was especially difficult to
quantify, and most of the error originated from the water analysis. Another
component, which caused some problems, was ethanol. Luckily, both of these
components could be found in only relatively small quantities in the extracts.
Therefore, the overall error caused by these components can also be consid-
ered relatively small. The quantitative analyses were more reproducibile for
the rest of the components, and less error can be expected to originate from
them. Furthermore, it can be assumed that evaporative losses and errors from
weighing are negligible when compared to the error from the analysis.II, III, IV

2.3.1 Analysis methods

The GC-FID was a Hewlett-Packard 6890 Series gas chromatograph, with a 60
m long Zebron ZB Wax plus column with a 0.25 mm inner diameter and 0.25
μm phase thickness. The carrier gas was helium, the injection volume was 0.5
μL, and the split ratio was 1:50. The temperature program began with a 10 min
hold at 40 °C, after which the temperature was elevated 10 °C min−1 to 230 °C
followed by a hold of 2 min at that temperature. The GC-MS was manufac-
tured by Agilent Technologies: the gas chromatograph was 7890A and the
mass spectrometer was 5975C VL MSD. The column was a 30 m long Agilent
Technologies Innowax with a 0.25 mm inner diameter and 0.25 μm phase
thickness. The carrier gas was helium, the injection volume was 0.5 μL, and
the split ratio was 1:50. The temperature program began with a 15 min hold at
40 °C, after which the temperature was elevated 7.5 °C min−1 to  200  °C  fol-
lowed by a hold of 15 min.II, III, IV

2.4 Process modeling

All process modeling was carried out using Aspen Plus. The software versions
used were 7.3II, III and 8.4.IV

2.4.1 VLE and LLE

To simulate the LLE, it is possible to use different activity coefficient models
utilizing pure component and binary interaction parameters taken from Aspen
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Plus databanks. Models that are suitable for the calculation of liquid-liquid
equilibria include the Non-Random Two-Liquid (NRTL) and UNIQUAC Func-
tional-group Activity Coefficient model with a liquid-liquid dataset (UNIFAC-
LL).II However, accurate estimation of LLE is difficult and the results are often
somewhat erroneous no matter which model is used. A more reliable, but quite
laborious, method is to measure the LLE experimentally. New experimental
interaction parameters can be regressed, for example to the NRTL model,
which can be then used to predict the phase separation.III, IV

Modeling of the VLE behavior of a mixture is usually more reliable than
modeling LLE. Therefore, experimental regression is generally not required for
components that have binary interaction parameters in the Aspen Plus data-
banks. There are several suitable models for the VLE of the ABE-water mix-
ture. If the mixture presents nonidealities and high polarity, activity coefficient
models are needed. For example, NRTL,II and Universal quasichemical
(UNIQUAC)IV can be considered relatively accurate.

2.4.2 Modeling the ABE fermenter

A shortcut method can be used to model the fermentation.II, III In this method,
the reactions or reagents were not included in the simulation. The extent of the
reaction was modeled by feeding acetone, butanol and ethanol into the reactor
at the same ratio at which the microbes produce them. The only variable was
the output concentration of butanol. This approach could be taken because an
assumption was made that product inhibition would always keep the reactor
output at a certain butanol concentration. Therefore, if the reactor feed con-
tained butanol, the reactor would produce less ABE and the output concentra-
tion of butanol would remain at a certain level. This approach only takes into
account butanol. If acetone or ethanol were present at the reactor feed, then
their concentration at the reactor output would be elevated. Water was also fed
into the reactor, but only the same amount that was taken away from the pro-
cess with the products. When using this method, the sugars, intermediate ac-
ids or the product gases were not included in the simulation.II, III

To describe the realistic behavior of the reactor, it was modeled as a yield re-
actor in the last publication.IV The feed contained sugars which reacted at
specified conversions in the reactor. This produced a reactor output which was
based on experimental results and was therefore more realistic than the ap-
proach in the previous publication. On the other hand, this approach did not
take product inhibition into account. For that reason, the reactor output con-
centration was manually monitored after every simulation to see that the con-
centrations were below the product inhibition levels. As the feed was fixed and
contained a significant amount of water, a purge flow was taken from the recy-
cle stream. This removed excess water, some unreacted sugars and some ABE
from the process. The purge flow was adjusted so that the reactor feed always
contained 50 g l-1 of fermentable sugars. The reactions also produced fermen-
tation gases. The majority of these were separated from the reactor, but some
remained dissolved into the liquid phase. The dissolved gases were removed
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from the process in the purge flow, or in the uncondensable gases taken from
the distillation columns.

The ABE fermentation was assumed to occur in a continuously operated,
unmixed fermenter.10,II,III,IV The reactions of the different sugars to ABE prod-
ucts, intermediate acids, hydrogen, carbon dioxide, and water were based on
experimental data.10,79 The different sugars were assumed to have different
reactivities in the reactor. Glucose and mannose were assumed to be complete-
ly fermentable, while only 70% of xylose was assumed to be consumable by the
microbes.80 The remaining sugars, galactose and arabinose, were assumed to
be completely nonfermentable, and they were removed from the process with
the aqueous purge.80 Experiments carried out with isotopically labeled com-
ponents showed that 15−55% of acetic acid and 2−85% of butyric acid are con-
verted into butanol and acetone during the solventogenic phase.10 It was as-
sumed that 25% of the acetic and butyric acids present in the reactor feed re-
acted further to acetone and butanol in the solventogenic phase of the ABE
fermentation.IV

2.4.3 Modeling of the remaining unit operations

In all simulations, the extraction columns and flash units were assumed to
behave adiabatically at 1.0 bar.II, III, IV The distillation columns had from 20IV to
40II ideal separation stages and a pressure profile from 1.3 to 1.0 bar. The feed
plates of the distillation columns were selected by matching the concentrations
of the feeds to the concentration profiles inside the columns, and the reflux
ratios were minimized so that the desired product purities were achieved. The
heat exchangers of the heat integration were assumed to operate with a 3II to
5IV °C temperature difference between the incoming cold stream and the out-
going hot stream. This caused the heat exchangers to be somewhat large, and
thus more expensive than they would have been with a larger temperature dif-
ference. A relatively small temperature difference was selected because many
authors have stated that the energy consumption of the solvent regeneration
had a significant effect on the economics of ABE fermentation.52, II, IV

2.5 Energy efficiency analysis using heating val-
ue distribution in RD and DE processes

To study the energy efficiencies of the RD and DE processes, calculations were
performed to see how much of the initial lower heating value (LHV) present in
the feed was captured within the products. As the main focus of this work was
in the product purification steps of the ABE process, the SEW process was not
included in these calculations. Therefore, the LHV of the feed from the SEW
process was compared with the LHV of the product streams of the RD and DE
processes.  Table 1 presents the LHV of the feed and the product components.
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Table 1 LHV of the components

Component Lower heating value
(MJ kg-1)

Glucose 14.181

Galactose 14.181

Mannose 14.181

Xylose 16.981

Arabinose 16.981

Acetone 28.681

Butanol 33.181

Ethanol 26.881

Acetic Acid 13.181

Butyric Acid 22.881

Hydrogen 120.081

Butyl butyrate 31.381

Butyl acetate 28.281

Ethyl acetate 23.481

As can be seen from Table 1, the LHV were all in the same range, except for
hydrogen, which is because of its very low molar mass. On closer inspection,
the sugars have somewhat lower LHV than most the ABE products. This is
caused by their higher oxygen content. The lower heating values presented in
Table 1 were used to calculate the LHV distribution in RD and DE processes.

2.6 Economic evaluation of RD and DE processes

To study the economics  of  the DE and RD processes  on a  commercially  rele-
vant scale, the capacity was selected to be 50 t h-1 of  dry  wood.IV Using this
capacity, the annual costs and product revenues were calculated. After this, the
heat exchanger areas and total column weights were determined for both pro-
cesses. The investment costs were calculated based on reported price correla-
tions for columns, heat exchangers, vessels and pumps.82 The purpose of this
economic analysis was to study the differences in investment costs between the
DE and RD processes. Therefore, identical parts of the processes such as the
fermenter, fermentation gas washing and treatment of the purge water were
not considered. The economic parameters used in the evaluation and their
values are presented in Table 2.
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Table 2 The parameters used in the economic analysis

Economic parameter Value

Butanol price 1100 eur t-1 83

Acetone price 1100 eur t-1 83

Ethanol price 900 eur t-1 83

Ester product price 1200 eur t-1 83

Make-up methyl hexanol price 1500 eur t-1 83

Make-up cyclopentane price 900 eur t-1 83

Steam price 32 eur MW-1 84

Lang factor 4.7483

Annual operation of plant 8000 h a-1 84

The chemical prices in Table 2 are European bulk solvent prices in 2014.83 The
Lang factor is used to estimate the cost of an installed process. It is the ratio of
the total installation cost to the purchase price of the equipment. In practice,
the Lang factor includes material and labor costs for site improvements, foun-
dations, buildings, piping, electrical work, insurances, taxes, contingencies,
field and office expenses, temporary construction facilities and contractor
fees.IV

2.6.1 Operating costs

The annual costs and revenues from products were calculated using Equation
6 using the economic parameters given in Table 2.IV

= (6)

where S is sales income in euros, yi is the yield of product i (butanol, acetone,
ethanol, and ester product), pi is the selling price of solvent i given in Table 2, fi

is the consumption of utility j (steam, make-up solvents, etc.) and ci is the cost
of utility j.IV

2.6.2 Investment costs

The distillation column diameters were sized based on the standard sizing
tools within Aspen Plus. The sizing was done using tray columns with Glitsch
Ballast trays. The distillation columns were sized assuming overall column
efficiency of 70% and tray spacing of 61 cm, with 6 m extra height to accom-
modate the structures at the top and bottom of the columns. The reflux tanks
of the distillation columns were sized for 15 min residence time. All pumps
were sized with 20% extra capacity, with a 30 m hydraulic head of water and
an overall efficiency of 40%. The water adsorption columns were sized for 1
week’s continuous operation and duplicated so that one could always be in
operation while the other was in regeneration. The adsorbent was assumed to
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adsorb 10% of its mass of water, and the adsorption column was sized assum-
ing 2300 kg m−3 density and 70% filling fraction of the adsorbent.85 The heat
exchanger areas were calculated by applying Aspen. For reboilers and conden-
sers, the heat exchanger areas were determined based on the temperatures of
the heating and cooling utilities, with an estimated overall heat transfer coeffi-
cient of 850 W m-2 K. Saturated steam at 200 and 140 °C was assumed to be
used for heating purposes. The incoming cooling water temperature was 35 °C,
and outgoing temperature was 55 °C, with the exception of the ace-
tone−ethanol separation columns, where 15 °C incoming and 45 °C outgoing
temperatures were used. The extraction columns were assumed to be random-
ly packed columns and sized with a flow of 45 m3 m−2 h−1.86 The weights of the
process units were calculated assuming a cylindrical shape and column wall
thicknesses of 5−12 mm depending on the diameter of the unit.82 All  equip-
ment was assumed to be made of carbon steel. The cost of water adsorbents,
fermenters, fermentation gas washing towers, pumps, valves and other process
equipment were not included in the cost estimate, since they were assumed to
be very similar in both cases. It should be noted that the RD and DE processes
are not mature technologies, and therefore the exact sizes and materials of the
equipment have not been determined. For this reason, the investment cost
estimate has a relatively low accuracy.IV

Based on the sum of the purchased equipment price, the total installed cost
of the equipment was calculated using Equation 7.IV

= (7)

where TIC is the total installed cost of equipment in euros, Etot is  the  sum of
equipment purchase costs in USD for year 2010, l is the Lang factor, CEPCI is
the chemical engineering plant cost index for years 2015 (560.7) and 2010
(550.8) and x is the exchange rate (0.91 € USD-1). IV
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3. Experimental results

3.1 Liquid-liquid equilibrium experiments

The liquid-liquid equilibria were measured for several components, as can be
seen from Table 3, Table 4 and Table 5. Some were only used to verify the sim-
ulation results of the UNIFAC-LL model,II and others were used in the regres-
sion of new interaction parameters for the NRTL model.III, IV

Table 3 Experimental LLE results (37°C, 1bar) used only in verification of the LLE model lI

1-Heptanol 1-Octanol 1-Decanol

Experi-
mentala

Litera-
ture

Experi-
mentala

Litera-
ture

Experi-
mentala

Litera-
ture

DWater 0.07 - 0.05 - 0.03 -

DAcetone 1.10 0.6587 1.01 0.8287 0.61 -

DEthanol 1.10 0.7587 1.02 0.6488, 0.8289 0.56 0.3989, 0.5788

DButanol 11.3 116, 6.687 9.95 1069, 7.3387 7.17 868, 6.266

DSolvent 266 - 721 - 5368 -

aAqueous phase composition: 0.6, 1.2 and 0.2 m-% for ABE, respectively.

As can be seen from Table 3, the experimental distribution coefficients are
somewhat higher than the literature values for acetone and ethanol. There can
be numerous reasons for this. Most likely there are differences in the experi-
mental temperatures and apparatus. On the other hand, the distribution coef-
ficients for butanol are in relatively good agreement with the literature values.
When looking at Table 3, it seems that Kim et al. (1999) have reported system-
atically lower values than other researchers, which might also explain the dif-
ferences in the distribution coefficients of acetone and ethanol.86 The values in
Table 3 were only used to verify that the thermodynamic model used predicted
the LLE behaviors correctly.II Table 4 presents the experimental distribution
coefficients which were used to regress new interaction parameters for the
NRTL model.III, IV
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Table 4 Experimental LLE results (37°C, 1bar) used in data regression for the first solventIII, IV

MTBEa ETBEa TAMEa TAEEa Butyl-
butyrateb

Methyl-
hexanolb

DWater 0.02 0.01 0.01 0.01 0.01 0.06

DAcetone 1.40 1.40 1.30 1.30 2.60 2.44

DEthanol 1.30 1.10 1.00 1.00 2.46 3.89

DButanol 5.30 3.00 2.80 2.30 6.18 12.60

DAcetic acid - - - - 1.17 0.95

DButyric acid - - - - 4.22 10.20

DSolvent 28.40 77.00 85.00 371.0 1651.0 143.0

aAqueous  phase  composition:  0.6,  1.2  and  0.2  m-%  for  ABE,  respectively, bAqueous
phase  composition  0.8,  0.4,  0.167,  0.1,  0.1  and  0.1  wt  %  butanol,  acetone,  ethanol,
acetic acid and butyric acid, respectively.

As can be seen from Table 4, the gasoline ethers have very similar extraction
behavior toward acetone and ethanol. The distribution coefficients for butanol
are largest for MTBE and smallest for TAEE, as is to be expected from the wa-
ter solubilities of these components.III Butylbutyrate and methylhexanol have a
similar relationship; the distribution coefficients of ethanol and acetone are
somewhat similar, but the values of butanol are different. In this case
methylhexanol is a significantly more efficient solvent for butanol than butyl
butyrate. Literature values for distribution coefficients were not available for
the solvents in Table 4. Some values were found for the side product esters,
but none for butylbutyrate.87,III,IV The experimental distribution coefficients for
the second solvents of the DE process are presented in Table 5.III, IV
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Table 5 Experimental LLE results (37°C, 1bar) used in data regression for the second solventIII, IV

Isooctanea Cyclopentaneb

Experimental Literature Experimental

DWater 0.001 - 0.0002
DAcetone 1.6 0.1585 0.4

DEthanol 0.6 0.1085 1.0
DButanol 0.3 0.2085 1.5

DAcetic acid - - 0.2
DButyric acid - - 0.8

DMethyl hexanol - - 671
DMTBE 14.0 - -

DETBE 90.8 - -
DTAME 112 - -

DTAEE 651 - -
DSolvent 25339 - 8286

aAqueous  composition:  0.6,  1.2,  0.2,  and  1.0  m-%  for  ABE  and  ether,  respectively, b

Aqueous  phase  composition  0.8,  0.4,  0.167,  0.1,  0.1  and  0.1  wt  %  butanol,  acetone,
ethanol, acetic acid, butyric acid and methylhexanol, respectively.

In Table 5, a similar trend can be seen to the previous experimental results;
the values reported by Kim et al. (1999) are lower than the values measured in
this study. Moreover, the values of acetone and ethanol are further from the
literature values than those of butanol.87 Otherwise, the two solvents presented
in Table 5 have relatively similar distribution coefficients.III, IV

3.2 Reactor models

3.2.1 Shortcut reactor model

The output concentrations of the fermenter with the shortcut reactor model
are presented in Figure 17 as a function of initial butanol concentrations and
extraction solvent to broth ratios.II
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Figure 17 Reactor output concentrations with shortcut methodII

If the extractions were equally efficient for acetone, butanol and ethanol, the
total ABE concentrations would be 20, 16.67, 13.33, 10 and 6.67 g l-1, with ini-
tial butanol concentrations of 12, 10, 8, 6 and 4 g l-1, respectively. The mass
ratio of acetone, butanol and ethanol would also remain at 3:6:1. As can be
seen from Figure 17, the increase in the concentrations of acetone and ethanol
causes the total ABE concentrations to be increased by a factor of 1.88–2.87,
when using the decanol-mesitylene solvent pair. Naturally, this increase could
be reduced by making the extraction solvent to broth ratio larger, but this
would  not  be  economical.  These  results  are  not  limited  to  the  solvent  pair
used; usage of other solvent pairs will give rise to very similar results.II As Fig-
ure 17 shows, acetone and ethanol will accumulate in the broth, because their
extraction efficiency is lower than that of butanol. It is important to keep their
concentrations at levels which will not inhibit the growth of the microbes. This
limits the organic to aqueous ratio somewhat.II

3.2.2 The non-shortcut reactor model

The output of the lignocellulosic pretreatment SEW process is used as the feed
of the non-shortcut ABE fermentation model. The composition of this feed
stream is presented in Table 6.IV
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Table 6 Feed to the ABE fermentation from the SEW process

Component
Mass flow

in feed

(kg h-1)

Concentration
in feed

(g l-1)

Water 2731.6 885.5

Ethanol 6.9 2.2

Acetic Acid 7.4 2.4

Glucose 481.2 156.0

Galactose 25.2 8.2

Mannose 111.0 36.0

Xylose 59.4 19.3

Arabinose 11.9 3.9

The sugar concentration of the ABE fermentation should not exceed 60 g l-1, as
the substrate inhibition begins to restrict the sugar utilization of the mi-
crobes.28 As can be seen from Table 6, the sugar concentration of the feed
stream is too high to be used directly in fermentation. Therefore, before feed-
ing it to the fermenter, it is diluted with the recycled aqueous extraction raffi-
nate, which contains only a low amount of sugars and fermentation products.
With the used assumptions and with the feed presented in Table 6, the fer-
menter output without recycling was 44.6, 138.4, 20.3, 26.2, and 8.6 kg h−1 of
acetone, butanol, ethanol, acetic acid and butyric acid, respectively. The total
conversion of sugars was 92.8 wt %, which produced a total solvent yield of
0.30 g g−1. If the acids are also considered, this yield became 0.32 g g−1. It has
been demonstrated that in a continuous process without recycling, solvent
yields of 0.251 and 0.2780 g g−1 have been achieved when using spruce hydroly-
sate. Since in this study most of the unutilized sugars are recycled, a somewhat
higher value of 0.30 g g−1 can be expected even on an industrial scale. The ac-
cumulation of ethanol and acetone as shown in Figure 17 also occurs with the
non-shortcut reactor mode. This is because it is an inherent property of pro-
cesses with a recycle stream. If one component is extracted less than others, its
concentration naturally increases in the recycle loop.IV

3.3 Number of stages in the extraction

As the broth comes from the fermenter, it is directed to the extractions. The
separation efficiency of the extraction towers is very dependent on the number
of separation stages. In Figure 18, the wt % of extracted butanol is presented as
a function of extraction stages with different organic to aqueous mass ratios,
when MTBE was applied as the extraction solvent. The broth contained 8, 4
and 1.33 kg h-1 of butanol, acetone and ethanol, respectively.II



Experimental results

37

Figure 18 The effect of separation stages on the separation efficiency of the extractions

As can be seen from Figure 18, increasing the organic to aqueous ratio natural-
ly increases the amount of butanol extracted. Similar effect can be seen with
increasing number of ideal extraction stages. To achieve over 95 wt % butanol
separation from broth with MTBE, the organic to aqueous ratio needs to be at
least 0.3. Generally, increasing the number of ideal stages increases the size
and price of equipment. Because the price and profit margin of the ABE fer-
mentation products are rather low4, the investment costs of the product recov-
ery unit should be minimized. For that reason all other simulations, except
those reported in Figure 18, were simulated with only fourII or  fiveIII, IV ideal
extraction stages.

3.4 Gasoline ethers as extractants

Figure 19 presents the performance of the different ethers as ABE extractants.
The extraction was simulated with five stages and the ratio between the aque-
ous and organic phase was varied. The broth contained 8, 4 and 1.33 kg h-1 of
butanol, acetone and ethanol, respectively.III

Figure 19 Comparing the different gasoline ethers as ABE extractants
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As can be seen from Figure 19, MTBE is the most effective extractant for buta-
nol of the gasoline ethers. It extracts more than 90 wt % of butanol with an
aqueous to organic mass ratio of 0.25, as the other ethers need 0.40, 0.45 and
0.55 for ETBE, TAME and TAEE, respectively. Similarly, 95 wt % butanol ex-
traction occur at the ratios of 0.30, 0.50, 0.55 and 0.65. Even though MTBE is
the most effective extraction solvent for butanol, this does not mean that it is
the best solvent for this process. The distribution coefficient for MTBE to iso-
octane is only 14.0, which means that a large quantity of isooctane is needed to
make the broth biocompatible again after the extractions.III

Table 7 presents the concentrations of different components in the product
stream when 95 wt % of ABE is extracted with the different ethers. Two differ-
ent cases are reported: one with four extraction stages and 20 ppm of toxic
solvent in the recycle stream and the second with five extraction stages and
100 ppm of toxic solvent in recycle stream.III

Table 7 Product compositions in two operating cases with the gasoline ethers as extractants III

Case1: 4 extraction stages,
20 ppm ether in recycle

Case2: 5 extraction stages,
100 ppm ether in recycle

MTBE ETBE TAME TAEE MTBE ETBE TAME TAEE

Water
(wt-%) 0.2 0.1 0.1 0.1 0.2 0.1 0.1 0.1

ABE
(wt-%) 2.4 2.4 2.2 1.7 3.4 2.7 2.4 1.9

Ether
(wt-%) 32.9 89.8 91.0 97.7 39.2 93.4 94.3 97.7

Isooctane
(wt-%) 64.5 7.7 6.7 0.5 57.1 3.8 3.2 0.2

As can be seen from Table 7, the amounts of ethers and isooctane needed in
the extractions varied strongly. If only the first extraction is considered, then
MTBE is by far the best solvent in both cases presented. When both of the ex-
tractions are taken into account, ETBE is the best solvent in Case1 and MTBE
in Case2. In both cases TAEE required the highest amount of solvents. This
shows that the operational parameters determine the best solvent for this pro-
cess. There are two variables in the comparison of Cases1 and 2: the number of
ideal extraction stages and the ether content in the recycle stream. There is one
distinctive difference between these two: changing the number of ideal stages
has an effect on both of the extractions, but the ether content only affects the
second extraction. MTBE has a relatively small distribution coefficient for iso-
octane, when compared with the other ethers. Therefore the amount of isooc-
tane needed in the second extraction is approximately tenfold when compared
with ETBE or TAME, and hundredfold when compared with TAEE. This is the
main reason why ETBE was the best extraction solvent in Case1. In all of the
simulated cases, the amount of ABE in the end product is low because of the
high volumes of extraction solvents. ABE concentration in the end product
could be increased by limiting the percentage of extracted butanol. For exam-
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ple, reducing the amount of extracted butanol from 95 to 80 m-% reduces the
amount of extraction solvents by half. On the other hand doing this might re-
duce the productivity rate of the microbes in the fermenter.III

3.5 Other extractants

The product flows and distributions with the DE and RD processes are pre-
sented in Table 8 and Table 9. In Table 8, the solvents used were methyl hexa-
nol and cyclopropane and in Table 9 the main solvent was butyl butyrate.IV

Table 8 Recovery percentages of different products in the DE process with different organic to aqueous
ratios IV

mOrg:mAq

(kgkg-1)
Acetone
(wt-%)

Butanol
(wt-%)

Ethanol
(wt-%)

ABE recovery
(wt-%)

0.150 80.0 99.9 93.7 94.9

0.125 78.5 99.4 90.3 93.9

0.100 77.2 99.0 87.0 93.0

0.075 75.7 86.8 85.5 84.3

0.050 74.2 74.7 83.9 75.6

Table 9 Recovery percentages of different products in the RD process with different organic to aqueous
ratios IV

mOrg:mAq

(kgkg-1)
Acetone
(wt-%)

Butanol
(wt-%)

Ethanol
(wt-%)

Ester
Product
(wt-%)

ABE recovery
(wt-%)

0.230 83.2 99.7 90.7 22.0 92.1
0.200 82.9 99.5 89.4 30.7 91.8
0.175 80.6 98.8 87.1 42.1 90.6
0.115 78.1 91.5 83.3 46.4 85.1
0.090 75.6 80.9 81.2 46.6 77.6

As can be seen from Table 8 and Table 9, there is a limit after which the ABE
recovery increases only a little when more extraction solvent is used in the
main extraction. For the DE process, this limit is at the organic to aqueous
ratio of 0.10, and for RD it is 0.175 wt %. The reason for this kind of behavior is
that at those ratios practically all of the butanol has been extracted. If more
solvent is added, ethanol and acetone are practically the only components left
to be extracted, and they are extracted much less efficiently than butanol.IV

It can also be seen from Table 8 and Table 9 that the DE process uses less ex-
traction solvents than the RD process. Despite this, the DE process extracts
more ABE, because the used extraction solvent is more efficient. It should be
noted that the ABE recovery percentage in Table 9 takes into account the ester
product. When comparing Table 8 and Table 9, it can be seen that even with
the largest organic to aqueous ratio in Table 9, the RD process cannot reach
the 93 wt % ABE recovery which is achieved with an organic to aqueous ratio
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of 0.1 using the DE process. This is mainly because some of the esters are lost
to the purge flow due to their high water solubilities in the RD process. To
avoid this, the selectivity of the esterification should be improved. This can
also be seen from Table 10 and Table 11, which present the product losses to
purge flow with different aqueous to organic ratios.IV

Table 10 Percentage of solvents to purge flow in the DE processIV

mOrg:mAq

(kgkg-1)

Total
ABE

(wt-%)

Total
acids

(wt-%)

Total
sugars
(wt-%)

0.150 26.3 86.2 14.7

0.125 31.7 88.0 14.8

0.100 36.8 89.8 14.8

0.075 52.1 92.4 14.9

0.050 67.2 95.6 14.9

Table 11 Percentage of solvents to purge flow in the RD processIV

mOrg:mAq

(kgkg-1)

Total
ABE

(wt-%)

Total
acids

(wt-%)

Total
esters
(wt-%)

Total
sugars
(wt-%)

0.230 30.8 51.1 78.0 14.7

0.200 33.0 50.2 69.3 14.7

0.175 40.2 42.2 57.9 14.7

0.115 57.4 43.1 53.7 14.8

0.090 79.1 44.0 53.4 14.8

As can be seen from Table 10, with larger organic to aqueous ratios, the main
components in the purge stream, in addition to water and the unfermented
sugars, are the intermediate acids. This is because their extraction efficiencies
are low. With smaller organic to aqueous ratios, the concentration of the main
fermentation product, butanol, increases in the broth, and for that reason the
concentration of ABE in the purge stream becomes larger than that of the in-
termediate acids.IV

The compositions of the purge flows in the RD process, presented in Table
11, are different from the trends in the DE process. This is because the RD pro-
cess consumes the intermediate acids as the extraction solvents are produced
from them. For this reason, these acids are not the main components in the
purge  flow.  With  larger  organic  to  aqueous  ratios,  all  of  the  organic  compo-
nents, not including the sugars, have approximately the same concentration.
With lower organic to aqueous ratios, the amount of butanol again becomes
dominant, and the ABE concentration in the purge flow becomes the largest.
This is because the fermentation produces much more butanol than acetone or
ethanol into the broth, and if there is not enough extraction solvent to take the
butanol away, then its concentration in the purge flow will increase.IV
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3.6 Energy efficiency analysis using heating val-
ue distribution in RD and DE processes

The energy efficiency calculations were performed using tha LHV presented in
Table 1, and the feed and product flow compositions.  It should be noted that
in these calculations the gaseous, hydrogen containing stream and the purge
streams were not considered as products. The feed composition was constant,
and therefore its heating value was also at a constant value of 10.2 GJ/h. Fig-
ure 20 presents the energy efficiencies of the RD and DE processes.

Figure 20 Distribution of the feeds LHV in RD and DE processes with different organic to aqueous ratios

As can be seen from Figure 20, with the organic to aqueous ratio of 0.175, the
products of the RD process contained 58.8% of the LHV of the feed. Similarly
with organic to aqueous ratio of 0.1, the products of the DE process contained
60.3% of the LHV of the feed. At the same time the components ending in the
purge flow contained 23.6 and 22.4% and the gaseous reaction mixture 11.2
and 10.9% of the LHV of the feed for RD and DE, respectively. The rest of the
LHV of the feed, which was 6.4% for both of the processes, was consumed dur-
ing the fermentation. The relatively high LHV of the purge stream for both
processes was mainly caused by the unreactive sugars, which were removed
from the processes via the purge stream. With the same organic to aqueous
ratios as above, sugars were responsible for 63.4 and 67.2% of the LHV of the
purge stream for RD and DE, respectively.

3.7 Energy consumption

The energy consumption of the ABE recovery is a very important parameter.2

In Figure 21  the energy consumption of  the DE process  to  pure ABE compo-
nents is demonstrated as a function of different extractants, the initial butanol
concentration and the butanol recovery percentage.
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Figure 21 Cumulative  energy  consumption  of  the  DE  process  with  different  solvents  as  a  function  of
initial ABE concentration and butanol recovery percentageII

As can be seen from Figure 21, energy consumption increases when more bu-
tanol  is  extracted  from  the  broth.  However,  it  should  be  noted  that  it  is  not
necessarily industrially feasible to only optimize the energy consumption of
the ABE recovery. A certain balance should be found between energy con-
sumption and productivity. According to Figure 21, the energy consumption
increases only slightly up to a butanol recovery of 70 wt %. After this, the ener-
gy consumption starts to increase more rapidly. Decreasing the initial butanol
concentration also increases energy consumption: approximately 0.33 and
0.86 MJ kg-1 additional energy is needed if the butanol concentration is low-
ered from 12 to 8 and 4 g l-1.II

In addition to the DE process, the energy consumption of the RD process
was studied. These are presented in Table 12 and Table 13.IV

Table 12 Energy consumptions at different organic to aqueous ratios in the DE process IV

mOrg:mAq

(kg kg-1)

Solvent
regenera-

tion
(MJ h-1)

ABE
purifica-

tion
(MJ h-1)

Molecular
sieves

(MJ h-1)

Tot
(MJ h-1)

MJ kg-1

(butanol)
MJ kg-1

(ABE)

0.150 748.8 233.6 12.6 995.0 7.0 5.0

0.125 665.6 230.8 12.6 909.0 6.4 4.6

0.100 582.1 189.5 11.9 821.5 5.8 4.2

0.075 477.4 207.4 10.4 695.2 5.6 3.9

0.050 373.0 187.9 8.6 569.5 5.4 3.6
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Table 13 Energy consumption at different organic to aqueous ratios in the RD process IV

mOrg:mAq

(kg kg-1)

Solvent
regen-
eration
(MJ h-1)

ABE
purifica-

tion
(MJ h-1)

Molecu-
lar

sieves
(MJ h-1)

Total
(MJ h-1)

MJ kg-1

(butanol)
MJ kg-1

(All products)

0.230 1756.4 284.4 157.3 2198.2 16.7 11.5

0.200 1730.5 288.7 149.4 2168.6 16.5 11.3

0.175 1724.0 295.2 140.4 2159.6 16.9 11.2

0.115 1814.0 302.4 132.5 2248.9 19.1 12.3

0.090 1850.4 308.2 128.9 2287.4 22.3 13.7

As can be seen from Table 12, solvent regeneration is by far the biggest energy
consumer in the DE process. On the other hand, it handles the largest process
flows, which explains the large energy consumption. Just  like  in  the  DE  pro-
cess, the solvent regeneration is responsible for over half of the total energy
consumption of the RD process, as can be seen from Table 13. This is because a
significant amount of reflux is needed to minimize the amount of esters in the
distillate.IV When comparing the total energy consumption of the processes, it
can be observed that the DE process consumes from 54.7 to 75.8% less energy
than the RD process. This can also be seen from Figure 22, where the energy
consumption as a function of all products and as a function of only butanol is
depicted for both processes. All Products in Figure 22 includes the ester prod-
ucts in addition to the ABE. It should be noted that the intermediate acids,
acetic and butyric acid, are not considered as products in Figure 22.IV

Figure 22 Energy consumption of the processes as a function of products IV

As can be seen from Figure 22, the energy consumption of DE increases slight-
ly when the amount of extracted products is increased. The energy consump-
tion starts to grow exponentially after 97 and 99wt % for all  products and for
butanol, respectively. In RD the energy consumption decreases with increasing
recovery  until  the  amount  of  extracted  products  is  89  and  99wt  %,  for  all
products and for butanol, respectively. After this, an exponential increase in
energy consumption starts. The exponential increase in energy consumption
occurs when almost all products have been extracted. In this situation, in-
creasing the extraction solvent amount will increase energy consumption, but
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the amount of products will remain practically unchanged. The decreasing
trend of the RD can be explained with the energy consumption of the largest
energy consumer in the process, solvent regeneration, which is not very sensi-
tive to the amount of extraction solvent. This is because of the very high reflux
ratio, which will keep the energy consumption high even when there is only a
small amount of extraction solvent. This leads to a situation where an increase
in the amount of extraction solvent will increase the amount of products, but
the energy consumption will increase only slightly, and the ratio between en-
ergy consumption and the amount of recovered products will decrease. In Fig-
ure 22, the curves for RD are further apart from each other than the curves for
DE.  In  DE,  the  mass  flows  of  ethanol  and  acetone  are  relatively  small  com-
pared with the butanol. This brings the curves close to each other. However,
RD includes the ester product. The mass of this stream is relatively large, be-
cause it includes the intermediate acids, which are not considered to be prod-
ucts otherwise. In addition, some of the butanol has reacted to esters, further
increasing the amount of other products than butanol. As can be seen from
Figure 22, the curves which contain only butanol start exponential growth
closer to the 100% mark than the curves with all products. This is because bu-
tanol is easier to extract than, for example, ethanol, acetone or the smaller es-
ters. At the operating point where approximately 99wt % of butanol is recov-
ered to the products, the processes consumed 6.12 and 15.98 MJ kg-1 butanol
for DE and RD, respectively. At this operating point 97.5 and 89.4 wt % of all
products were recovered for the DE and RD processes, respectively.IV

3.8 Economic comparison of DE and RD pro-
cesses

Table 14 and Table 15 present the sizes and prices of the process equipment for
the DE and RD processes. The purchase cost has been calculated using Equa-
tion 7, and the cost of distillation columns includes the costs of the reboiler,
condenser, reflux tanks and reflux pumps.IV
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Table 14 Equipment sizing and prizing for the DE process IV

Device Diameter
(m)

Weigh
(kg)

Heat
duty

(MW)/
Motor
duty
(kW)

Area
(m2)

Purchase
Cost
(€)

Main extraction
column

5.4 16667.9 - - 1075660

2nd extraction
column

5.1 15818.0 - - 1022301

Regeneration
column

2.8 15881.5 - - 294003

Dist column 2.3 12103.3 - - 257804
Org column 1.2 5019.6 - - 101983
Aq column 0.5 1451.1 - - 58569

Light dist column 1.1 4301.0 - - 136251
Water absorber 1.2 719.5 - - 25300

Flash tank 1.0 364.0 - - 14012
Regeneration

column feed heater
- - 524.5 7284.7 28601

Flash feed heater 1 - - 44.4 616.7 26518
Flash feed heater 2 - - 44.5 617.0 26660

Org column
feed heater

- - 12.2 169.4 26428

Aq column
feed heater - - 8.0 109.6 17100

Light dist
feed heater - - 0.6 31.3 4897

Main extraction
solvent pump

- - 32.6 - 28343

2nd extraction
solvent pump

- - 1.2 - 9026

Total (€) 3189812

Installed Cost (M€) 15.1
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Table 15 Equipment sizing and prizing for the RD process IV

Device Diameter
(m)

Weigh
(kg)

Heat
duty

(MW)/
Motor
duty
(kW)

Area
(m2)

Purchase
Cost
(€)

Pre-extraction
column 5.2 11399.9 - - 744136

Main extraction
column 5.5 17115.4 - - 1103743

Reactive distillation
column 2.3 15516.5 - - 297046

Solvent column 4.1 28351.7 - - 503988
Butanol column 2.6 15150.1 - - 307743
Lights column 1.4 3630.5 - - 160502

Water absorber 1 2.0 2591.1 - - 56217
Water absorber 2 1.6 1704.0 - - 42252

Reactive distillation
feed heater - - 324.1 4501.0 27637

Solvent column
feed heater 1 - - 903.5 12549.0 30623

Solvent column
feed heater 2 - - 35.5 493.0 26491

Lights column
 feed heater - - 1.0 13.0 26405

Pre-extraction
solvent pump - - 10.3 - 16605

Main extraction
solvent pump - - 52.9 - 36923

total (€) 3380310
Installed Cost (M€) 16.0

According to Table 14 and Table 15, the investment cost of the DE process
would be approximately 0.9 million euros lower than the investment cost of
the RD process. However, the accuracy of the cost estimates is so low that both
of the processes can be considered equally expensive and neither of the pro-
cesses have the advantage of lower investment costs. In Table 9, the factors
affecting the costs of the processes are presented.IV

Table 16 Structure of production costs in the DE and RD processes IV

Process
Sugar

feedstock
(M€ a-1)a

Steam
(M€ a-1)

Make-up
solvents
(M€ a-1)

Annuity of
TIC of recov-
ery (M€ a-1)

Production
cost

(M€ t-1sugars)a

RD 110.0 7.7 0.0 2.4 300.2

DE 110.0 2.9 0.7 2.3 289.8

difference 0.0 4.8 −0.7 0.1 10.4
aSugar price 275 € t-1.
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The feedstock, i.e. sugars, is clearly the most significant factor affecting the
production costs, as can be seen from Table 16. The cost of the sugars alone
was responsible for 91.6 and 94.9% of the total operating costs for the DE and
RD processes, respectively. Therefore, the energy consumption and other fac-
tors play only a small role in the total production costs. The total cost of the
recovery part, which includes energy consumption, make-up solvents, and
annuities of the initial investments, were 5.9 and 10.1 M€ a-1 for  the DE and
RD processes, respectively. These values can be considered relatively normal
for plants of this type and size.3 However, it should be noted that the price of
sugars dominates these costs, and it can be concluded that the energy con-
sumption of the ABE recovery is not a very significant factor if lignocellulosic
sugars are used. Of course, if cheaper ways to produce fermentable sugars
from lignocellulosic biomass are developed, then the situation could be differ-
ent. However, Table 16 only takes into account the production costs, and fixed
costs are excluded from the calculations. Furthermore, Table 16 does not con-
sider the income from the products. This has been taken into account in Figure
23.IV

Figure 23 Sales revenues of the RD and DE processes as a function of sugar price IV

As can been seen from Figure 23, the sales revenue was higher in the DE pro-
cess. This was mainly caused by the lower product recovery yields and higher
steam consumption of  the RD process.  Per  50 tons of  dry  wood,  the RD and
DE processes produced 9610 and 9790 kg of products. With the product prices
of  Table  2,  the  sales  income  was  81.83  and  83.14  M€  a-1 for  the  RD  and  DE
processes, respectfully. As can be seen from Figure 23, the breakeven prices of
sugars  for  the  RD  and  DE  processes  were  233  and  268  €  t-1, respectively. It
should be noted that these are slightly lower than the estimated price of sugars
in Table 16. A pretreatment unit of this size was estimated to produce sugars at
a price of approximately 400 € t-1.84 This is significantly higher than the break-
even prices of the RD and DE processes. The results indicate, at least with the
assumptions made in these calculations, that it is not possible to economically
produce fermentable sugars from lignocellulosic biomass and use them to pro-
duce ABE via the biochemical route. It was calculated that with an ester price
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of 4376 € t-1 the RD and DE processes would produce equal sales revenues. As
can be seen from Table 2, the average bulk price of 2014 for the ester product
was 1200 € t-1. It is unlikely that its price would increase dramatically enough
to make the RD equally or more profitable than the DE process. Therefore, it
can be concluded that the DE process will produce a higher sales revenue than
RD process with a practically identical investment cost.IV



49

4. Conclusions

In this work, biobutanol recovery was studied using liquid-liquid extraction. In
particular, the focus was on developing two novel processes for this purpose;
the Dual Extraction and the Reactive Distillation.

Biobutanol is produced by Clostridium spp. in a process called ABE fermen-
tation. The limitations for large industrial-scale production are expensive sub-
strates, low yield and productivity of the microbes and non-effective down-
stream processing. Lignocellulosic materials could be an answer to the first
limitation, and an optimized process including the recycling of non-reacted
substrates and very effective product removal could be the answers to the two
last limitations.

Lignocellulosic materials or other non-edible feedstocks should be used as
substrates if the butanol is to be used as traffic fuel. However, some pretreat-
ment steps are needed to make lignocellulosic material fermentable. There are
several commercial processes available for this purpose. However, as the pur-
pose of this work was not to select the optimum pretreatment method for the
lignocellulosic materia, the proven SEW process was used. It should be noted
that this method, like all its competitors, still needs further development to
bring down the cost of the produced sugars.

In general, it can be said that the solvents used in extraction can be either bi-
ocompatible or effective, and the properties required to fulfill one category
exclude the other. This creates a problem, because all effective solvents kill or
strongly inhibit the growth of the microorganisms used if they are allowed to
come into direct contact with each other. Therefore, the literature has only
focused on the biocompatible solvents. However, the DE method enables the
usage of non-biocompatible solvents without harming the microbes. This is
done by applying an additional extraction, the main function of which is to
remove the non-biocompatible component from the broth. In this way, the
fermentation broth can be recycled back to the fermenter without killing or
harming the microbes. When selecting the solvents for the DE process, it was
found that alcohols are the best solvents for the main extraction, because of
their high extraction capacities. These solvents are not biocompatible, but they
can be very effective extractants for ABE, meaning that smaller amounts of
solvent, and thus smaller equipment, can be used. The best option for the sec-
ond solvent was found to be alkanes. These have very limited extraction effi-
ciency toward ABE, but they are very effective in the extraction of the first sol-
vent, and they are biocompatible.
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On the other hand, other extraction solvents can also be used in the DE pro-
cess. For example, the gasoline ethers, MTBE, ETBE, TAME and TAEE could
be used in conjunction with isooctane to extract biobutabol from the broth.
When using these as extraction solvents, the product mixture could be used
directly as a gasoline additive without any expensive and energy-consuming
unit operations. When using these gasoline ethers as extraction solvents, it was
found that MTBE and ETBE were the most effective extraction solvents, fol-
lowed by TAME and TAEE. However, there are still some unresolved problems
when operating the DE process with these gasoline ethers: the presence of ace-
tone might harm the rubber parts of the engine and the total concentration of
ABE in the product to be blended in to gasoline is quite dilute in respect to
ABE. The first issue could be solved by using non-acetone producing microor-
ganisms and the second issue would have to be solved by adding some ABE
concentrating steps, such as distillation columns.

In addition to DE, another process was also developed for the same purpose.
In this process, all the extraction solvents are produced from the fermentation
products, thus eliminating the need to purchase any make-up solvents. This is
called the Reactive Distillation process. The extraction solvent used in this
process is a mixture of esters, the main component being butyl butyrate. The
other esters present are butyl acetate, ethyl butyrate and ethyl acetate, and as
the name of the process suggest, these are all produced in a reactive distillation
column. The largest benefit of the RD process is its flexibility: it can produce
only ABE or it can process almost all of the ABE into esters.

When RD and DE processes were compared it was found that they distribute
the LHV of the feed similarly. Approximately 60% of the LHV of the feed can
be recovered within the products. The rest is lost to waste streams and con-
sumed during fermentation. The main reason for LHV losses are the unreac-
tive sugars. To improve the LHV recovery a microbe with more diverse ability
to utilize different sugars should be used. Suchs reports can be found from the
literature90.

The energy consumption of the RD process was found to be almost twice as
large, when compared with the DE process. On the other hand, they are both
equally expensive to build and to operate. However, the RD process suffers
from the fact that not all of the side product esters can be recovered. The effect
is large enough to make the sales revenues and therefore the profitability of
the DE process higher. The RD process could be developed further and possi-
bly the selectivity of the esterification could be increased, but still the process
can only produce a very limited number of possible extraction solvents. A large
variety of different solvents can be utilized in the DE process, which makes the
DE process the more versatile of these two processes.

Neither the RD nor the DE process is a completely mature technology. The
main uncertainties in the RD process are related to the reactive distillation
column. Catalyst research is needed to derive proper kinetic models for all
reactions and to verify that the catalyst remains active in the reaction condi-
tions. The novelty of the DE process is not within the unit operations, because
they are all well-known technology. Therefore, the main uncertainty regarding
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this process is in the accuracy of the VLE and LLE models. In addition to this,
experimental work is needed for both processes to verify that the solvents used
do not inhibit the ABE production. It could be concluded that DE is the slightly
less complicated process and that its technical maturity is higher. However,
technological maturity is still far off for both of these processes.

Comparing the different pretreatment methods and microbial strains could
bring significant improvement to the performance of the process. So could the
usage of computational algorithms in optimization of the solvent selection and
process configuration. On the otherhand, the possible inhibitory effects of the
recycled broth should be experimentally verified. However, these were not
within the scope of this work and thus they are part of future research topics
that can be used to optimize the process further.
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