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CO2 capture was investigated in this work by measuring and modeling alkanolamine systems 

and by developing entirely new models for process design purposes. 
   The Henry's law constant of CO2 in aqueous amine solutions is necessary when modeling 
CO2 capture processes. However, the physical solubility of CO2 in aqueous amine solutions 
cannot be measured directly and therefore it is derived from the Henry's law constant of N2O 
in the same solutions by employing the N2O - CO2 analogy. In this work a new model was 
developed for the Henry's law constant of N2O in aqueous binary and ternary amine solutions 
(monoethanolamine MEA, diethanolamine DEA, diisopropanolamine DIPA, N-
methyldiethanolamine MDEA, and 2-amino-2-methyl-1-propanol AMP) as a function of 
temperature and amine concentration. The parameters of the new expression were fitted to 
992 data points up to 393 K. The new model was also compared with the models found in the 
literature. The model developed in this work describes the experimental data better than the 
models found in the literature. 
   Heat stable salts are formed in CO2 capture processes when oxygen is present in a system. 
Heat stable salts have not been studied much in the literature and thus this work was extended 
to cover amine degradation products. 2-hydroxyethylammonium acetate (2-HEAA), which is 
a heat stable salt but also a distillable protic ionic liquid, was prepared from MEA and acetic 
acid (HAc) and it was purified by distilling under vacuum. Vapor-liquid equilibrium was 
measured with a static total pressure apparatus. Solid-liquid equilibrium and the melting point 
of pure compounds were measured either with a visual method or with a Differential Scanning 
Calorimeter. Density was measured with a DMA HP connected to a DMA 5000 M densimeter. 
In addition, vapor pressure was measured using a Vigreaux type distillation column. The 
research of 2-HEAA indicated that the effect of heat stable salts on phase equilibria can be 
taken into consideration when modeling CO2 capture processes. 
   A new model was also developed for the density of aqueous DIPA solution as a function of 
both temperature and composition since no general model for aqueous DIPA solution was 
found in the literature. 
   In addition, vapor-liquid equilibrium data of thiol + hydrocarbon systems were modeled with 
the NRTL, Wilson and UNIQUAC activity coefficient models. Also predictive UNIFAC and 
COSMO SAC models were used. 
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Notations

Symbols

,..., 10 aa Parameters 

ba, Parameters

BA, Parameters

c Heat capacity (kJ/K)

f Fugacity (kPa)

g Legendre polynomial

G Gibbs energy (kJ/mol)

H Enthalpy (kJ/mol)

H Henry’s law constant (Pa m3/mol)
m Mass (g)
n Number of moles

N Number of components

P Pressure (kPa)
r Reduced property

R Gas constant (J/Kmol)

S Solvent

T Temperature (K)

V Volume (m3)
w Mass fraction
x Mole fraction in the liquid phase
y Mole fraction in the vapor phase
z Total equilibrium composition

Z Compressibility

Greek letters
 Non-randomness parameter

,..., Different phases where the component i is present

 Activity coefficient
 Density (gcm-3) or (kgm-3)
 Interaction parameters of the NRTL model

 Fugacity coefficient

 Acentric factor
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Superscripts

...2,1 Component

 Standard state

* Unsymmetric

E Excess term

fus Fusion

L Liquid phase

S Solid phase

Sat Saturated

V Vapor phase

Subscripts

calc Calculated
cr Critical property
exp Experimental

i Component

j Component

k Component
m Molar

P Pressure (kPa)

Abbreviations
AMP 2-amino-2-methyl-1-propanol

CO2 Carbon dioxide

COS Carbonyl sulfide

COSMO RS Conductorlike screening model for real solvent

COSMO SAC Conductorlike screening model for segment activity 

coefficient

CS2 Carbon disulfide

DEA Diethanolamine

DGA Diglycolamine

DIPA Diisopropanolamine

DMS Dimethyl sulfide

DMDS Dimethyl disulfide

DSC Differential scanning calorimetry

EXP Exponential

FCC Fluid catalytic cracking

GLE Gas-liquid equilibrium

HAc Acetic acid

HCO3- Bicarbonate ion
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2-HEAA 2-(Hydroxy)ethylammonium acetate

2-HEAF 2-(Hydroxy)ethylammonium formate

2-HEAM N-(2-Hydroxyethyl)acetamide

H2O Water

H3O+ Oxonium ion 

H2S Hydrogen sulfide

HSS Heat stable salt

LLE Liquid-liquid equilibrium

LPG Liquefied petroleum gas

MEA Monoethanolamine

MDEA N-methyldiethanolamine

NMR Nuclear magnetic resonance

N2O Nitrogen oxide

NRTL Nonrandom two-liquid

OSS Organic sulfur species

POY Poynting pressure correction

RSH Mercaptan

SLE Solid-liquid equilibrium

SRK Soave-Redlich-Kwong equation of state

TEA Triethanolamine

UNIQUAC Universal quasi-chemical

VLE Vapor-liquid equilibrium
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1. Introduction

In the oil and petroleum industries, crude oil is processed and refined into 

more useful products by fractional distillation. The fractions at the top of 

the fractionating column have lower boiling points than the fractions at the 

bottom, and therefore the top distillates are called light hydrocarbons and 

the bottom distillates are called heavy hydrocarbons (Wauquier, 1995).

These hydrocarbon streams typically contain acid gases such as carbon 

dioxide (CO2), hydrogen sulfide (H2S) and carbonyl sulfide (COS) as well as

organic sulfur species (OSS) such as mercaptans (RSH), dimethyl sulfide 

(DMS), dimethyl disulfide (DMDS) and many others (Awan, 2010). The 

removal of these acidic and sulfur compounds from liquid and gas streams

is essential due to the tightening environmental regulations worldwide.

The mixtures of sulfur compounds and hydrocarbons have been scarcely

investigated in the literature. The reason for this may be that many sulfur

compounds are toxic and thus uncomfortable to research and examine.

However, the tightening environmental regulations have forced the 

industry to pay more attention to environmentally detrimental sulfur 

compounds. In order to reach low sulfur levels in process units, high quality 

vapor-liquid equilibrium (VLE) data and accurate thermodynamic models

are needed to reliably describe sulfur containing systems. If however 

experimental data are not available for modeling purposes, systems can be 

designed based on predictive models. The disadvantage of the predictive

models is that the real behavior of the chemical systems is not known and 

therefore the quality of a prediction cannot be assessed. 

Alkanolamine solutions have been widely used for the removal of acid

gases from various gas streams such as fuel gases, natural gases and 

refinery gases. The most used alkanolamines are monoethanolamine

(MEA), diethanolamine (DEA), diisopropanolamine (DIPA), N-

methyldiethanolamine (MDEA) and 2-amino-2-methyl-1-propanol (AMP)

and mixtures of these. In an acid gas processing unit, the lean amine 

solution is fed into the absorption column on the top of the tower and it 

then flows counter-currently to the sour gas stream which enters the 
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process from the bottom of the tower. When the acid gas encounters the 

amine, they react resulting in a rich amine solution. The loaded amine

solution exits from the bottom of the tower and the sweet gas from the top 

of the tower. In a stripper unit, the sour gas is separated from the rich 

amine solution by elevating the temperature and the pressure, in order to 

recycle the lean amine solution back to the absorber column (Shao and Vaz, 

2007). Various phenomena take place in the absorber and stripper units,

such as phase equilibrium, mass transfer, chemical reaction and reaction 

rate. All these phenomena have to be taken into account in process design if 

a comprehensive description of such a process is desired. This indicates 

that phase equilibrium measurements and modeling of the measured 

systems are only part of a larger entity in designing CO2 capture processes.

The chemical solubility of CO2 in aqueous amine solutions has been 

modeled successfully in the literature and thus the research can be 

extended to cover complicated amine systems. In gas sweetening,

alkanolamine solutions become contaminated by amine degradation 

products. The degradation of alkanolamines is presented in the literature 

but the effects of the degradation products on phase equilibria have been 

investigated much less. The knowledge of phase equilibria of such systems 

is important for a robust thermodynamic description of real amine 

solutions in industrial processes.

1.1 Objectives
High quality experimental data and accurate thermodynamic models are 

crucial for the proper description of phenomena occurring in chemical 

processes. The aim of this work is to investigate phase equilibria of totally 

new systems and to expand the measurements of already studied systems to 

ranges that have not yet been published in the literature. In this way, this 

work responds to an increasing need of new experimental data, modeling 

the measured systems and development of better thermodynamic models 

for industrial purposes. This work focuses mainly on CO2 capture processes 

but sulfur containing hydrocarbon systems are also investigated.

The Henry’s law constant of CO2 in aqueous amine solutions is needed in 

modeling the CO2 + H2O + amine systems and it is derived from the 

Henry’s law constant of N2O in the same solutions through the N2O-CO2

analogy (Clarke, 1964). A literature survey in [I] indicates that various 

models for the Henry’s law constant of N2O in aqueous amine solutions

have been developed by many authors. However, the comparison of the 

models reveals that many of them deviate from the literature data,
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especially at high temperatures. This is a source of error when describing 

the chemical solubility of CO2 in these solutions. Therefore a new model for 

the Henry’s law constant of N2O in aqueous binary and ternary amine 

solutions is developed in this work. The amines of MEA, DEA, DIPA, MDEA 

and AMP are used in the model development since they have been 

commonly employed in industry. These amines are also selected because of 

the availability of experimental data in the literature.

Amine degradation products are constantly formed in CO2 recovery

processes but their effects on phase equilibria have been studied only very 

little in the literature. Therefore this work has been extended to cover 

amine degradation products. In this work the heat stable 2-(hydroxy)

ethylammonium acetate (2-HEAA) salt, which is also a protic ionic liquid, is 

examined since it is distillable and does not decompose under vacuum 

distillation. Instead, 2-HEAA dissociates into MEA and acetic acid (HAc)

before the vaporization and then on condensing, 2-HEAA is reformed. A 

protic ionic liquid, that is not distillable, decomposes under vacuum 

distillation (Greaves and Drummond, 2008). In that case, the distillate is 

composed not solely of a pure protic ionic liquid, but it also consists of 

other side reaction products. The purity of the distillate indicates if the 

ionic liquid is distillable or not and it can be determined by NMR 

measurements (Earle et al, 2006). 2-HEAA is a distillable protic ionic liquid 

and thus it is investigated in this work. 

A density model for aqueous DIPA solution is needed to calculate the 

VLE of the H2S + H2O + DIPA system in publication [II] but there is no 

general density model available in the literature. Henni et al. (2003) 

measured the density for H2O + DIPA and the experimental data were 

modeled with a polynomial correlation. The drawback of the model is that it 

is applied separately to each temperature. The modeling of the VLE data in 

publication [II] needs a general model for the density, which is a function of 

both temperature and concentration. This is the reason to develop a new 

model for the density of aqueous DIPA solution.

Sulfur compounds are present in hydrocarbon streams in refinery 

processes, but these systems have been scarcely studied in the literature.

Many sulfur compounds have detrimental effects on the environment and 

therefore they should be removed from the refinery streams down to trace 

levels. The availability of experimental data enables to design sulfur 

containing processes accurately and thereby to lower their amounts in 

processes. In this work, the systems of 1,2-ethanedithiol + n-butane, 1,2-

ethanedithiol + 2-methylpropane, 2-methyl-2-propanethiol + n-butane and 
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2-methyl-2-propanethiol + 2-methylpropane are modeled with various 

activity coefficient models.

1.2 Compounds of interest
The amines of MEA, DEA, DIPA, MDEA and AMP are used to develop a 

new model for the Henry’s law constant of N2O in aqueous binary and 

ternary amine solutions. The model is applied to the above mentioned

amines and amine mixtures in order that it could be as versatile as possible.

Due to the chemical structure, each amine has specific properties which 

need to be taken into consideration when an amine is chosen for the acid 

gas removal in a specific process. This is discussed in section 1.2.1.

Heat stable salts are formed in absorption processes. The gradual 

building up of these compounds in amine processes results in several 

operational problems. Section 1.2.2 focuses on the formation of heat stable 

salts, their effects on process operations and their removal from amine 

circulation loops. In addition, thiols and hydrocarbons are discussed in 

section 1.2.3.

1.2.1 Alkanolamines

Alkanolamines are weak organic bases which have at least one hydroxyl and 

one amino group in their chemical structure. According to the chemical 

structure, amines are classified into primary, secondary and tertiary 

amines. Primary amines, such as MEA and DGA, have two hydrogen atoms

directly attached to a nitrogen atom. Secondary amines, DEA and DIPA, 

have one hydrogen atom directly attached to the nitrogen atom. Tertiary 

amines, TEA and MDEA, have no hydrogen atoms attached to the nitrogen.

Instead, nitrogen is completely substituted by other hydrocarbon groups. In 

short, the hydroxyl group reduces the vapor pressure and increases the 

water solubility, while the amino group provides the necessary alkalinity in 

water solutions to cause the absorption of acidic gases (Kohl and Nielsen, 

1997). The chemical structures of alkanolamines are presented in Figure 1.1.

Those alkanolamines that are part of this work have been introduced more 

closely below.
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Figure 1.1. Chemical structures of the most common alkanolamines.

Aqueous MEA solutions have been used for the removal of acid gases

from natural gas, refinery gases and certain synthesis gases. MEA is often

used for gas streams containing relatively low concentrations of CO2 and 

H2S, and to some extent for contaminants such as COS and CS2. MEA has 

been reported to be unable to remove mercaptans (Liu, Zhang and 

Watanasiri, 1999; Kohl and Nielsen, 1997). MEA is the stronger base than

the studied amines and thus it reacts fast with CO2 and H2S, resulting in 

high gas phase purities. The fast reaction rate with CO2 is explained by the 

formation of a rather stable carbamate. MEA has also a low CO2 absorption 

capacity due to the carbamate reaction mechanism and stoichiometry.

Therefore the CO2 loading is limited to 0.5 mole of CO2/mole of MEA. The 

reaction between H2S and MEA involves only a single-proton transfer and it 

is thus considered to be instantaneous with respect to the mass transfer. In 

addition, the relatively high heat of absorption of the CO2 + MEA reaction

leads to high costs in amine regeneration (Liu, Zhang and Watanasiri, 1999; 

Vrachnos, Kontogeorgis and Voutsas, 2006; Dicko et al., 2010).
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Aqueous DEA solutions have been used to remove CO2 and H2S from

refinery gases contaminated with appreciable amounts of COS and CS2. As a 

secondary amine, DEA is much less reactive with COS and CS2 than MEA as 

a primary amine and the side products are not as corrosive as in the case of 

MEA. Therefore, DEA is a suitable amine for applications that contain large 

amounts of COS and CS2. However, the disadvantage of DEA solutions is 

that DEA undergoes numerous irreversible reactions with CO2, forming 

corrosive degradation products. For this reason, aqueous DEA solutions

may not be an optimal choice for the purification of gas streams that 

contain high concentrations of CO2. In addition, DEA has a lower vapor 

pressure than MEA and thus it is more suitable for low-pressure operations 

as vaporization losses are quite negligible (Kohl and Nielsen, 1997).

DIPA is a secondary amine that has been widely used in Europe. It has 

been applied in the ADIP processes, the Sulfinol processes and the SCOT 

processes, which are all licensed by Shell. DIPA solutions are reported to be 

less corrosive than MEA or DEA solutions. Another advantage for DIPA 

solutions is that they require less heat in the regeneration of the solution 

(Pahlavanzadeh and Farazar, 2009).

Aqueous MDEA solutions are frequently used for selective absorption of 

H2S from process streams that contain also CO2. As a tertiary amine, MDEA 

is more selective for H2S than for CO2. This selectivity arises since MDEA 

does not have a hydrogen atom attached to the nitrogen and thus it cannot 

react directly with CO2 to form carbamate. Instead CO2 dissociates into 

water, forming a bicarbonate ion (HCO3-) and an oxonium ion (H3O+). The 

formed H3O+ ion in turn reacts with MDEA causing amine protonation.

This reaction is slower than the carbamate formation reaction and thus it

controls the rate CO2 dissolves into an aqueous MDEA solution. Unlike in

the case of CO2, MDEA reacts directly with H2S through instantaneous 

proton transfer mechanism. Therefore the rate at which H2S absorbs in 

aqueous MDEA solution is much faster than the rate of CO2 absorption in 

the same solution. The selective removal of H2S can be achieved by sizing 

the absorber so that the residence time allows the absorption of most of H2S

whereas at the same time the residence time is insufficient for the 

absorption of CO2 (Jou, Mather and Otto, 1982). In addition to this, MDEA 

has a higher loading capacity (mole of CO2/mole of MDEA) than primary or 

secondary amines. MDEA also has the lower heat of reaction with CO2 since 

the heat of formation of bicarbonate ion is significantly lower than that of 

carbamate. This leads to lower energy requirement in a stripper unit (Li 

and Mather, 1994; Vrachnos, Kontogeorgis and Voutsas, 2006).
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A sterically hindered amine is defined structurally as a primary amine in 

which the amino group is attached to a tertiary carbon atom, or a secondary 

amine in which the amino group is attached to a secondary or tertiary 

carbon atom. An example of a hindered primary amine is AMP. Steric 

hindrance is introduced by placing a bulky substituent group adjacent to 

the amino group. The bulky substituent lowers carbamate stability. This 

favors carbamate reversion to bicarbonate ion and free amine, leading to 

thermodynamic loadings approaching mole CO2/mole amine. Therefore 

sterically hindered amines have high capacity but also high absorption rates

(Sartori and Savage, 1983).

Attention has also been given to the use of amine blends since mixing a

primary or secondary amine with a tertiary amine combines the good

properties of both amines. As discussed above, both primary and secondary 

amines have high reaction rate whereas tertiary amines can achieve a

higher CO2 capacity. Amine blends also brings considerable savings in the 

energy requirements (Park et al., 2002). Sterically hindered amines, such as 

AMP, are mixed with alkanolamines to achieve maximum solubility of acid 

gases. Sterically hindered amines are generally blended with MEA, DGA, 

DEA or DIPA for high removal of CO2. Sterically hindered amines can also 

be mixed with tertiary amines, which require less energy for regeneration 

than primary or secondary amines. Tertiary amines are also suitable for 

selective removal of H2S from hydrocarbon streams (Haghtalab and 

Shojaeian, 2010).

1.2.2 Heat stable salts

CO2 capture processes can be contaminated by various amine degradation 

products. Such reaction products may be acidic, alkaline, neutral, ionic,

polymeric or volatile by nature depending on the specific solvent.

Especially, the formation of heat stable salts is common to all amine 

solvents (Islam et al., 2010).

Amine degradation products are continuously formed in CO2 capture

processes during their operations. The gradual accumulation of these 

degradation products in amine processes is one of the major problems 

encountered in amine-treating units (Shao and Vaz, 2007). Especially, heat 

stable salts reduce amine capacity to capture CO2 from hydrocarbon 

streams since heat stable salts do not regenerate back to amine by elevating 

the temperature in a stripper unit. In addition, high heat stable salt 

concentrations cause corrosion, foaming and fouling in process equipment

(Lepaumier et al., 2010; Verma and Verma, 2009).
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In order to understand the effects of contaminated amines in CO2

capture processes, the impurities and their concentrations must be known.

It is also good to be aware that the impurities and concentrations differ 

from plant to plant and depend on the specific circumstances under which 

the plant is operating. Amine degradation products are typically formed at

high temperatures that prevail in stripper units, e.g. in MEA plants, the 

stripper unit operates from 373 to 393 K (Jassim and Rochelle, 2006). Heat 

stable salts are formed when oxygen or carboxylic acids are present in the 

feed gas directed to an amine unit. Oxygen reacts with alkanolamines 

resulting in the formation of carboxylic acids, which in turn react with 

amines to form heat stable salts (Verma and Verma, 2002; Chi and 

Rochelle, 2002). According to Rooney et al. (1996), the total heat stable salt

level should not exceed 0.5 per cent of the total amount of solution. A 

higher level may significantly increase the likelihood of problems in CO2

capture processes. 

Sometimes the concentrations of heat stable salts increase excessively. 

In this case, the amine solutions have to be purified. There are a few 

methods for such purposes given in the literature. Firstly, the contaminated 

solution may be partially or totally replaced with fresh amine. Secondly,

heat stable salts may be removed from a process by using e.g. ion exchange.

Thirdly, sodium or potassium caustic may be added into the process to 

neutralize the heat stable salts. Sodium and potassium are stronger bases

than amines and thus they react with carboxylic acids, liberating amine for 

CO2 capture. This third method, however, does not remove the salt from the 

process and thereby corrosion, foaming and fouling problems remain

(Rooney et al., 1996; Cummings and Mecum, 1998; Verma and Verma, 

2009). Since heat stable salts are formed in amine systems, they have to be 

periodically or continuously removed from the processes. In fact, Shao and 

Vaz (2007) state in their study that a continuous removal of heat stable 

salts ensures a more stable and uniform conditioning operation than a

periodic treatment of such equipment.

Degradation products of alkanolamines have been studied in the literature 

(Dawodu and Meisen, 1996; Kim, 1988; Lepaumier et. al., 2009) but their

effects on phase equilibria, however, have not received the same amount of 

attention. Since amine degradation products are always present in amine 

systems, despite of their constant removal, it is valuable to know how they 

affect such processes. In addition, the phase equilibria of amine 

degradation products + aqueous amine solutions are important for a

convenient thermodynamic description of real amine solutions in industrial 
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processes. Therefore, good quality data are needed for modeling and 

designing alkanolamine systems that contain heat stable salts.

1.2.3 Organic sulfur compounds and hydrocarbons

Commercial fossil fuel consists of different fractions from reforming, 

isomerization and fluid catalytic cracking (FCC) units. FCC feedstock 

contains significant amounts of sulfur, 0.5-1.5 weight per cent, and 

therefore it is the most important sulfur contributor in fuel with 85 to 95 

per cent of fuel sulfur. The main sulfur components in FCC fuel are thiols, 

sulfides and thiophenes (Brunet et al., 2005). 

Thiols, which are also referred to as mercaptans, are detrimental since 

they cause significant damage when emitted into the atmosphere. In 

addition, sulfur compounds corrode pipelines and damage pumping and 

refining equipment. Many thiols also have strong odors and thus they are

often used as odorants to assist in the detection of natural gas leaks 

(Kalainesan et al., 2006). In this work 1,2-ethanedithiol and 2-methyl-2-

propanethiol were studied together with two butane isomers. 1,2-

ethanedithiol is a toxic compound that is widely used as a building block in 

organic chemistry [V]. 2-methyl-2-propanethiol is a malodorous compound 

and therefore it is used in small quantities in natural gas to indicate gas

leaks (Kalainesan et al., 2006).

Butane is present in natural gas, liquefied petroleum gas (LPG) and 

hydrocarbon streams in petroleum refineries. Butane is a colorless and 

highly flammable gas and it has two isomers: n-butane and 2-

methylpropane or isobutane [V].
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2. Thermodynamic Principles and 
Modeling

The basic thermodynamic principles of vapor-liquid, gas-liquid and solid-

liquid equilibria are shortly described in this chapter. An extensive overview 

on phase equilibrium can be found in many introductions to 

thermodynamics (e.g. Sandler, 2006; Walas, 1985). Phase equilibrium 

describes how components are distributed between various phases when 

the system has reached the equilibrium. The starting point for these kinds 

of calculations is always the equality of the Gibbs free energy of each species 

in all the phases in which it appears. The Gibbs free energy can also be

expressed in terms of fugacity and thus by using this quantity the phase 

equilibrium satisfies Equation 2.1:

    ...,,,,  
iiii xPTfyPTf (2.1)

Vapor-liquid equilibrium, gas-liquid equilibrium and solid-liquid 

equilibrium are discussed in sections 2.1-2.3. Section 2.4 deals with the 

fugacity coefficient and section 2.5 focuses on the activity coefficient models

that are used in this research.

2.1 Vapor-Liquid Equilibrium (VLE)

The fugacity in the vapor phase V
if can be expressed by using the fugacity 

coefficient V
i and the system total pressure P . In mixtures, the fugacity of 

the component i is obtained by weighing it with the mole fraction iy . The 

fugacity in the vapor phase is:

Pyf V
ii

V
i  (2.2)
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The fugacity in the liquid phase can be calculated in two different ways, 

depending on the approach used to model the system. If both the vapor and 

liquid phases are described in the same way, the approach is referred to as 

the   method. This means that both of the phases are descripted using 

an equation of state. In this case, the fugacity in the liquid phase is as given 

in Equation 2.3:

Pxf L
ii

L
i  (2.3)

The other alternative is to describe the liquid phase with an activity 

coefficient model and it is noted as the   method. In this case, the 

fugacity in the liquid phase L
if is expressed as a function of the mole 

fraction ix , the activity coefficient i and the standard state fugacity ,L
if .

The fugacity is:

,L
iii

L
i fxf  (2.4)

The standard state fugacity describes the fugacity of the pure component 

i in the liquid phase at the system temperature and pressure. The standard 

state fugacity depends on the vapor pressure of the pure component Sat
iP at 

the system temperature and on the saturated liquid fugacity of the pure 

component SatL
i

, at the system temperature. The standard state fugacity is:

SatL
i

Sat
i

L
i Pf ,,  (2.5)

The effect of the pressure on fugacity is taken into account with an

exponential term called the Poynting pressure correction. This is especially 

important when the system pressure is much higher than the vapor 

pressure of a pure component. The Poynting correction is:




















  

P

PSat
i

dP
P

RTV
RT

POY 1exp (2.6)
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When Equations 2.1, 2.2, 2.4, 2.5 and 2.6 are combined, the equilibrium 

condition for VLE is obtained. The expression in Equation 2.7 is used when 

the   method is used:




















  

P

P

SatL
i

Sat
iii

V
ii

Sat
i

dP
P

RTV
RT

PxPy 1exp, (2.7)

2.2 Gas-Liquid Equilibrium (GLE)
Gas-liquid equilibrium is a special case of the vapor-liquid equilibrium.

GLE is performed for compounds that are in supercritical state but in some 

cases also in subcritical state in a system. These compounds include gases,

ions and in the limited solubilities also solids. For other subcritical

compounds, the equilibrium is calculated as given in the previous section.

If the supercritical component i is dissolved in very small quantities in 

the solvent S , the fugacity of i in the liquid phase is linearly proportional 

to the mole fraction of that compound. In this case the fugacity can be 

based on Equation 2.8:

Sii
L

i Hxf , (2.8)

SiH , is the Henry’s law constant of the component i in the solvent S . At

high solute concentrations, the linear relationship between the fugacity and 

the mole fraction of the supercritical compound fails and thus the activity 

coefficient is taken into account in the calculations. At high solute 

concentrations, the fugacity is:

Siii
L

i Hxf ,
* (2.9)


i is the unsymmetric activity coefficient and it is normalized according 

to the unsymmetric convention, i.e. 1* i as 0ix or in other words,

the unsymmetric activity coefficient of i approaches unity when i becomes 

infinitely diluted. In fact, this theory applies also to Equation 2.8. The 

activity coefficient is normally defined according to the symmetric 

convention as follows: 1i as 1ix which means that the activity 

coefficient of i approaches unity when i becomes pure. Symmetrically and 
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unsymmetrically normalized activity coefficients can be interrelated by 

means of the infinite dilution activity coefficient 
i as shown in Equation 

2.10:



 
i

i
i 

 (2.10)

When Equations 2.1, 2.2, 2.6 and 2.9 are combined, the following GLE is 

obtained:




















  

P

P

mSiii
V
ii

Sat
i

dP
P

RTV
RT

HxPy 1exp, (2.11)

The Henry’s law constant is specific for a solute in a solvent. For a binary 

or tertiary solvent system, the Henry’s law constant is a function of 

temperature but also of concentration.

2.3 Solid-Liquid Equilibrium (SLE)

The fugacity in the solid phase S
if can be expressed by using the mole 

fraction S
ix , the activity coefficient S

i and the standard state fugacity ,S
if .

The fugacity of the component i in a solid mixture is given in Equation 

2.12:

,S
i

S
i

S
i

S
i fxf  (2.12)

In the binary SLE calculations, the solid phase can be considered to 

consist of only one pure compound or of a mixture of two solid compounds

near the freezing point. The former case is typically assumed in the 

literature to calculate SLE, which means that both S
ix and S

i can be set to 

unity. This is also the case in this work. If the freezing point is measured by

increasing the temperature in a system, only one compound remains in the 

solid phase when the temperature has nearly reached the freezing point of a 

mixture. The other compound of the mixture has already melted and it is

present only in the liquid phase. The mixture reaches its freezing point 

when the solid phase just disappears. The SLE calculations are then 

performed for the component that remains present not only in the liquid 
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phase but also in the solid phase in very small quantities. This theory 

simplifies Equation 2.12, which means that the fugacity can be set equal to 

the standard state fugacity. By applying Equations 2.1, 2.4 and the 

simplified form of Equation 2.12, the following Equation is obtained:

 ,, L
i

L
i

L
i

S
i fxf  (2.13)

The ratio of  ,, / L
i

S
i ff in the Equation 2.13 can be solved by means of the 

Gibbs free energy since it can be linked to the Gibbs free energy change in 

fusion. The ratio of  ,, / L
i

S
i ff has been derived, for example, in (Sandler, 

2006). From Equation 2.13 it can also be seen that the ratio of the standard 

state fugacities is equal to L
i

L
ix  . Now the SLE equation is:
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(2.14)

If heat capacity data are not available, it can be assumed that the heat 

capacities of the solid and the liquid are almost the same. Then the 

Equation 2.14 simplifies to the following form:

  










 fus

i

fus
iL

i
L
i T

T
RT
Hx 1ln  (2.15)

2.4 Fugacity coefficient
The Soave-Redlich-Kwong equation of state (1972) is used to model the 

fugacity coefficients in the thiol + hydrocarbon systems. The model has 

been chosen because it is commonly used not only in the literature but also

in the industry. The Soave-Redlich-Kwong equation of state is introduced in 

the next section. The vapor phases of the heat stable 2-HEAA salt 

containing systems are handled ideal due to the low total pressure in the 

measurements.
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2.4.1 Soave-Redlich-Kwong equation of state (SRK EOS)

Redlich and Kwong (1949) significantly improved the first equation of state

developed by van der Waals for predicting the vapor-liquid equilibrium. 

The new equation is a more accurate equation of state than the previous 

one since it has a parameter dependency on temperature. The Redlich-

Kwong equation of state is:

   bVV
T

a

bV
RTP

mmm 



 (2.16)

Soave (1972) in turn modified the Redlich-Kwong equation of state by 

replacing the term Ta / with a more general temperature dependent term

 Ta . The goal was to improve the equation of state properties for pure 

substances. The term  Ta was determined from the vapor pressure data by 

using pure hydrocarbons. The assumption was that the improvement of the 

model related to pure substances would also lead to an improvement for the 

description of mixtures. The Soave modification of the Redlich-Kwong 

equation of state is:

 
 

 bVV
Ta

bV
RTP

mmm 



 (2.17)

RT
PZVm  (2.18)

cr

cr
cr P

TRa
22

42747.0 (2.19)

cr
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cr P

RTb 08664.0 (2.20)

    5.05.2 117.0574.1480.01 o
rSRK T  (2.21)
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The following quadratic mixing rules were used to obtain the parameter 

 Ta and the linear mixing rule was used for the parameter b . The 

parameter ijk is set to zero. 

       
jSRKcriSRKcrijijSRKcr aaka   1 (2.22)

 
 


N

i

N

j
ijSRKcrjiSRKcr ayya

1 1

 (2.23)

SRKcraa  (2.24)
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i
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1
,

(2.25)

2.5 Activity coefficient models
Various activity coefficient models are used to model the vapor-liquid 

and solid-liquid equilibria in this work [III, IV, V] with the choice of model 

is by taking into account the chemical system in question. The Legendre 

polynomial (Gmehling and Onken, 1977), which is discussed in section 

2.5.1, is used as an activity coefficient model together with the data 

reduction method of Barker (1953) to transform zTP data into xyTP data 

measured with a static total pressure apparatus. xyTP data obtained in this 

way are used once again to regress the parameters of the NRTL (Renon and 

Prausnitz, 1968), Wilson (1964) and UNIQUAC (Abrams and Prausnitz, 

1975) activity coefficient models. These models are frequently used in 

designing chemical units and thus the choice of the activity coefficient 

model depends on the application for which it is applied. Detailed

information of these activity coefficient models are given in section 2.5.2.

The predictive UNIFAC (Weidlich and Gmehling, 1987) and COSMO-SAC 

(Lin and Sandler, 2002) activity coefficient models are also used when 

possible to see how well they describe experimental data. The predictive 

models are dealt with in section 2.5.3.
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2.5.1 Legendre polynomial

The Legendre polynomial (Gmehling and Onken, 1977) is primarily used to 

transform zTP data into xyTP data since it is a more accurate and flexible

activity coefficient model than the other models used in this work. The 

Legendre polynomial g corresponds to the excess Gibbs energy as given in 

Equation 2.26. The polynomial is given in Equation 2.27:

RT
Gg

ex

 (2.26)

 



n

k
kk Laxxg

0
11 1 (2.27)

k runs from zero to n according to the number of parameters starting 

from zero. kL is calculated with Equation 2.28

     211 12121
  kkk LkLxk

k
L (2.28)

The derivative of the Legendre polynomial with respect to the mole 

fraction 1x is:
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(2.29)

Finally, the activity coefficients for binary systems are calculated from 

Equations 2.30 and 2.31:

  )'1exp( 11 gxg  (2.30)

)'exp( 12 gxg  (2.31)
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The Legendre polynomial is only applicable for binary systems and 

therefore the NRTL activity coefficient model (Renon and Prausnitz, 1968) 

is chosen to be used for a ternary system of H2O + HAc + 2-HEAA to 

transform zTP data into xyTP data. The principle of this procedure is 

described in sections 3.4 and 4.5.2.

2.5.2 NRTL, Wilson and UNIQUAC activity coefficient models

The NRTL activity coefficient model (Renon and Prausnitz, 1968) has been

widely used for modeling purposes in the industry and thus it has been 

applied for various systems in this work. CO2 capture processes have been

typically modeled in the literature by using both the NRTL model and the 

eNRTL model (Chen et al., 1982; Chen and Evans, 1986), depending on the 

system. An electrolyte model is used for CO2 capture processes when 

electrolytes are present in such systems. Aqueous heat stable 2-HEAA salt 

solution is considered to be an electrolyte system since the salt dissociates 

to some extent in water. In this work, however, the H2O + 2-HEAA system 

is modeled with the simple NRTL equation since the identification of the 

parameters of the complicated eNRTL model would be impossible with the 

available data. In addition, the NRTL model has been used with good 

results for ionic liquid systems (Döker and Gmehling, 2005; Wang et al., 

2010; Li et al., 2012). Experimental data of the thiol + hydrocarbon systems 

are modeled by using not only the NRTL model but also the Wilson and 

UNIQUAC models.

The NRTL (non-random two-liquid) activity coefficient model (Renon 

and Prausnitz, 1968) was developed as a combination of the two-liquid 

theory by Scott (1956) and the local composition idea by Wilson (1964). The 

difference between the NRTL model and the Wilson model is that in the 

former case the local composition is presented in terms of mole fractions 

whereas in the latter case the local composition is expressed with volume 

fractions. The NRTL activity coefficient model is expressed in Equations 2.7 

to 2.10:
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 jiijjiijjiijG   exp (2.8)
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RT
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 (2.9)

T
Tba jiijjiij

jiij





 (2.10)

The number of parameters is 2 in the Wilson model and it is 3 in the 

NRTL model. In addition to the binary parameters, the NRTL equation 

contains a non-randomness parameter ( ) which makes it applicable to a 

large variety of mixtures. By selecting a good value for the non-randomness 

parameter, the NRTL model can give an excellent representation for many 

mixtures (Renon and Prausnitz, 1968). The use of the NRTL equation can 

readily be extended to multicomponent systems by modeling the systems

only with binary parameters. The NRTL model is also superior since it can 

represent both VLE and LLE data. Instead, the Wilson model is not 

recommended to use for LLE data (Mato et al., 1989). For these reasons, 

the Wilson model can only be used in a limited manner for industrial 

purposes.

The UNIQUAC (universal quasi-chemical) activity coefficient model is 

derived from Guggenheim’s method. Unlike Guggenheim’s theory, 

UNIQUAC is applicable to mixtures whose molecules differ appreciably 

from each other in size and shape. The UNIQUAC model is composed of 

two terms: a combinatorial factor and a residual factor. The first term 

accounts for molecular size and shape differences and the second term 

accounts largely for energy differences. The UNIQUAC equation uses only 2

adjustable parameters which are included in the residual factor and the 

model is applicable to multicomponent systems including both VLE and 

LLE (Sandler, 2006; Abrams and Prausnitz, 1975).

2.5.3 Predictive UNIFAC and COSMO-SAC activity coefficient models

The amount of organic compounds is very large in process industry and 

therefore situations arise in which experimental data are not available. In 

these cases, the activity coefficient models with adjustable parameters are 

of little value in describing chemical systems. Predictive activity coefficient 

models based on molecular thermodynamics have been developed to fulfill 

this gap. Predictive models can be used as preliminary models to describe

chemical systems for which experimental data are not available. However, 

the disadvantage of such models is that the real behavior of the chemical 

systems is not known and therefore the quality of a prediction cannot be 
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assessed. The predictive UNIFAC (Weidlich and Gmehling, 1987) and 

COSMO-SAC (Lin and Sandler, 2002) activity coefficient models are used 

in this work to show how well they predict the systems for which also

experimental data are available.

The UNIFAC (UNIquac Functional group Activity Coefficient) activity 

coefficient model has been developed based on the UNIQUAC model. As a

modification to the UNIQUAC model, the residual term can also be 

estimated in the UNIFAC model. The volume and surface parameters are 

approximated based on functional groups in a molecule. The residual part

takes into account the interactions between different functional groups.

Another predictive approach is the COSMO-SAC (Conductorlike

screening model for segment activity coefficient) version of a COSMO-RS 

(Conductorlike screening model for real solvent) model. In the model, the 

surfaces of solute and solvent molecules are divided into segments and each 

segment has a constant charge density. Based on these screening charge 

densities, the activity coefficients are calculated for the molecules.
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3. Experimental Setup and Procedures

High quality thermodynamic data are essential when modeling and 

designing industrial processes. In this work, various apparatuses were used 

to measure physical properties and phase equilibrium data for two pure 

components, as well as for three binary systems and for one ternary system.

NMR measurements were used along with Karl Fischer titration to 

determine the purity of the studied components. A DMA HP connected to a 

DMA 5000 M densimeter was employed for density measurements. VLE 

measurements were carried out by using a static total pressure apparatus 

and SLE data and enthalpy of fusion were obtained either with a Visual 

method or with a Differential Scanning Calorimetry (DSC). In addition,

vapor pressure was measured using a Vigreaux type distillation column.

These apparatuses are discussed in the following sections.

Uncertainties related to the measured properties play an important role

in reporting high quality experimental data, the calculation of which is 

outlined in section 3.6.

3.1 NMR measurements
2-HEAA prepared for this study was analyzed with proton nuclear magnetic 

resonance (1H NMR) spectroscopy using a 400 MHz NMR spectrometer of 

Bruker AVANCE-III system. 

3.2 Density: DMA HP densimeter
Density measurements were performed with a DMA HP connected to a 

DMA 5000 M densimeter from Anton Paar GmbH. The densimeter was 

calibrated with degassed water and dried air. The samples were prepared 

gravimetrically and the dissolved air was removed from the samples by 

using a vacuum pump. The air dissolved in a sample was removed because 

it would have disturbed the density measurements. The densities were 

measured for 2-HEAA, H2O + 2-HEAA, MEA + 2-HEAA and HAc + 2-

HEAA.
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3.3 Vapor pressure measurements with a distillation column
Vapor pressure of the 2-HEAA + H2O system was measured with a Vigreaux 

type distillation column. During the measurements, the distillation was 

operated with total reflux. The distillation conditions were changed by 

raising the pressure approximately 0.1 kPa at a time which resulted in

temperature increase. The system was in equilibrium when the temperature 

and the pressure readings were stabilized to a specific level. The readings 

were recorded manually. A schematic diagram of the distillation unit is 

shown in Figure 3.1.

Figure 3.1. A schematic diagram of the distillation unit: 1 = bottom flask, 2 = distillate, 3 = 
distillation column, 4 = column adapter for reflux temperature measurement, 5 = 
condensing unit, T = temperature meter, P = pressure meter and N2 = liquid nitrogen bath.

3.4 Vapor-Liquid Equilibrium: Static total pressure apparatus
A static total pressure apparatus was used to measure the VLE data in this 

research. The apparatus was constructed in the work by Uusi-Kyyny et al. 

(2002) and automated in the work by Ouni et al. (2004). A scheme of the 

apparatus is shown in Figure 3.2.
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Figure 3.2. Static total pressure apparatus (Uusi-Kyyny et al., 2002): (1) and (2) feed 
cylinders; (3) temperature meter equipped with four probes; (4) pressure display; (5) 
temperature controller for the electric tracing of the pressure transducer and the tube from 
the equilibrium cell to the pressure transducer; (6) pressure transducer; (7) liquid nitrogen 
trap; (8) vacuum pump; (9) 260 cm3 Isco syringe pump; (10) equilibrium cell; (11) bath 
liquid mixer; (12) 100 cm3 Isco syringe pump; (13) thermostated water bath; (14) circular 
bath for syringe pump temperature control; (15) circulator bath for water bath temperature 
control; (16), (17) and (18) temperature probes (Pt-100); (-) feed line to cell and to syringe 
pump, water line for the temperature control of the syringe pump; (…) vacuum line.

The static total pressure apparatus was used in this work to obtain 

isothermal binary zTP data for the H2O + 2-HEAA system and isothermal 

ternary data for the H2O + HAc + 2-HEAA system [III, IV]. In addition, 

VLE data were measured in publication [V] for the thiol + hydrocarbon 

systems: 1,2-ethanedithiol + n-butane, 1,2-ethanedithiol + 2-

methylpropane, 2-methyl-2-propanethiol + n-butane and 2-methyl-2-

propanethiol + 2-methylpropane.

Measurements of the binary systems were conducted with different 

protocols depending on the system. All thiol + hydrocarbon systems were 

measured using a standard method. A predetermined amount of 

component 1 was introduced from the ISCO syringe pump to the 

equilibrium cell and the pure component vapor pressure was measured. 

Then a known amount of compound 2 was inserted into the cell and the 

equilibrium temperature and pressure were recorded automatically. 

Additions of compound 2 into the cell were repeated until an approximately 

equimolar composition was reached. Finally, the apparatus was emptied, 

washed and evacuated. The procedure was then repeated in reverse order 

i.e. so that component 2 was introduced first and then component 1 was
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injected. The measured data were verified by checking if equilibrium 

pressures of both data sets resulted in equimolar compositions.

In the case of 2-HEAA containing systems, modifications should have to 

be made in the static total pressure apparatus in order to keep 2-HEAA as a

subcooled liquid during the measurements. In addition, the lines in the 

apparatus are too narrow for highly viscous 2-HEAA. To avoid these 

modifications, a simple, time and money-saving option was chosen and 

therefore preheated 2-HEAA was added directly into the equilibrium cell 

with a classical syringe. After evacuation, the second compound was 

introduced through the ISCO syringe pump. The disadvantage of this 

procedure was that it was not possible to verify the experimental data in the

same way as made above. Instead, successfully conducted measurements 

and consistent results confirmed the quality of the measured data.

The measured zTP data consisted of the temperature and the pressure of 

the cell. In addition, the volume of both of the components, or the mass of 

the first component and the volume of the second component were 

measured. In data processing, these zTP data were transferred to a usable 

xyTP form through modeling. The mole fractions in the vapor and liquid 

phases were obtained through data reduction by the method of Barker 

(1953). The Barker method together with an activity coefficient model was

used to calculate the bubble point pressure from the experimental zTP data.

However, in the case of a ternary system the Barker method was not used

since it is only applicable for binary systems. Instead the equilibrium 

compositions of the H2O + HAc + 2-HEAA system were assumed to be 

equal to the initial compositions in the liquid phase. This assumption was 

made since the amount of the components in the vapor phase was very 

small at low pressures and thus the error was negligible. In other words, the 

binary parameters were known for the H2O + HAc and H2O + 2-HEAA 

systems and then xTP data of the ternary system were used to regress the 

missing binary parameters.

3.5 Solid-Liquid Equilibrium and enthalpy of fusion
SLE data provide knowledge how solution components precipitate inside 

process equipment. In addition, SLE data provide information about the 

solutions behavior at low temperatures, where it may be more difficult to 

determine the system pressure over the solution. The heat stable 2-HEAA 

salt has a rather high melting point, 338.15 - 339.15 K (Temin S.C. 1956)

and therefore it is especially important to investigate the solid-liquid 

equilibrium of 2-HEAA containing systems. 
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Two different techniques were used for SLE and enthalpy of fusion 

measurements: a visual method and a Differential Scanning Calorimeter 

(DSC). SLE data for 2-HEAA, H2O + 2-HEAA, MEA + 2-HEAA and H2O + 

HAc + 2-HEAA were determined using the visual method whereas the DSC 

apparatus was primarily used to measure the enthalpy of fusion of MEA 

and 2-HEAA. Experimental data for the enthalpy of fusion were not found 

in the literature. The knowledge of the enthalpy of fusion of pure 

components is needed in modeling SLE data. The melting points for MEA 

and 2-HEAA were obtained alongside with the enthalpy of fusion 

measurements. The melting point of MEA was measured only with the DSC 

since it was difficult to detect with the visual method. The measured SLE 

data were used together with VLE data to obtain the components activity 

coefficients in a system.

3.5.1 Visual method

The melting point of 2-HEAA and the freezing points of the H2O + 2-HEAA,

MEA + 2-HEAA and H2O + HAc + 2-HEAA systems were determined at 

atmospheric pressure in the apparatus shown in Figure 3.3. A similar 

device was also used by Jakob et al. (1995). With the exception that their 

apparatus consisted of a three jacketed vessel: contact medium, cryostat 

medium and vacuum jacket as outmost. In this work the apparatus was

constructed from only one jacket in which the temperature controlled liquid 

flowed over the equilibrium cell. The advantage of the former apparatus is a 

better thermal insulation that prevents heat transfer between the 

equilibrium cell and the surroundings. It becomes relevant when the 

melting or freezing point goes below 273.16 K. A good insulation prevents 

ice formation on the outer surface of the thermostated jacket and thus it 

does not disturb the visual determination of a melting or freezing point of a 

sample.
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Figure 3.3. Apparatus for visual solid-liquid equilibrium determination. (1) equilibrium 
cell; (2) thermostated jacket; (3) screw cap with septum; (4) temperature probe.

A sample mixture was prepared gravimetrically in a vial just prior to the 

measurement. Then the well-mixed liquid mixture was poured into the 

equilibrium cell. Crystallization of the sample was initiated either by 

introducing a tiny cluster of 2-HEAA into the equilibrium cell or by 

immersing the equilibrium cell into a liquid nitrogen bath. The first 

procedure was used for high 2-HEAA concentration samples to initiate 

crystallization and it is worth noting that the amount of the added 2-HEAA 

was so small that its effect on the mixture concentration was considered to 

be negligible. The second procedure was used for high water concentration 

samples since it was possible to crystallize the mixture by reducing the 

mixture temperature. After the sample was crystallized, the cell was placed

in the thermostatic jacket. Glycol was used as a heating liquid and warmed 

by using a bath. The sample was first heated close to the freezing 

temperature and near the freezing point the temperature was increased by 

0.1 K. At temperatures below the freezing point, 2-HEAA containing 

systems reached the equilibrium between solid and liquid phases after each 

increase in temperature, whilst at the freezing point all the solid material 

disappeared. The freezing point of each sample was determined twice.

Further details on the experiments are given in [III].
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3.5.2 Differential Scanning Calorimetry (DSC)

The enthalpy of fusion and the melting point for pure MEA and 2-HEAA 

were measured with the Perkin Elmer Differential Scanning Calorimetry 

6000 apparatus equipped with an intracooler 6P system. N2 was used as a

purge gas in order to avoid humidity condensation in the furnace. Samples 

were weighed accurately and then sealed into aluminum pans. An empty 

pan was used as a reference and the measurements were conducted by 

increasing the temperature at a rate of 10 °C/min.

3.6 Uncertainty estimation of the measurements
The uncertainty estimation plays an important role in the documentation of 

high quality data. In this work a great deal of attention was given to the 

estimation of uncertainties, not only for measured quantities but also for 

the calculated variables that were derived from the measured quantities.

The uncertainties of the measured temperature and pressure were 

estimated based on the quantities obtained from the apparatuses when 

calibrated at the Finnish National Standards Laboratory. The density and 

volume were calibrated with a substance of known properties found in the 

literature. In some cases, a quantity was not directly measured with an 

instrument, but it was calculated from the measured quantities. The

calculated quantity can be expressed as a function of measured quantities

and thus the uncertainty of the calculated quantity is obtained by 

performing a total derivative with respect to the measured quantities. This 

method was used to calculate the uncertainties for moles, total equilibrium 

compositions, mole fractions and mass fractions. The derivation of the 

uncertainties for the moles and the total equilibrium compositions is 

presented in the work by Laakkonen et al. (2003). The differentiation of the 

mole fraction of component 1 is given in Equations 3.1 and 3.2.
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The derivation for the uncertainty of the mass fraction of component 1 is 

given in Equations 3.3 and 3.4.
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Due to the characteristics of the static total pressure method, the 

uncertainties of the compositions in the vapor and liquid phases, the 

calculated pressure and the activity coefficient were obtained by means of 

24 factorial analysis performed using the VLEFIT program (Aittamaa and 

Pokki 2004). The 24 factorial analysis was calculated based on the 

measured temperature and pressure, and moles of both compounds in the 

system. Thus, 16 combinations of theoretical maximum errors were 

obtained and the maximum of their values was reported as uncertainty of 

the quantity. The maximum uncertainty of the quantity was calculated 

according to Equation 3.5:

   fffff ,max (3.5)
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A summary how the uncertainties of the measured and calculated 

properties were obtained is in Table 3.1.

Table 3.1. The uncertainties of the measured and calculated variables in publications [III-
V].

Quantity Description Type Uncertainty Ref

im Mass fraction, 
Density Calculated Eq. 3.4 [III] [IV]

T Temperature, Density Measured Instrument [III] [IV]
 Density Measured Instrument [III] [IV]

ix Mole fraction in the 
liquid phase, VLE Calculated Eq. 3.5 [III] [IV]

[V]

iy Mole fraction in the 
vapor phase, VLE Calculated Eq. 3.5 [III] [IV] 

[V]

in
Injected amount of 
moles from the pump 
into the equilibrium 
cell, VLE

Calculated
Calculated in 
Laakkonen et 
al. 2003

[III] [IV]
[V]

in
Injected amount of 
moles with a classical 
syringe into the cell, 
VLE

Calculated [III] [IV]

iz Total equilibrium 
composition, VLE Calculated

Calculated in 
Laakkonen et 
al. 2003

[III] [IV]
[V]

T Equilibrium 
temperature, VLE Calibrated Instrument [III] [IV]

[V]

expP Equilibrium 
pressure, VLE Calibrated Instrument [III] [IV]

[V]

calcP Equilibrium 
pressure, VLE Calculated Eq. 3.5 [III] [IV]

[V]
T Temperature, DSC Measured Instrument [III]

fusH Enthalpy of fusion, 
DSC Measured Instrument [III]

ix Mole fraction, SLE 
visual method Calculated Eq. 3.2 [III]

T Temperature, SLE 
visual method Calibrated Instrument [III]
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4. Results and Discussion

A summary of the experimental points in publications [III-V] are given in 

Tables 4.1 and 4.2. VLE, SLE, vapor pressure, melting point, enthalpy of 

fusion and density data were measured. All measurements, except the VLE 

data of the thiol + hydrocarbon systems, were conducted in this work. In 

total 406 experimental points were measured from which 302 in this work.

Table 4.1. Summary of the measurements in publications [III-V].

Equip-
ment System T / K P / kPa No.

Points Ref.

VLE, Static n-Butane + 
1,2-Ethanethiol 347 8.5 -

881.4 26 V

VLE, Static n-Butane + 2-Methyl-2-
Propanethiol 347 132.7 -

879.3 26 V

VLE, Static 2-Methylpropane +
1,2-Ethanethiol 347 8.2 -

1178.6 26 V

VLE, Static 2-Methylpropane + 2-
Methyl-2-Propanethiol 347 134.4 -

1179.9 26 V

VLE, Static H2O + 2-HEAA 339 0.51 -
15.35 11* III

VLE, Static H2O + 2-HEAA 347 2.58 -
8.47 7* III

VLE, Static H2O  + HAc + 2-HEAA 347 1.16 -
7.02 12* IV

SLE, Visual 2-HEAA 338,
339 101.325 2* III

SLE, Visual H2O + 2-HEAA 261 -
336 101.325 19* III

SLE, Visual MEA + 2-HEAA 280 -
336 101.325 19* III

SLE, Visual H2O  + HAc + 2-HEAA 286 -
337 101.325 13* IV

SLE, DSC MEA 284 101.325 1* III
SLE, DSC 2-HEAA 336 101.325 2* III

Hfus, DSC MEA 13.8
kJ/mol 101.325 1* III

Hfus, DSC 2-HEAA 15.7
kJ/mol 101.325 1* III

*Measured in this work.
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Table 4.2. Summary of the measurements in publications [III-V].

Equip-
ment System T / K P / kPa No. 

Points Ref.

, DMA HP 2-HEAA 303 - 363 101.325 7* III
, DMA HP H2O + 2-HEAA 293 - 363 101.325 62* III
, DMA HP MEA + 2-HEAA 293 - 363 101.325 40* IV
, DMA HP HAc + 2-HEAA 293 - 363 101.325 48* IV
P, Vacuum 
distillation 2-HEAA system 349 - 390 0.07 -

1.73 57* IV
*Measured in this work.

4.1 NMR determination
1H NMR analysis identified 1 mole per cent of 2-HEAM as a side product in 

a 2-HEAA sample, which was considered to be negligible. The details on the 

calculation of 2-HEAM content are presented in [III]. Due to the limitations 

of 1H NMR analysis explained in [III], the water content was determined 

with Karl Fischer titration and it was approximately 5 mole per cent.

The results from NMR measurements and Karl Fischer titration

indicated that it is very important to report the purity of the studied 

compounds both qualitatively and quantitatively [III]. As stated through 

the literature survey in [III], the purity of 2-HEAA has been reported 

inadequately by some authors and therefore it is difficult to compare the 

measured properties. Density values measured in this work were compared

to the literature values in [III] but due to the lack of the information of the 

2-HEAA purity, only a rough comparison was made.

4.2 Vapor pressure of the 2-HEAA + H2O system
The vapor pressure of pure 2-HEAA is not measurable since 2-HEAA

dissociates into MEA and HAc before vaporization under vacuum 

distillation. MEA and HAc vaporize in the bottom flask due to the effect of 

both temperature and pressure and then in a condensing unit they react by 

forming 2-HEAA again. Therefore the pressure at which 2-HEAA distillates 

can be called apparent vapor pressure. The vapor phase may also contain

H2O in small quantities due to the decomposition of 2-HEAA. Another side 

product, 2-HEAM, remains in the bottom flask. In this work the vapor 

pressure of the 2-HEAA + H2O system was measured as a function of 

condensing temperature [IV] since the apparent vapor pressure of 2-HEAA 

was not possible to measure due to the formation of H2O in the bottom 

flask. Experimental data were measured using 7 different batches. The
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logarithm of the pressure of the 2-HEAA + H2O system is plotted as a 

function of the reciprocal of temperature in Figure 4.1.

Figure 4.1. The logarithm of the pressure of the 2-HEAA + H2O system as a function of the 
reciprocal of temperature. Experimental data were measured from 7 different batches, which 
are indicated with the symbols of , , , , , × and . Water content was determined only 
from the experimental points of . 

Figure 4.1 shows that the logarithm of the pressure is linearly dependent 

on the reciprocal of temperature. The water content in 2-HEAA was 

determined from 6 samples which were collected at specific column 

temperatures and pressures [IV]. The water content in other samples can 

be estimated on the basis of the measured samples.

4.3 Density model
A new model for the density of aqueous DIPA solution was developed in 

this work as a function of both concentration and temperature [II].

Experimental data were found in the temperature range from 298.15 K to 

343.15 K in the literature (Henni et al., 2003). In the same work, the 

density of aqueous DIPA solution was modeled by means of a polynomial

correlation, which was valid in the whole concentration range but only at

one temperature at a time. In other words, the polynomial needs the 

specific parameters for each temperature. Moreover, the number of 

parameters is high in a polynomial type correlation, which in this case

varied from 5 to 6 parameters depending on the temperature. This is why a

new concentration and temperature dependent model was developed. The 

model is given in excess density form in Equation 4.1:
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The values of the parameters can be found in [II]. As it can be seen from 

Equation 4.1, the number of parameters is 2, which is much lower than the 

number of parameters used in the polynomial correlation. The 

experimental points from the work by Henni et al. (2003) and the model 

developed in this work are shown in Figure 4.2.

Figure 4.2. Density of aqueous DIPA solution as a function of both DIPA mole fraction and 
temperature. Experimental data are taken from Henni et al. (2003): ( ) 298.15 K; ( )
313.15 K; 318.65 K; ( ) 323.15 K; ( ) 333.15 K and 343.15 K. Correlation developed in 
this work: ( ) 298.15 K and 323.15 K; (- - -) 313.15 K and 333.15 K, and ( ) 318.65 K and 
343.15 K.

The absolute average deviation of the model is 2 kg m-3. The model was 

considered to be sufficiently accurate for use in phase equilibrium 

calculations.

Density data were also measured for 2-HEAA and for the systems of H2O

+ 2-HEAA, MEA + 2-HEAA and HAc + 2-HEAA. The densities were 

measured in the temperature range from 293.15 K to 363.15 K with 10 K 

increments. The concentrations varied from 0.17 mass per cent of 2-HEAA

to pure 2-HEAA. The density of pure 2-HEAA was correlated linearly with 

Equation 4.2:
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The parameters are given in [III]. According to this work [III, IV] and 

Temin (1956), the melting point of 2-HEAA is approximately 338 K at 
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atmospheric pressure. Thus, the densities of 2-HEAA measured under that 

temperature describe the densities of subcooled 2-HEAA. The experimental 

density data for 2-HEAA from this work and from the works by Greaves et 

al. (2006), Kurnia et al. (2009), Alvarez et al. (2011) and Yuan et al. (2007) 

are shown together with the model in Figure 4.3.

Figure 4.3. Density of 2-HEAA as a function of temperature.
et al. (2006), ( ) at 293.15 K from Kurnia et al. (2009), (+) at 298.15 K from Alvarez et al. 
(2011), ( ) at 298.15 from Yuan et al. (2007), ( ) measured in this work and ( ) the 
correlation of the model.

Figure 4.3 shows that the densities measured in the works by Greaves et 

al. (2006) and Yuan et al. (2007) deviate enormously from the density 

values estimated from this work. It is also observable that the densities 

from the works by Kurnia et al. (2009) and Alvarez et al. (2011) are closer to 

the estimated density values in this work than the former ones. As it was 

concluded in [III], it is very difficult to analyze the quality of the 

experimental points since the impurities have not been reported clearly, 

neither qualitatively nor quantitatively. However, despite of this a thorough

comparison of the data was made in publication [III].
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The densities of H2O + 2-HEAA, MEA + 2-HEAA and HAc + 2-HEAA 

were modeled with the polynomial given in Equation 4.3:
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The parameters are given in [III, IV]. Experimental points for the H2O + 

2-HEAA system are shown along with the model in Figure 4.4. The average 

absolute deviation for the model is 0.43 kg m-3. The model presents the 

experimental data well.

Figure 4.4. Density of the H2O + 2-HEAA system as a function of 2-HEAA mass fraction.  
( ) 293.15 K, ( ) 303.15 K, (+) 313.15 K, ( ) 323.15 K, (×) 333.15 K, ( ) 343.15 K, ( ) 353.15 
K and ( ) 363.15 K. (-). The density values for water are from DIPPR. Lines represent the 
density model.

4.4 Henry’s Law model
A novel model for the Henry’s law constant of CO2 in aqueous binary and 

ternary amine systems was developed. The physical solubility of CO2 in 

aqueous amine systems cannot be measured directly since CO2 reacts with 

aqueous amine solutions when they are brought into contact. Therefore the 

N2O analogy, which was suggested by Clarke (1964), is used. The analogy 

assumes that CO2 is similar to N2O in mass, molecular structure and 

molecular interaction parameters existing between the gases. Due to these 

similarities, Clarke (1964) assumed that the ratio of the solubility of N2O

and CO2 in water is constant at fixed temperatures. The physical solubility 

of CO2 in aqueous amine solutions can be supposed to obey the same 
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principle and thus according to Clarke (1964) the Henry’s law constant of 

CO2 in aqueous amine solutions is:
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In Equation 4.4, WONH ,2 and WCOH ,2 were modeled with Equation 4.5 and 

SONH ,2 with Equation 4.6:
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The parameters of Equations 4.5 and 4.6 are given in [I]. The Henry’s 

law constants of N2O and CO2 in water as a function of temperature are 

plotted in Figures 4.5 and 4.6, respectively.

Figure 4.5. The Henry’s law constant of N2O in water as a function of temperature.
Comparison of the correlations: (-··-) Versteeg and van Swaaij (1988); (- -) Wilhelm et al.
(1977); (- -) Al-Ghawas et al. (1989); (- · -) Jamal (2002) and ( ) this work. The sources for 
the experimental data (o) in Figure are given in [I].
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Figure 4.6. The Henry’s law constant of CO2 in water as a function of temperature.
Comparison of the correlations: (-··-) Versteeg and van Swaaij (1988); (- -) Austgen and 
Rochelle (1989); ( ) Al-Ghawas et al. (1989); (- -) Jamal (2002); (- -) Carrol et al. (1991) and 
( ) this work.

It can be seen from Figure 4.5 that the model for the Henry’s law 

constant of N2O in water proposed in this work and the model by Jamal 

(2002) present the experimental data well, while the other models tend to

either underestimate or overestimate the data significantly. The model by 

Al-Ghawas et al. (1989) is valid only up to 310 K and the models by Wilhelm 

et al. (1977) and Versteeg and van Svaaij (1988) up to 340 K.

In Figure 4.6 the Henry’s law constant of CO2 in water used in this work 

is based on the work by Carroll et al. (1991). Carroll et al. used data from 

approximately 100 various experimental investigations to perform their 

correlation. Due to the substantial literature survey, it was assumed that the 

model by Carroll et al. describes the experimental data well up to 433 K.

Therefore it was considered to be suitable to refit the parameters against 

their model in order to transform the pressure unit from MPa to Pa 

m3/mol, which was used in this work. Figure 4.6 also shows that the other 

models overestimate the solubility of CO2 in water. Especially, the trend of 

the model by Versteeg and van Swaaij (1988) displays significant deviation 

above 353 K when compared to the model by Carroll et al. (1991).

The ideal solution model (Van Ness and Abbott, 1982) used for the 

Henry’s law constant is calculated from pure components and thus it is 

useful for providing a first approximation for the Henry’s law constant of 

N2O in aqueous amine solutions. The model can be improved by taking into 

account the excess part of the Henry’s law constant. Based on the ideal 

solution theory and the excess form of the Henry’s law constant, a new
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expression was developed for the Henry’s law constant of N2O in aqueous 

binary and ternary amine solutions. In the development of the new model, 

there were four aims to fulfill. First, the number of the parameters was 

minimized. Second, the model was developed so that it is valid in 

temperatures that prevail in stripper units. E.g. in plants using MEA, the 

stripper unit operates from 373 to 393 K (Jassim and Rochelle, 2006).

Since experimental data were found up to 393 K in the literature (Jamal, 

2002), the model is valid at least to that temperature. Third, the model was 

developed to be applicable to systems that contain more than one amine.

The fourth aim was that the model predicts the physical solubility of CO2 in 

aqueous amine solutions reasonably also in the concentration and 

temperature ranges that are beyond the experimental data.

The new model was applied to aqueous binary solutions of MEA, DEA, 

DIPA, MDEA and AMP and to aqueous ternary solutions of MEA + MDEA, 

MEA + AMP, DEA + MDEA, DEA + AMP, DIPA + MDEA and MDEA + 

AMP. The expression for the Henry’s law constant of N2O in aqueous binary

and ternary amine solutions developed in this work is given in Equations

4.7 and 4.8, respectively:
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(4.8)

where the ternary 123A , 123B and 123C parameters are calculated from the 

binary 1312A , 1312B and 1312C parameters. The mixing rules for the ternary 

parameters are given in Equations 4.9, 4.10 and 4.11:

  13
*
21312123 AxAAA  or   12

*
31213123 AxAAA  (4.9)

  13
*
21312123 BxBBB  or   12

*
31213123 BxBBB  (4.10)
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  13
*
21312123 CxCCC  or   12

*
31213123 CxCCC  (4.11)

The given mixing rules for 123A , 123B and 123C are linear functions of *
2x

or *
3x and e.g. the 123A parameter reduce to either 12A or 13A when the 

solvent is binary. *
2x and *

3x are calculated from Equations 4.12 and 4.13:

32

2*
2 xx

xx


 (4.12)

32
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3 xx

xx


 (4.13)

The binary 1312A , 1312B and 1312C parameters were regressed to 648 

experimental points in total, whereas the ternary 123A , 123B and 123C

parameters were regressed to 316 experimental points.

Various types of models have been used to describe the Henry’s law 

constant of N2O in aqueous binary and ternary amine solutions. The 

following research groups have developed Henry’s law models: Al-Ghawas 

et al. (1989), Versteeg and van Swaaij (1988), Wang et al. (1992), Li and 

Mather (1994), Jamal (2002) and Zhang and Chen (2011). These models 

have been described briefly in [I] and in more detail in their works. Here,

the models are only compared to the model developed in this work. Figure 

4.7 shows the experimental data for the Henry’s law constant of N2O in 

aqueous MEA solutions collected from the literature and the prediction of 

the model developed in this work. Figure 4.8 describes the same MEA 

system than Figure 4.7 but in Figure 4.8 the whole concentration range is 

covered. Figure 4.8 shows only three temperatures (293, 333 and 373 K)

with the experimental data and the model estimations in order to keep the 

clarity.
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Figure 4.7. The Henry’s law constant of N2O in aqueous MEA solutions as a function of 
MEA mole fraction at various temperatures: ( ) 313 K, (+) 323 K, (o) 
333 K, ( ) 353 K, ( ) 373 K and ( ) 393 K. (-). The sources for the experimental data are 
given in [I].

Figure 4.8. The Henry’s law constant of N2O in aqueous MEA solutions as a function of the 
MEA mole fraction at various temperatures. ( ) 293 K, (o) 333 K and ( ) 373 K. The 
models: (-··-) Li and Mather (1994), ( ) Jamal (2006), (- -) Wang et al. (1992) and ( ) this 
work. The sources for the experimental data are given in [I].

Figure 4.7 shows that the model developed in this work for the Henry’s 

law constant of N2O in aqueous MEA solutions predicts the experimental 

data well. The relative average deviation is 3.8 %. The model of this work is 

valid up to 393 K for all other binary systems except for aqueous DIPA 

solutions. Experimental data for aqueous DIPA solutions were available

only up to 333 K but it is assumed that the temperature dependency of the 

H2O + DIPA system behaves consistently with other amine solutions.
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Figure 4.8 compares the model of this work to the models of Li and Mather 

(1994), Jamal (2002) and Wang et al. (1992).

From Figure 4.8 it can be seen that the Henry’s law constant model

developed by Wang et al. (1992) describes the experimental data well at 293 

K but the shapes of the curves are peculiar at very high temperatures. The 

reason for the poor behavior of the model at high temperatures may be due 

to the lack of experimental data at a time when the model parameters were 

regressed. According to the work by Wang et al. (1992), the model 

parameters were fitted to experimental data which covered the 

temperatures from 288.15 to 298.15 K. Figure 4.8 also shows that the 

Henry’s law constants developed in this work and in the works by Li and 

Mather (1994) and Jamal (2006) behave more or less similarly. Figure 4.8 

indicates that experimental data for the Henry’s law constant are available 

only in the range of very low MEA concentrations. In that region, the 

models predict the experimental data well and the models are consistent 

with each other. Beyond the experimental data, the models deviate from 

each other but the trends of the curves are quite similar. Since there are not 

experimental data available at higher MEA concentrations in the literature, 

it is difficult to say which model describes reality the best.

The model developed in this work for the Henry’s law constant of N2O in 

the H2O + MEA + MDEA system is shown in Figure 4.9 along with the 

experimental data from the work by Mandal et al. (2005). Figure 4.9 shows

that there are scatter between the experimental data and the model 

description. The relative average deviation for this system is 11.2 %.
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Figure 4.9. The Henry’s law constant of N2O in H2O + MEA + MDEA system as a function 
of H2O mole fraction at various temperatures. The experimental data are taken from the 
work by Mandal et al. (2005): ( ) 298.15 K, ( ) 298.15 K, ( ) 303.15 K, (•) 308.15 K and ( )
313.15 K. Continuous lines describe the model developed in this work. 

As a conclusion from this work, it can be said that it is very important to 

check the model behavior beyond the experimental data before use. 

According to this work, the prediction of the Henry’s law constants of N2O

and CO2 in water varied rather a lot depending on the work. The Henry’s

law constants of N2O and CO2 in water are used in the N2O-CO2 analogy

and thus it is essential that they are modeled correctly. Otherwise the model

for the Henry’s law constant of CO2 in aqueous amine solutions can give 

strongly erroneous results even though the Henry’s law constant of N2O in 

aqueous amine solutions is modeled well.

The model for the Henry’s law constant of N2O in aqueous amine 

solutions developed in this work predicted all systems comparably or better 

than the models found in the literature. The model for the Henry’s law 

constant of N2O included also the amine-amine interaction. In this work it

was assumed to be linear since no experimental data were found for these 

kinds of systems in the literature. Despite of this assumption, the model

gave very good predictions for the gas solubility in ternary amine solutions 

even though no additional amine-amine interaction parameters were used.

The model developed in this work is also mathematically simple and it 

behaves consistently on the whole composition and temperature range and 

it was proven to satisfactorily describe ternary solvents based solely on 

binary systems.
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4.5 Vapor-Liquid Equilibrium

4.5.1 H2O + 2-HEAA

VLE was measured for the H2O + 2-HEAA system at 339.2 and 347.6 K in 

this work [III]. The measured zTP data were transferred into xyTP data by 

means of the Legendre activity coefficient model (Gmehling and Onken, 

1977)) and the Barker method (1953). The vapor pressure of 2-HEAA was 

considered to be negligible and thus the vapor phase was fully composed of 

water. The vapor phase was also assumed to be ideal. The total pressure 

data are shown in Figures 4.14 and 4.15 as a function of water mole 

fraction.

The xyTP data were modeled by using the NRTL activity coefficient 

model (Renon and Prausnitz, 1968). The parameters were regressed against 

both VLE and SLE data which are given in [III]. VLE data of H2O + 2-

HEAA were measured in this work but also some isobaric data were found 

in the literature (Wang et al., 2009). The experimental SLE data and the 

model are treated in section 4.6.2.

Figure 4.14. Total pressure as a function of water mole fraction measured at 339 K. ( )
measured points in this work and ( ) modeled with the NRTL activity coefficient model.
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Figure 4.15. Total pressure as a function of water mole fraction measured at 347 K. ( )
measured points in this work and ( ) modeled with the NRTL activity coefficient model.

Figures 4.14 and 4.15 show that the model describes well the isothermal 

VLE data measured in this work. The average absolute pressure deviation at 

339.2 K is 0.02 kPa and at 347.6 K it is 0.04 kPa. Figure for the isobaric 

VLE data and the model is given in [III]. The activity coefficients calculated 

through the NRTL model are plotted as a function of water mole fraction at 

339.2 K in Figure 4.16. Figure 4.16 shows that the activity coefficients in 

infinite dilution are less than 1.

Figure 4.16. The NRTL activity coefficient as a function of water mole fraction. ( ) The 
NRTL activity coefficient of 2-HEAA and (- - -) the NRTL activity coefficient of H2O.
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4.5.2 H2O + HAc + 2-HEAA

VLE was also measured for the H2O + HAc + 2-HEAA system at 346.7 K in 

this work [IV]. The measured system contains acetic acid which has a 

tendency to form dimers in the vapor phase. Therefore the fugacity 

coefficient is recommended to be modeled by means of the Hayden-

O’Connell method (1975) including the chemical theory. In this case, the

total pressure was very low in the measurements and thus the vapor phase 

was assumed to be ideal. The non-idealities in the liquid phase were 

modeled by the NRTL activity coefficient model. The binary NRTL 

parameters for H2O + HAc were regressed against the VLE and HE data

from the literature. The model parameters for H2O + 2-HEAA were 

obtained from this work. The binary interaction parameters for the HAc + 

2-HEAA system were obtained by regressing the NRTL parameters against 

the binary SLE data of HAc + 2-HEAA and the ternary VLE data of H2O + 

HAc + 2-HEAA. The SLE system is discussed in section 4.6.4. The NRTL 

parameters and the non-randomness factors are given in publications [III, 

IV]. Experimental data and the model are plotted in Figure 4.17.

Figure 4.17. Total pressure as a function of HAc mole fraction. ( ) measured points in this 
work, ( ) the model, bubble point curve and (- - -) the model, dew point curve.
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Figure 4.17 show that the model describes the experimental data well. If

Figures 4.17 and 4.20 are compared, it can be concluded that the model 

describes the VLE data better than the SLE data. In the parameter 

regression, the VLE data were emphasized more than the SLE data through 

the objective function since the VLE data were considered to be more

important when CO2 capture processes are modeled. The objective 

functions are given in publication [IV].

4.6 Solid-Liquid Equilibrium and melting point

4.6.1 MEA and 2-HEAA

The melting point of 2-HEAA was measured both with the visual method 

and with the DSC apparatus. The melting point of 337.8 K was obtained

visually and the melting point of 336.0 K was obtained with the DSC 

apparatus in [III]. The melting point of 2-HEAA was measured both 

visually and with the DSC in [IV] and the values are 338.9 K and 340.3 K,

respectively. In the latter case the purity of 2-HEAA was determined so that

the effect of the water content in 2-HEAA was eliminated. The results are 

consistent with the value of 338.15-339.15 obtained from the work by 

Temin (1956) but the melting point reported by Yuan et al. (2007) is 202.2 

K and thus well over 100 K lower than ours. Yuan et al. (2007) did not 

mention anything about the purity of 2-HEAA.

The melting point of MEA was measured only with the DSC apparatus 

[III] since it was not reliably detected with the visual method. The melting 

point of MEA is 283.9 K, which is consistent with the literature value of 

283.46 K (Anon, 2012).

4.6.2 H2O + 2-HEAA

The solid-liquid equilibrium was measured for the H2O + 2-HEAA system

considering the whole composition range. The freezing point curves of H2O

and 2-HEAA were modeled by using a simplified SLE Equation 2.15. In the 

case of the H2O + 2-HEAA system, the liquid phase compounds react to

form a solid complex in the composition range which lies between two 

eutectic points and the temperature is between the freezing point curve and 

the melting point curve. Therefore the freezing point curve of the solid 

complex was modeled differently than the freezing point curves of H2O and 

2-HEAA. The modeling principle is described in detail in [III].
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The NRTL activity coefficient model (Renon and Prausnitz, 1968) was 

used to describe the non-idealities in the liquid phase. The parameters were 

regressed against both VLE data and SLE data. VLE data of H2O + 2-HEAA

were measured in this work but also some data were found in the literature 

(Wang et al., 2009). The experimental SLE data and the model are shown 

in Figure 4.18.

Figure 4.18. SLE for the H2O + 2-HEAA system. ( ) data measured in this work and ( )
the model.

Figure 4.18 shows that H2O and 2-HEAA form a solid complex in the

0.10 to 0.35 2-HEAA composition range. The solid complex is of 1:2 type.

The melting point of the solid complex can be estimated from Figure 4.18

and it is approximately 280.3 K. In that temperature, the mole fractions of 

H2O and 2-HEAA were estimated to be 0.686 and 0.314, respectively. For 

2-HEAA mole fractions higher than 0.35, the description of the freezing 

point curve is not as accurate as for 2-HEAA mole fractions that are lower 

than 0.35. The absolute average deviation for the SLE model is 1.08 K.
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4.6.3 MEA + 2-HEAA

SLE data were measured for MEA + 2-HEAA in the whole composition 

range in this work [III]. The freezing points were determined visually. The 

freezing point curves of MEA and 2-HEAA were modeled by using a 

simplified SLE Equation 2.15. The experimental points with the model are 

plotted in Figure 4.19.

Figure 4.19. SLE data for the MEA + 2-HEAA system. ( ) measured points in this work and 
( ) the model.

Figure 4.19 shows that the system forms only one eutectic point. Figure 

4.19 also shows that the freezing point curve of 2-HEAA agrees well with 

the experimental data while the freezing point curve of MEA does not 

describe the experimental data as well.

4.6.4 H2O + HAc + 2-HEAA

SLE data were measured for the H2O + HAc + 2-HEAA system in this work

[IV]. Experimental data were not measured for the whole composition 

range due to the crystallization difficulties during the measurements. The 

sample at 0.50 HAc mole fraction did not crystallize even though small 

seeds of 2-HEAA were added into the equilibrium cell and at the same time 

the cell was submerged into liquid nitrogen. The sample at 0.85 HAc mole 

fraction crystallized but the freezing point of the sample was not reliably 

observed due to very small air bubbles in the sample. For this reason, it was 

not easy to separate the air bubbles from the solid particles and to detect 

the freezing points. Due to these difficulties, the HAc mole fraction range 

from 0.50 to 0.85 was not measured. The experimental points and the 

model are plotted in Figure 4.20.
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Figure 4.20. SLE data for the HAc + 2-HEAA system. ( ) measured points in this work and 
( ) the model.

4.6.5 Thiols + hydrocarbons

Isothermal VLE data for thiol + hydrocarbon systems are presented in [V]. 

The systems of interest are: 1,2-ethanedithiol + n-butane, 1,2-ethanedithiol 

+ 2-methylpropane, 2-methyl-2-propanethiol + n-butane  and 2-methyl-2-

propanethiol + 2-methylpropane and they were measured at 345.97 K. 

The experimental zTP data were transferred into xyTP data through data 

reduction by the method of Barker (1953) and by using the flexible 

Legendre polynomial (Gmehling and Onken, 1977) as an activity coefficient 

model. In this way obtained compositions in the vapor and liquid phases 

were further used in modeling the systems with other activity coefficient 

models. The xyTP data of the systems are also shown in Figures 4.10 and 

4.11.
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Figure 4.10. Total pressure as a function of mole fraction in the vapor and liquid phase. (+)
1,2-ethanodithiol + n-butane and  ( ) 1,2-ethanedithiol + 2-methylpropane. Mole fraction 
on the x-axis is either n-butane or 2-methylpropane.

Figure 4.11. Total pressure as a function of mole fraction in the vapor and liquid phase. (+) 
2-methyl-2-propanethiol + n-butane and ( ) 2-methyl-2-propanethiol + 2-methylpropane. 
Mole  fraction on the x-axis is either n-butane or 2-methylpropane.

In addition to the Legendre polynomial, the experimental data were also 

modeled with the NRTL, Wilson and UNIQUAC activity coefficient models. 

The predictive UNIFAC and COSMO-SAC activity coefficient models were 

used to see how well they agree with the Legendre polynomial which is 

based on the experiments. The Legendre polynomial and the predictive 

UNIFAC and COSMO-SAC models are compared in Figure 4.12 for the 1,2-

ethanedithiol + n-butane system. The UNIFAC parameters were not found 

for 2-methyl-2-propanethiol. The Legendre polynomial and COSMO-SAC 

model are given for the 2-methyl-2-propanethiol + n-butane system in 

Figure 4.13.
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Figure 4.12. Activity coefficients for the 1,2-ethanedithiol + n-butane system as a function 
of the 1,2-ethanedithiol mole fraction. ( ) the Legendre polynomial, (- - -) UNIFAC and ( )
COSMO-SAC.

Figure 4.13. Activity coefficients for the 2-methyl-2-propanethiol + n-butane system as a 
function of the 2-methyl-2-propanethiol mole fraction. ( ) the Legendre polynomial and ( )
COSMO-SAC.

Figure 4.12 shows that the predictive UNIFAC and COSMO-SAC models 

give lower values for the infinitely diluted activity coefficients than the 

Legendre polynomial. In the case of UNIFAC, the lack of the volume and 

surface area parameters for a dithiol group may explain the poor 

description of the activity coefficient model (Hansen, 1991). In this work,

1.2-ethanedithiol was constructed from two CH2SH groups. The UNIFAC 

and COSMO-SAC models predict similarly the activity coefficients of 1,2-

ethanedithiol and n-butane. Figure 4.13 shows that for 2-methyl-2-

propanethiol + n-butane system the predictive COSMO-SAC model agrees 

well with the Legendre polynomial.
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5. Conclusion

High quality phase equilibrium data and accurate thermodynamic models 

are needed in designing separation processes. The aim of this work was to

produce new experimental data, model the measured systems and develop 

new models for industrial purposes.

Henry’s law constant is needed e.g. in modeling alkanolamine processes

when an acid gas is present in a system. In this work a new model was 

developed for the Henry’s law constant of N2O in aqueous binary and 

ternary amine solutions. The models found in the literature indicated that 

they predict experimental data well in a specific concentration and 

temperature region but not beyond that area. This is explainable with the 

data set used in the parameter regression. One of the aims of this work was 

to develop such a model for the Henry’s law constant of N2O that it can 

describe the experimental data well but also to predict the systems behavior

reasonably beyond the experiments, especially at high temperatures. The 

other goals were to keep the number of parameters as low as possible and to 

develop a model that is extendable to a solution containing more than one 

amine. The results indicated that the developed model predicts the N2O

solubility in aqueous binary and ternary amine solutions better than the 

models found in the literature.

Amine degradation products are constantly formed in CO2 capture 

processes but their effects on phase equilibria have been studied only very 

little in the literature. Therefore this work was extended to cover amine 

degradation products. MEA was the amine chosen to be examined in this 

work since it is used for CO2 capture from flue gases. Flue gases contain 

large amounts of oxygen, which has a significant role in the formation of 

heat stable salts. Experimental work showed that the investigation of 2-

HEAA is not as straightforward as its melting point is higher than the room 

temperature. Moreover, the purity of 2-HEAA has not been reported 

adequately in the literature, both quantitatively and qualitatively. Thus, the 

data measured in this work and the data from the literature could not be 

fully compared. Due to the lack of clarity, a great attention was given for the 
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determination of the purity of 2-HEAA. A scarcity of experimental data in 

the literature was noticed when studying 2-HEAA containing system, thus 

experiments were made in this work. The measured physical properties 

included density, melting point, enthalpy of fusion, vapor pressure, VLE 

and SLE, which significantly expanded the availability of measured data of 

2-HEAA containing systems in the literature. This work also indicated that 

heat stable salts containing systems can be measured and their effects on 

phase equilibria can be taken into account in modeling CO2 capture 

processes.

A new model was also developed for the density of aqueous DIPA 

solution as a function of both temperature and composition since there was 

not a general model available in the literature. One density model for 

aqueous DIPA solution was found in the literature (Henni et al., 2003), 

which was based on the polynomial correlation. The disadvantage of the 

polynomial correlation is that it is applicable only at one temperature at a 

time. Therefore the model developed in this work has potential to be used 

for process design purposes.

Vapor-liquid equilibria of the thiol + hydrocarbon systems were modeled 

in this work. The components of interest are 1,2-ethanedithiol, 2-methyl-2-

propanethio, n-butane and 2-methylpropane. Four systems were performed 

from the compounds and the experimental data were modeled using 

various activity coefficient models. The models were compared to each 

other in terms of both infinitely diluted activity coefficient and absolute 

average deviation to figure out which of them describes the systems best. 

Mixtures of sulfur compounds and hydrocarbons are often encountered in 

refinery applications, but these systems have been studied only a little in 

the literature. Due to this drawback, the prediction of the systems could not 

be made reliably.
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