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Appendices
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Nomenclature

Abbreviations
c.u.s.

coordinatively unsaturated

CHP

combined heat and power

FT

Fischer-Tropsch synthesis

FG1

feed gas 1 resembling air blown gasification gas

FG2

feed gas 2 resembling oxygen blown gasification gas

GHSV

gas hourly space velocity (1/h)

IGCC

integrated gasification combined cycle

NTP

normal temperature and pressure (0 °C, 101.325 kPa)

PAH

polycyclic aromatic hydrocarbon

PEM

polymer electrolyte membrane

POX

partial oxidation

SNG

synthetic natural gas

SOFC

solid oxide fuel cell

STR

steam reforming

WGS

water gas shift (reaction)

Symbols
Fi

the molar flow of compound i (mol/s)

ΔG°

Gibbs free energy (kJ/mol)

ΔH°

reaction enthalpy (kJ/mol)

3

m

N

normalized volume (0 °C, 101.325 kPa)

Qn

gas flow normalized (0 °C, 101.325 kPa) (m3N/s)

p

pressure (Pa)

pi

partial pressure of compound i (Pa)

ppm

parts per million, calculated from volume
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R

gas constant 8.31451 (J/(mol K))

T

temperature (°C)

T0

initial temperature (°C)

t

time (s)

V

volume (m3)

VO

oxygen vacancy

wt-%

metal loading of the catalyst (%)

Xi

the conversion of compound i (%)

yi

the moles of component i (mol)

Compounds and mixtures
alumina

aluminum oxide, Al2O3

boehmite

aluminum oxide monohydrate, AlO(OH)

gibbsite

aluminum hydroxide, Al(OH)3

lanthana

lanthanum oxide, La2O3

zirconia

zirconium oxide, ZrO2

yttria

yttrium oxide, Y2O3

silica

silicon dioxide, SiO2

NOx

nitrogen oxides (refers to NO and NO2)

Characterization methods
BET

Brunauer–Emmett–Teller (surface area)

DRIFTS

diffuse reflectance Fourier transform infrared spectroscopy

DSC

differential scanning calorimeter

FID

flame ionization detector

FTIR

Fourier transform infrared (spectroscopy)

GC

gas chromatography

IR

infrared

MS

mass spectrometer

SEM

scanning electron microscopy

TPD

temperature programmed desorption

XRD

X-ray diffraction

XRF

X-ray fluorescence
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1 Introduction

1.1 Biomass gasification
Bioenergy is seen as one of the most promising alternatives to partially resolve
the future energy needs, while also contributing to reducing emissions.
Biomass gasification is an alternative to produce bioenergy efficiently and in
an environmentally friendly way [1, 2, 3]. In gasification, biomass is converted
in thermochemical reactions at high temperatures (800-1200 °C) with restricted
O2 supply into combustible gases, leaving a residue. The reaction can be
summarized as follows:
Biomass + O2 or H2O

CO, CO2, H2O, H2, CH4 + other hydrocarbons
+

tar, char, ash [4].

The efficiency of gasification is linked to H2 and CO which together carry more
than 70% of the energy of the biomass [1]. Biomass is considered non-fossil
and renewable. The biomass feed stocks available for gasification are wood,
herbaceous and agricultural by-products and energy crops. Also waste streams
can be used as a feed in gasification, such as black liquor from the pulp
industry [5].
Depending on the final gas composition, the gases can be burned to produce
heat, fed into gas turbines or fuel cells to produce electricity, or upgraded to
synthesis gas or hydrogen, and further converted to Fischer Tropsch (FT)
liquids or methanol (Figure 1) [1, 4, 6, 7]. The liquid products produced via
biomass gasification and FT-synthesis are considered to be one of the possible
routes to biofuels for the transportation sector [8].
Strong efforts to commercialize the gasification processes are ongoing [9, 10,
11, 12]. In Finland e.g. a large gasifier (140 MW) is operating in the city of
Vaasa [13] and in Lahti, a 60 MWth circulating ﬂuidized bed gasiﬁcation plant,
ﬁring waste and biomass fuels, has been operating since 1998, in a combined
operation with a 360 MWth pulverized coal boiler [12]. A waste gasiﬁcation
plant with two 80 MWth gasiﬁcation units is also operating in Lahti [14].
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Biomass

Gasification

DRYING
PYROLYSIS
GASIFICATION
COMBUSTION

Gasifying agent

FT-diesel
Hydrogen
SNG
Methanol

N2, CO, CO2, CH4,
CxH y, H2, H2O
tar
NH3/HCN
H2S/COS
HCl
alkali metals
heavy metals
particulates

Bio syngas
Gas
clean-up

SOFC

AIR

IGCC
Co-firing
Gas engine CHP

Energy (fuel gas)

Figure 1. General process diagram from biomass gasification to various products
[reproduced from 15].

The gasification gas consists mainly of carbon monoxide (CO), hydrogen (H2),
carbon dioxide (CO2), methane (CH4), water (H2O) and nitrogen (N2) if air is
used as the oxidizing agent. It contains several impurities, such as tar,
ammonia, sulfur compounds as well as chloride and alkali metals compounds.
The solid residue consists of ash, and possibly carbon or char. The impurities
need to be removed depending on the downstream conversion processes and
environmental requirements [1, 2, 16].
Gasifiers can be distinguished based on the gasifying agent and the way the
heat for the gasification reactions is provided. The oxidizing agent can be air,
oxygen, steam or carbon dioxide. The main directly heated gasifier types are
fixed bed, fluidized bed and entrained flow gasifiers [17]. Fixed bed gasifiers
are suitable for small scale applications (< 10 MWth). A technology called
“Novel fixed bed gasifier”, combining the good features of both an updraft and
a downdraft technology has been developed and demonstrated in Finland. With
this process the feed flow problems are minimized with forced flow [18].
Fluidized bed gasifiers and entrained flow gasifiers are both well suited in large
scale liquid fuels manufacture from biomass and wastes [17].
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1.2 Gasification gas clean-up
A goal of the biomass gasification gas clean-up is to decrease the
concentrations of contaminants to levels that can be compatible with the end
application and comply with environmental regulations. The amount of
impurities depends strongly on the feed stock and operating conditions as well
as on the gasification method. The typical concentration ranges of
contaminants in producer gas are 1-150 g/m3N of tars, 1000-14000 ppm of NH3
and 20-200 ppm of H2S. Accordingly, most of the nitrogen in biomass ends up
to NH3 and less to N2, HCN or HNCO and NOx [1].
The extent of the gas clean-up depends on the application (Table 1). The
removal of the impurities by downstream cleaning can be done either by cold
gas clean-up or hot gas clean-up, including tar decomposition either thermally
or catalytically, and by mechanical methods such as the use of cyclones,
ceramic filters, and scrubbers [19]. For the gas to be used in combustion
systems tar needs to be removed to low levels and when the gas is used in the
FT-synthesis or in the methanol synthesis, the level of all impurities needs to
be very low (Table 1) [1]. The catalysts used in FT-synthesis, methanol
synthesis and hydrogen production are very sensitive for all the impurities
mentioned above including sulfur compounds [1, 20].
Most of the research on gas cleaning has been dedicated to tar and ammonia
removal [1, 21]. Tars are formed during gasification in a series of complex
reactions, which depend on the reaction conditions, feed stock and gasifier. Tar
leads to fouling problems once the gas becomes saturated with it because
aerosols deposit inside the downstream equipment such as filters and gas
coolers. Fouling thus occurs only with the condensable tars and not with the
tars which stay in the gas phase. The properties and the composition of the tar
hence determine the tendency for fouling [22]. The removal of ammonia is
essential to prevent NOx emissions when the gas is combusted [23].
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Table 1. Product gas requirements to selected applications of the syngas.

Application
Internal
combustion
systems
PEM Fuel Cells

Contaminant
Tars

CO
H2S
Methanol synthesis Tars
CH4
NH3
HCN
Total sulfur
Halides
FT-synthesis
Sulfur compounds
NH3 +HCN
HCl+HBr+HF
Alkaline metals
Solids (soot, ash)
Tars

Level
<10 mg/m3N

Reference
[24]

<10 ppm
<1 ppm
<0.1 mg/m3N
<3%
<10 ppm
<0.01 ppm
<0.5 ppm
<0.001 ppm
<1 ppm
<1 ppm
<10 ppb
<10 ppb
completely
below dew point

[25]
[1]

[20]

1.3 Catalytic hot gas clean-up
Catalytic hot gas clean-up proceeds either in the gasifier or in a separate unit. A
separate catalytic hot gas clean-up unit is a promising method to decompose
both hydrocarbons and ammonia by transforming the contaminants to
compounds which increase the energy value of the product. Ideally, the
catalysts should be active in decomposing both tar and ammonia and in
reforming methane when targeting the production of synthesis gas for
downstream conversion. Furthermore, the catalysts should be mechanically
stable at high temperature and possibly also at high pressure, not to be
deactivated due to poisoning or sintering, easy to regenerate and not too
expensive [26]. One of the problems is that the biomass gasification gas
contains high amounts of H2S (in the range of 100 to even 500 ppm depending
on the feed stock). For this reason, the sulfur tolerance of the catalyst is very
important [1].
Since the gasification gas contains many components, several equilibrium
reactions between the gas components together with the reactions of tar and
other hydrocarbons may occur in parallel, when the gas is passing through the
catalyst bed at 500-900 °C as described in Table 2 [16].
18

Table 2. Possible reactions of toluene in gasification gas clean-up and the
equilibrium reactions of the main gas components [16, IV].

C7H8 + 7 H2O ĺ 7 CO + 11 H2
C7H8 + 14 H2O ĺ 7 CO2 + 18 H2

¨Ho900 °C
(kJ mol-1)
927
695

Reacti
on no.
(1)
(2)

C7H8 + H2O ĺ C6H6 + CO + 2 H2

175

(3)

Reaction

Equation

Steam reforming
Steam
dealkylation

Hydrocracking
Hydrodealkylatio
n
Dry reforming
Thermal cracking

C7H8 + 2 H2O ĺ C6H6 + CO2 + 3
H2
C7H8 + 10 H2 ĺ 7 CH4

142

(4)

-653

(5)

C7H8 + H2 ĺ C6H6 + CH4

-54

(6)

C7H8 + 7 CO2 ĺ 14 CO + 4 H2
C7H8 + 11 CO2 ĺ 18 CO + 4 H2O

1159
1291
undefine
d
-23
-1810
-3783
-564
-498
-33
-227
136
103
168
-91

(7)
(8)

-112

(21)

n C7H8 ĺ m CxHy + p H2

Carbon formation C7H8 ĺ 7 C + 4 H2
Partial oxidation C7H8 + 5.5 O2 ĺ 7 CO + 4 H2O
Total oxidation
C7H8 + 9 O2 ĺ 7 CO2 + 4 H2O
2 CO + O2 ĺ 2 CO2
2 H2 + O2 ĺ 2 H2O
Water-gas shift
CO + H2O ↔ CO2 + H2
Methanation
CO + 3 H2 ↔ CH4 + H2O
Gasification
C + H2O ↔ CO + H2
C + 2 H2O ↔ CO2 + 2H2
Boudouard
CO2 + C ↔ 2 CO
Methanation
C + 2 H2 ↔ CH4
Ammonia
N2 + 3 H2 ↔ 2 NH3
synthesis

(9)
(10)
(11)
(12)
(13)
(14)
(15)
(16)
(17)
(18)
(19)
(20)

Three groups of catalyst materials have been applied in biomass gasification –
alkali metals, non-metallic oxides, and supported metallic oxides [27]. Several
types of catalysts have been studied: dolomite and alkali metal [28, 29]
catalysts as reviewed by Sutton et al. [26], and nickel catalysts as reviewed by
Torres et al. [1] and Xu et al. [21]. Due to the challenges related to nickel
catalysts [1] also precious metals [30, 31, 32] have been studied in the hot gas
clean-up.
For ammonia removal, nickel, dolomite and iron catalysts are active (reviewed
in [1]). The drawbacks of nickel catalysts are the high temperatures (above 850
°C) required for sufficient activity and the limited durability. For iron catalysts,
temperatures of above 800 °C are typically used [33, 34]. Two catalytic routes
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have been proposed for the removal of NH3, namely decomposition and
selective oxidation [23, 35], (Eq. (22) and (23)):
2 NH3 ĺ N2 + 3 H2

(22)

4 NH3 + 3 O2ĺ 2 N2 + 6 H2O

(23)

The selective oxidation of NH3 involves the controlled addition of an oxidizer
to the gasification gas to quantitatively and selectively transform NH3 into N2
[23].
Zirconia and doped zirconia catalysts have been also studied in biomass
gasification gas clean-up and concluded to be promising alternatives for
removing tar and ammonia [36, 37]. However, only limited information can be
found about zirconia based catalysts in gasification gas clean-up which is the
main focus of this work.
1.4 Zirconia as a catalytic material
ZrO2 is a thermally stable metal oxide whose surface exhibits acidic, basic,
oxidizing and reducing properties [38]. Hence it is attractive both as a catalyst
and as a support [39]. Zirconia has three stable crystalline structures:
monoclinic, tetragonal and cubic. Both the tetragonal and cubic structure can
be stabilized at ambient temperatures by adding dopants, e.g. yttrium oxide
[40]. The crystalline structures have different physical and chemical properties.
The main difference lies in the distribution and existence of the catalytically
active sites [41, 42, 43].
The surface of pure zirconia exhibits different types of hydroxyl groups. The
surface concentration of hydroxyl groups is higher on monoclinic than on
tetragonal zirconia. On zirconia the hydroxyl groups are amphoteric (Brønsted
acidic or basic) in character. In addition, the surface of zirconia exhibits
coordinatively unsaturated (c.u.s.) Zr4+ and c.u.s. O2- ions. The c.u.s. Zr4+
species are Lewis acidic and the c.u.s. O2- species are Lewis basic; the c.u.s.
species form acid-base pairs. [39, 40, 44] Depending on the thermal treatments
applied the oxide crystal can also contain defects. Oxygen vacancies are
commonly attributed to defects induced by low-valence metal ions such as Y3+
[40] but have been reported also on pure zirconia [45]. The oxygen vacancies
can be divided into intrinsic and extrinsic oxygen vacancies. The intrinsic
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oxygen vacancies are formed in pure zirconia and the extrinsic oxygen
vacancies are induced by dopants, e.g. yttrium oxide [45].
The zirconia supported catalysts have been studied in a variety of reactions.
These include oxidation and partial oxidation (POX) reactions (of methane
[45], naphthalene [46], toluene and propene [47], and carbon monoxide [48]),
autothermal reforming (of higher hydrocarbons [49, 50, 51]), steam reforming
(STR) (of ethanol [52, 53], methane [54], ethane and ethylene [55]), as well as
esterification [56], isomerisation [57], NOx reduction [58, 59], dehydrogenation
[60, 61], alkylation [62], and finally biomass gasification gas clean-up [36, 63].
When ZrO2 is compared with Al2O3, which is conventionally used as a catalyst
support, ZrO2 is less acidic than Al2O3 [64], and thus thermal cracking and
coke formation reactions are reduced on ZrO2 [65]. Moreover, ZrO2 is the
preferred support for rhodium catalysts in order to avoid the unwanted
interaction between Rh and Al2O3 that reduces the activity. The disadvantage
of zirconia is its lower surface area compared to the other supports [66].
1.5 Process description
This work concerns the development of catalysts for the gasification gas cleanup for two different applications: 1) energy production through gas engines as
depicted as an example in Kokemäki CHP plant (Figure 2) and 2) FTsynthesis. The scheme for FT-synthesis is described in ref. [6]. In this process
the gas is produced via the oxygen blown gasification. Since the requirements
for the gas purity vary in these applications, several catalysts were studied and
compared in the gasification gas clean-up.
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NOVEL FIXED
BED GASIFIER

REFORMER

GAS SCRUB BING
AN D COOLING

Reformer air

AIR
Primary air

Figure 2. Layout of the Novel combined heat and power plant [III] (reprinted
with permission from Elsevier): Novel updraft gasifier [18], reformer for the
catalytic decomposition of tar and ammonia, gas cooling, filtration to remove
particles, scrubbing for removal of sulfur, chlorine and nitrogen compounds, and
gas engines for power production (not indicated in the Figure) [7].

The reformer can be one staged or two staged [67]. In the two staged concept,
gasification gas, to which oxygen or an oxygen containing gas has been added,
is first reformed with a pre-reforming catalyst, such as zirconia which
decompose heavy tar and prevents the coking of the metal catalyst and,
secondly with a metal catalyst containing nickel or a precious metal. The
zirconia-based catalyst and the metal catalyst are arranged in layers or placed
in separate reactors in the flow direction of the gas.
In the clean-up of gasification gas, monolithic catalysts offer several
advantages in comparison to conventional catalysts, including lower pressure
drop and tolerance of high dust loads [16]. This is due to their optimized
structure, which consists of an array of narrow channels that are all aligned
parallel to the direction of the gas flow.
1.6 Scope of the work
Several active materials for tar and ammonia decomposition from gasification
gas have been studied and are in commercial use. Nickel catalysts are known to
be active but have problems with coke formation and sulfur poisoning [1].
Catalysts with better sulfur tolerance as well high activity and stability would
be beneficial to the industrial gasification.
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In this work the tar and ammonia decomposition activity of various zirconia
based materials was assessed by using synthetic gasification gas that resembles
the real gas as closely as possible and also contains tar model compounds.
Zirconia based catalysts were studied as they were the most active, stable and
promising for gasification gas clean-up catalysts according to the preliminary
experiments at VTT and in our laboratory (unpublished). Furthermore, several
precious metal and nickel catalysts were evaluated in tar and ammonia
decomposition as possible new candidates for gasification gas clean-up
catalysts. Two different applications, as described in Section 1.5, were
considered for the gas quality requirements.
The main focus of this work was in tar decomposition using naphthalene and
toluene as model compounds for tar. The aim was to understand the main
reactions, the nature of the active sites of the catalysts and the effect of sulfur
on the catalyst activity by studying the effect of various dopants on the
performance of the zirconia in gasification gas clean-up. The study was also
aimed at understanding the connection between the surface properties of these
catalyst materials and their catalytic activity. The target of catalyst
development was to combine high activity and sulfur tolerance with economic
feasibility. The aim was also to study various low metal containing precious
metal catalysts on modified zirconia and various nickel catalysts as potential
new gasification gas clean-up catalysts. The goal was to understand the main
reactions and study sulfur tolerance of these catalysts in the gasification gas
clean-up.
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2

Materials and methods

2.1 Catalyst preparation
The studied catalysts were 1) zirconia based catalysts, 2) plasma sprayed nickel
catalysts and 3) precious metal and nickel catalysts on La2O3-ZrO2. The
uncoated monolith was used as a reference catalyst and reactions were also
conducted with an empty reactor. A summary of the tested catalysts is
presented in Table 3.
Various zirconia based catalysts were received from MEL Chemicals (UK)
(Table 3). The catalysts were washcoated on ceramic monoliths as described in
papers I and II or studied in a powder form in paper III.
Four different nickel catalysts were prepared by plasma spraying technology
from Norta (Latvia) on metal foils. The metal foils, which already had a
corrugated structure, were then processed further to form a metallic monolith
catalyst by rolling them in concentric rolls. The catalysts had a nickel
hydrotalcite layer on the gibbsite or boehmite core as described in detail in
paper V.
La2O3-ZrO2 (named as modified zirconia in papers IV-VII) was used as the
support for precious metal and nickel catalysts. Platinum, rhodium and
palladium nitrates, ruthenium nitrosylnitrate (Johnson Matthey) and nickel
nitrate hexahydrate (Aldrich Chem Co.) were chosen as precursors for the
catalyst syntheses. The metal catalysts were prepared by incipient wetness
impregnation method targeting metal loadings of 0.5-5 wt-% for the precious
metal catalysts and 8 wt-% for the nickel catalyst [IV-VII]. After calcination,
water based slurries were prepared from the powders for the dip coating of the
cordierite monoliths. The procedure is described in papers IV and VI.
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Table 3. Studied catalyst materials, preparation methods and manufacturers: the
targeted metal content of rhodium was either 0.5 wt-% [IV, VI-VII], 1 or 5 wt-%
[VII] whereas the targeted metal content of other precious metal catalysts was 0.5
wt-% [IV, VI, VII].
Catalyst

Preparation method

Materials manufacturer

Paper

ZrO2

Monolith washcoating

Mel Chemicals

I, II

ZrO2 powder

Crushing and sieving

Mel Chemicals

III

Y2O3-ZrO2

Monolith washcoating

Mel Chemicals

I, II

SiO2-ZrO2

Monolith washcoating

Mel Chemicals

I, II

La2O3-ZrO2

Monolith washcoating

Mel Chemicals

IV-VII

Mel Chemicals

IV, VI, VII

Mel Chemicals

IV, VI, VII

Mel Chemicals

IV, VI, VII

Mel Chemicals

IV, VI, VII

Mel Chemicals

IV-VII

Mel Chemicals

VII

Norta

V

Norta

V

Norta

V

Norta

V

BASF

I-VII

Pt/La2O3-ZrO2
Rh/La2O3-ZrO2
Ru/La2O3-ZrO2
Pd/La2O3-ZrO2
Ni/La2O3-ZrO2
Rh,Pt/La2O3-ZrO2
OG-65
OG-85
BG-65
BG-85
Cordierite monolith

Impregnation and
monolith washcoating
Impregnation and
monolith washcoating
Impregnation and
monolith washcoating
Impregnation and
monolith washcoating
Impregnation and
monolith washcoating
Impregnation and
monolith washcoating
Plasma spraying on
metal foil
Plasma spraying on
metal foil
Plasma spraying on
metal foil
Plasma spraying on
metal foil
-

2.2 Catalyst characterization
BET surface areas of the calcined zirconia catalyst powders were measured
with a Micromeritics FlowSorb 2300 II analyzer using the single-point
Brunauer-Emmett-Teller (BET) method [I]. Specific BET surface areas of the
calcined hydrotalcite based nickel catalysts in powder form were measured
with a Tristar 3000 gas adsorption instrument using volumetric adsorption and
desorption methods with N2 as an adsorption gas [V]. X-ray diffraction (XRD)
patterns of selected zirconia catalysts were measured with a Philips powder
diffractometer PW 1710 using Cu Kα radiation [I].
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The crystal structures of the calcined zirconia catalyst powders were
determined with a Raman spectrometer (Jobin Yvon LabRam) [I]. CO2
adsorption and desorption was studied by in situ DRIFTS to investigate the
type of basic surface sites of the zirconia catalysts with a Nicolet Nexus FTIR
spectrometer and a Spectra-Tech high temperature / high pressure chamber.
The gaseous products were monitored on-line by a Pfeiffer Vacuum OmniStar
mass spectrometer [I]. The total amount and density of basic sites of the
catalyst powders were measured by temperature programmed desorption of
carbon dioxide (CO2-TPD) with a flow-through quartz reactor using a Balzers
mass spectrometer as the detector for the down-stream gas flow.
The total amount and density of acidic surface sites of the catalyst powders
were measured by temperature programmed desorption of NH3 with a flowthrough differential scanning calorimeter (DSC) using a mass spectrometer as
the detector for the downstream gas flow [I]. The characterizations of La2O3ZrO2, not published earlier, with DRIFTS and CO2-TPD were carried out as
described for other zirconia catalysts in paper I.
The nickel and precious metal contents of the catalysts were analyzed semiquantitively by X-ray fluorescence technique (XRF) with a Philips 1480 WDS
spectrometer [IV-VII]. The metal dispersions were determined with a Coulter
Omnisorp 100CX using H2 as an adsorbate [VI and VII]. Electron microscopy
using JEOL JSM-6400 (SEM) was used to study the microstructures of the
rhodium catalyst powders and the surface of the rhodium monolith after ten
hours on gas stream [VI]. A scanning electron microscope (EVO 50 from LEO
company, Cambridge UK) was used to obtain SEM images of the plasma
sprayed nickel catalysts [V].
The carbon and sulfur contents of the monometallic catalysts after the activity
measurements were determined with a Leco SC-444, where the carbon and
sulfur were burned from the monoliths in O2 at 1360 °C. The carbon IR cell
measures the concentration of carbon dioxide gas and the sulfur IR cell
measures the concentration of sulfur dioxide gas [VI].
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2.3 Gas clean-up experiments
The gasification gas clean-up experiments were conducted at atmospheric
pressure [I-VII] or at elevated pressure [VII] in a fixed-bed quartz reactor,
which was packed with a catalyst and placed inside a three-zone furnace
operated at 600-900 °C. The scheme of the reactor system is presented in
Figure 3.
Two standard synthetic gas feeds simulating gasification gases, were used to
study the catalysts. The composition of the standard synthetic feed gases 1
(FG1) and 2 (FG2) resembling air and oxygen blown gasification, respectively,
are listed in Table 4. Oxygen was added to both gas feeds to enable the
oxidation reactions. It should be noted that hydrogen sulfide concentration is
shown to be 100 ppm as Table 4 represents the most usual gas composition
used in the experiments. NH3 (5.05 vol-% / 94.5 vol-% N2) and H2S (0.5 vol-%
/ 99.5 vol-% N2) were in N2 whereas other gases had purity of over 99%. Since
naphthalene is one of the most stable of tar components and thus difficult to
decompose [19], naphthalene was chosen as a model compound for
polyaromatic tar. Toluene represented the lighter aromatics. The experimental
procedure is described in detail in papers I, IV and V.
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Figure 3. Equipment for the gasification gas clean-up experiments.
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ZrO2, doped zirconia, precious metals or nickel on La2O3-ZrO2, plasma
sprayed nickel catalysts, and a blank monolith were studied in gas clean-up
with gas that resembled biomass air gasification gas (FG1) from fixed bed
gasifiers [I-IV]. Hydrogen sulfide (100 ppm) was present in the feed gas in the
tests conducted in papers II and IV but not in paper I. The effect of various gas
components on naphthalene and ammonia decomposition on ZrO2 was studied
in paper III. These tests were carried out under various gas compositions and
without hydrogen sulfide in the feed as is described in paper III.
Precious metals, bimetallic platinum-rhodium on La2O3-ZrO2, Ni/La2O3-ZrO2
and a blank monolith were studied in gas clean-up with a gas resembling
oxygen blown circulating bed gasifier (FG2) [VI and VII]. In these tests 100
ppm hydrogen sulfide was typically present in the gas feed except for the tests
wherein the effect of hydrogen sulfide was examined by varying the hydrogen
sulfide concentration from 0 to 1000 ppm. The effect of hydrogen sulfide on
various zirconia catalysts, La2O3-ZrO2, nickel, rhodium and platinum on
La2O3-ZrO2 were studied in papers II, V and VII. Ten hour stability tests were
performed with Rh/La2O3-ZrO2, Ni/La2O3-ZrO2 and with the best performing
plasma sprayed nickel catalyst [IV-VII].

Table 4. The composition of the synthetic gasification gas resembling the air
blown gasification (FG1) [II, IV, V] and oxygen blown gasification FG2 [VI and
VII].
Gas

CO
CO2

Concentration
(vol-%)
FG1/FG2
12.5/25.0
15.0/20.0

H2
CH4
C2 H4

11.0/35.0
6.0/10.0
1.0/2.0

Gas

Gas

H2S
NH3

Concentration
(vol-%)
FG1/FG2
0.01/0.01
0.5/0.2

Toluene
Naphthalene

Concentration
(g/m3 N)
FG1/FG2
13.5/18.0
1.5/2.0

O2
N2

3.4/3.0
50.6/balance

H2O

110/540

2.4 Product analysis
The inlet and outlet gases were analyzed with Gasmet FTIR gas analyzer and
with Sick Maihak type S710 on-line gas analyzers for CO, CO2, CH4, O2 and
H2 (I-VII). In some experiments the outlet gases were also analyzed with online or off-line GC equipped with an HP Ultra 2 column and FID [I-VII]. In
paper IV the inlet and outlet gases were analyzed online with a Pfeiffer vacuum
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mass spectrometer (MS). The H2S and COS (carbonyl sulfide) contents of the
inlet and outlet gases [II and VII] were determined by an off-line GC analysis.
2.5 Performance evaluations
Several definitions exist for tar. Generally, tar can be defined as a complex
mixture of condensable hydrocarbons, which include single ring to 5-ring
aromatic compounds along with oxygen-containing hydrocarbons and complex
polycyclic aromatic hydrocarbons (PAH). In the EU/IEA/US-DOE meeting
held in Brussels 1998, tar was defined as all organic contaminants with a
molecular weight higher than benzene [68].
Conversions of naphthalene, toluene, total aromatic hydrocarbons, the tar
model compound, ammonia, ethylene, methane and oxygen were calculated
from the reactor mass balances based on molar flows at the steady states
according to equation (24).
Xi =

Fi,in − Fi,out
Fi,in

⋅ 100% ,

(24)

where Xi is the conversion of compound i and Fi is the molar flow of
compound i in inlet and outlet, Fi,in and Fi,out, respectively. The conversions are
presented as a function of the mean catalyst bed temperature calculated from
the measured temperature profile along the monolith. The conversion of
aromatic hydrocarbons refers to the conversion of all aromatic hydrocarbons
fed to compounds lighter than benzene and that of tar model compound to
compounds lighter than toluene.
The elemental balances were calculated on the basis of analyzed feed and
product gas flows with Eqs. (25-26). The gas flows at normal conditions Qn (T
= 0 °C, p = 101 325 Pa) were calculated from the dry gas volume flows with
Eq. (25):
Qn =

V 273.15
p
⋅
t
T
101325Pa

(25)

The molar flow Fi of component i was calculated from the normalized volume
flow with Eq. (26):
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Fi = Qn

pi
yp
= Qn i
RT0
RT0

(26)

The elemental material balances were calculated based on the ratio of the molar
flows in and out from the reactor. Generally, a successful experiment required
a mass balance of 98% or above.
Thermodynamic equilibria of the various reactions occurring in hot gas cleanup were calculated with the HSC Chemistry 5.11 program based on the
minimization of Gibbs energy of the system [69] and compared to the gas
composition measured from the experiments [I, II, IV-VII]. The ratio of the
outlet concentration of the main gases, CO, H2, CO2, H2O and CH4 to the feed
gas concentration (out/in ratio) was calculated and compared with equilibrium
values to observe the reactions occurring with various catalysts [I-VII]. The
higher heating value of the gas [IV] and the H2 to CO ratio were calculated
with various precious metal and nickel catalysts to assess the quality of the
product gas.
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3 Zirconia as a gasification gas pre-reforming catalyst

3.1 The effect of doping of zirconia on the performance in the
gasification gas clean-up

The performance of ZrO2, SiO2-ZrO2, Y2O3-ZrO2 [II] and La2O3-ZrO2
(unpublished data) in gasification gas clean-up was compared based on the
conversion of naphthalene and toluene in the presence of sulfur (100 ppm with
FG1) [II] as the real gasification gas always contains sulfur [1]. Physical
properties of the calcined zirconia powders measured in paper I varied
considerably. The performance is assessed per 2 g of the catalyst washcoated
on monoliths.
ZrO2, Y2O3-ZrO2 and La2O3-ZrO2 decomposed naphthalene more effectively
than toluene at temperatures below 800 °C (with feed gas FG1, 100 ppm H2S
in the feed) as shown in Figure 4. This is a favorable characteristic for a gas
clean-up catalyst, since naphthalene is more easily deposited in the
downstream processes after gas clean-up than toluene. However, at 900 °C
these catalysts decompose toluene as effectively as naphthalene or even more
effectively [II].
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Figure 4. The conversion of naphthalene (upper) and toluene (lower) with various
zirconia catalysts and blank monolith as a function of the mean catalyst bed
temperature. Gas feed: air gasification FG1 (100 ppm H2S in the feed), GHSV:
3500 1/h.

The activity order at 700 °C was La2O3-ZrO2 > ZrO2 > Y2O3-ZrO2 > SiO2ZrO2. Moreover, La2O3-ZrO2 was the most active, achieving a higher than 85%
conversion of naphthalene throughout the studied temperature range. SiO2ZrO2 showed a high activity only at 900 °C and exhibited a higher tendency to
coke formation than the other zirconia based catalysts on which no visible coke
formation occurred. Moreover, thermal reactions seem to play a significant role
in tar decomposition already at temperatures over 700 °C as seen from the high
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activity of the blank monolith (Figure 4.) [II]. Hence, the optimal temperature
for zirconia in tar decomposition seems to be around 700 °C [II].
The main tar components at the reactor outlet with all ZrO2-based catalysts
were toluene and naphthalene. Benzene formation increased with temperature
over all the zirconia catalysts. Moreover, benzonitrile, ethane and smaller
amounts of propene and propane, benzaldehyde, styrene and phenol were
detected. In the FTIR analysis some nitrogen oxide was observed on ZrO2,
indicating that ammonia was converted also partly to NOx [II].
Increasing the temperature affected toluene and naphthalene conversion over
the ZrO2-based catalysts differently. The conversion of toluene increased with
increasing temperature over all the examined catalysts. However, the
naphthalene conversion behaved differently: over La2O3-ZrO2, Y2O3-ZrO2 and
ZrO2, the naphthalene conversion decreased with increasing temperature until
900 °C (Figure 4) [II].
The highest NH3 conversions of more than 25% were measured with both ZrO2
and La2O3-ZrO2 at 600 °C whereas with Y2O3-ZrO2 and SiO2-ZrO2 ammonia
conversion was below 20% at the studied temperature range. For ammonia
removal, the most suitable temperature is 600 °C with zirconia based catalysts
since at higher temperatures the ammonia conversion was lower (Figure 5).
The ammonia conversion with a blank monolith was negligible throughout the
studied temperature range and is not shown in Figure 5.

33

Ammonia conversion (%)

50
40

La2O3-ZrO2

ZrO2

Y2O3-ZrO2

SiO2-ZrO2

30
20
10
0
570

670
770
870
Mean catalyst temperature (°C)

Figure 5. The conversion of ammonia with various zirconium oxides as a function
of the mean catalyst bed temperature. Gas feed: air gasification FG1 (100 ppm
H2S in the feed), GHSV: 3500 1/h.

The conversion of ethylene increased with increasing temperature with all the
catalysts, but was never higher than ~50% even at 900 °C. Above 700 °C
SiO2–ZrO2 was slightly more active than others. The conversion of methane
was negligible throughout the studied temperature range or some methane was
even formed depending on the catalyst and temperature [II]. If the product gas
is directed to e.g. FT-liquid production, ethylene and methane are undesirable,
and if the product gas is utilized in energy production, these light hydrocarbons
are acceptable. Therefore, the activity of zirconia catalysts is high enough for
gas clean-up in energy production or as pre-reforming catalysts prior to the
reforming step.
With all the examined zirconia based catalysts, O2 and H2 were consumed and
CO2 as well as H2O were formed throughout the studied temperature range
(Figure 6). O2 was completely converted above 600 °C with all the catalysts
apart from SiO2–ZrO2 and the blank monolith. However, the behavior of CO
varied: CO was formed at all temperatures over ZrO2, above 600 °C over SiO2ZrO2 and over the blank monolith. However, over Y2O3-ZrO2 CO was formed
only at 900 °C and over La2O3-ZrO2 at 600 °C as well as at 900 °C (with FG1).
Thus, CO was formed at 900 °C with all the catalysts but at lower temperatures
a uniform trend cannot be observed between the zirconia based catalysts. For
example, at 700 °C CO was formed with ZrO2 and SiO2-ZrO2 but consumed
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with La2O3-ZrO2 and Y2O3-ZrO2. The conversion of hydrogen at 700 °C was
the highest with Y2O3-ZrO2 and decreased in the order of Y2O3-ZrO2 > ZrO2 >
La2O3-ZrO2 > SiO2-ZrO2. Without oxygen, the conversion of hydrocarbons
over pure ZrO2 remained below 10% even at 900 °C [III] indicating that the
main reactions that take place with zirconia catalysts include an oxidation step.
The main gas composition over La2O3-ZrO2, ZrO2 and Y2O3-ZrO2 differed
clearly from that obtained over the blank monolith; an indication of high
activity. In contrast, the main gas composition over SiO2-ZrO2 essentially
resembled that of the blank monolith, indicating poor catalyst activity (Figure
6). [II]
The thermodynamic equilibrium was not reached even at 900 °C with ZrO2based catalysts due to e.g. the low reactivity of methane with these catalysts. In
particular, the measured out/in ratios of H2 were considerably lower compared
to the equilibrium values whereas those of H2O and CH4 were higher than the
equilibrium values (Figure 6). [II]
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Figure 6. The out/in ratios of the main gas components over the studied catalysts
and a blank monolith as a function of the mean catalyst bed temperature and the
out/in ratio in equilibrium between 600 and 900 °C. Gas feed: air gasification
FG1 (100 ppm H2S in the feed), GHSV: 3500 1/h.

3.2 The effect of the absence of the main gas components on
naphthalene and ammonia decomposition over ZrO2

The effect of the absence of various main components of the gasification gas
on the naphthalene and ammonia decomposition activity within the
temperature range 600-900 °C (without sulfur in the feed) over ZrO2 was
studied in paper III. The conversion of naphthalene with the tested gas
mixtures were lower than those obtained in pure oxidation with an exception of
the measuring point of 900 °C. At 900 °C, when hydrogen was absent,
naphthalene conversion around 80% was the same as when only oxygen and
naphthalene (in CO2) were fed.
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When oxygen was absent, the conversion of naphthalene remained below 10%
even at 900 °C, which means that oxygen is needed for the reactions over
zirconia [III], as was noted for the experiments where gasification gas was
applied [I, II]. The absence of NH3 had no discernible effect on naphthalene
decomposition. In contrast, especially the absence of H2, but also that of CO
decreased naphthalene conversion at 700 °C (Figure 7). However, the absence
of H2 and CO increased naphthalene conversion at 800-900 °C [III]. At
temperatures above 700 °C the thermal reactions played a significant role,
since in the experiment with an empty reactor with the gasification gas feed,
the oxygen conversion remained below 10% between 600 and 700 °C and was
remarkably higher at 800-900 °C [III].
The absence of H2O significantly improved naphthalene conversion at 700 °C
and thus water was found to inhibit the naphthalene oxidation reactions (Figure
7). When temperature was kept constant (700 °C) and the feed gas composition
was varied, the measured catalyst bed temperatures were not the same (Figure
7). The naphthalene and oxygen conversions measured without water at 700 °C
were higher than in the oxidation. This is probably at least partly due to the
higher temperature of the catalyst bed, which resulted from e.g. exothermic H2
oxidation, compared to the oxidation experiment [III].
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Figure 7. Naphthalene and oxygen conversions and measured mean catalyst bed
temperatures at the set point of 700 °C with various gas feeds over ZrO2.
‘Gasification’ refers to gasification gas (FG1 without sulfur), ‘Without xx’ to
modifications of ‘Gasification’, ‘Oxidation’ to only naphthalene and oxygen, and
‘N2 and CO2’ to only those components and naphthalene in the feed.

The ammonia conversion was low (~ 5%) with all the various gas feeds at 700
°C with exceptions in the absence of H2O or H2. Especially H2O but also H2
had an inhibiting effect on ammonia conversion and the absence of H2O or H2
in the gas feed resulted in higher conversion of ammonia at 700 °C, being 21%
without H2O and 12% without H2 in the gas feed [III].
At temperatures of 700 °C and higher, the conversion of both naphthalene and
oxygen increased with increasing oxygen concentration (until an oxygen
concentration of 0.8 vol-%). However, the ammonia conversion with
gasification gas feed was always below 5% and had no clear trend with
increasing oxygen concentration or increasing temperature [III].
Interestingly, in papers I and II, when a mixture of naphthalene and toluene
was used as a tar model compound over ZrO2, the conversion of naphthalene
decreased with increasing temperature [I, II] whereas in paper III, when only
naphthalene was used as the tar model compound, conversion increased with
temperature indicating that at higher temperatures toluene hinders the reactions
of naphthalene.
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With all the examined gas feeds containing hydrogen, O2 and H2 were
consumed and CO2 (disregarding when CO was absent) as well as H2O were
formed at 700 °C. CO was slightly formed even when CO or both CO and H2
were absent whereas H2 was not observed in the exit stream without H2 in the
feed. Also removal of CO or H2 from the gas resulted in lower oxygen
conversion and lower CO2 and H2O formation compared to the gasification gas
feed (Table 5). [III]

Table 5. The out/in ratios and the measured mean catalyst bed temperatures of
the main gases at 700 °C with various gas feeds over ZrO2. F denotes for
formation of the component when it was not fed.
Gas mixture
Bed
temperature
(°C)
CO
CO2
H2
O2
H2O

Gasification

713
1.01
1.02
0.98
0.64
1.02

Without
H2 and
CO

Without
H2

Without
CO

Oxidation

Without
H2O

Gasification without
catalyst

694
F
0.99

701
1.00
1.01

696
F
F

0.96
1.02

0.96
1.00

709
F
1.00
0.98
0.80
1.01

729
1.01
1.03
0.94
0.19
F

672
1.00
1.00
1.00
0.98
1.00

0.93

3.3 The effect of sulfur on the gasification gas quality over
zirconia based catalysts

The effect of sulfur over various zirconia catalysts was studied in paper II.
Sulfur affected the activity of the catalysts mainly at temperatures below 800
°C with the feed gas FG1. Over ZrO2 and Y2O3-ZrO2 sulfur addition improved
naphthalene and ammonia conversion at temperatures below 800 °C but
especially at 600 °C. On SiO2-ZrO2 the sulfur addition had no clear positive
effect on the naphthalene or ammonia conversion. When pulsing sulfur on and
off at 600 °C, the activity over ZrO2 and Y2O3-ZrO2 in naphthalene
decomposition remained at higher level when sulfur was turned off, indicating
sulfur adsorption which prolongs the activity enhancement (Figure 8) [II].
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Figure 8. Effect of 100 ppm H2S feed on naphthalene, toluene and ammonia
conversion over ZrO2, Y2O3-ZrO2 and SiO2-ZrO2 at 600 °C with the synthetic
gasification gas FG1 (GHSV: 3500 h-1), Step 1: 0 ppm H2S, Step 2: 100 ppm H2S,
Step 3: 0 ppm H2S in the feed.

Over La2O3-ZrO2 the activity was measured first without sulfur at 700 °C and
then with a sulfur addition (Figure 9) with FG2. When 50 ppm of sulfur was
added, the activity towards naphthalene was greatly increased from ~40% to
above 90%. When the sulfur additive was turned off the activity declined to
~85%, but still not to the original level where it was without sulfur, indicating
sulfur adsorption. However, when the reaction temperature was raised up to
800 °C, and then lowered back to 700 °C, the naphthalene conversion declined
to the level measured originally without sulfur with a fresh catalyst. This
indicates that the temperature of 700 °C is not high enough to facilitate
desorption of sulfur whereas 800 °C is. At 700 °C, the effect of sulfur addition
was negligible on ammonia conversion over La2O3-ZrO2 because conversion
remained below 5%. Furthermore, over ZrO2, Y2O3-ZrO2 (Figure 8) [II] and
La2O3-ZrO2 (Figure 9) the sulfur addition had only a small effect on the
conversion of toluene. Also the effect on ethylene conversion was small over
all the studied catalysts [II].
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Figure 9. The effect of sulfur and the temperature rise from 700 to 800 °C on
naphthalene and toluene conversion over La2O3-ZrO2. Feed: synthetic
gasification gas feed FG2, GHSV: 3500 h-1, Step 1: 0 ppm H2S, 700 °C, Step 2: 50
ppm H2S, 700 °C, Step 3: 0 ppm H2 S, 700 °C, Step 4: 0 ppm H2S, 800 °C, Step 5:
0 ppm H2S, 700 °C.

The sulfur addition also affected the main gas composition over ZrO2 and
Y2O3-ZrO2 at 600 °C. The concentrations of CO, H2, CH4 and O2 were slightly
higher whereas the concentrations of CO2 and H2 O were lower with the sulfur
containing feed compared to the sulfur free feed at 600 °C [II]. At 700 °C,
however, more H2 was converted and H2O formed with than without sulfur
over ZrO2 whereas no clear changes was seen with Y2O3-ZrO2.
The changes in the main gas components with and without sulfur over La2O3ZrO2 with FG2 (Table 6) were similar to those of ZrO2 and Y2O3-ZrO2
catalysts studied with FG1 at 700 °C [II]. For La2O3-ZrO2 H2 was converted
with sulfur but formed without and more H2O formed at 700 °C with than
without sulfur. The concentration of CO was higher whereas the concentration
of CO2 was lower with a sulfur containing feed compared to the sulfur free
feed (Table 6).
These results indicate that over these catalysts more CO was formed in the
reactions of naphthalene with the sulfur containing gas compared to the sulfur
free gas. Furthermore, less CO was converted by the side reactions at 600-700
°C over ZrO2, Y2O3-ZrO2, and La2O3-ZrO2. The lower conversions of
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especially CO but also H2 (at 600 °C over ZrO2, Y2O3-ZrO2) explain also the
lower oxygen conversion measured with sulfur containing gas compared to
those measured without sulfur at 600 °C over ZrO2 and Y2O3-ZrO2 [II].

Table 6. The out/in ratios of the main gases and the measured mean catalyst bed
temperatures at 700-800 °C in the sulfur pulse experiment over La2 O3 -ZrO2 . Gas
feed: FG2, GHSV: 3500 h-1.
Bed T (°C)
H2S (ppm)
CO
CO2
H2
O2
H2O
CH4

711
0
0.92
1.20
1.03
0.02
1.01
1.01

709
50
0.98
1.12
0.97
0.02
1.02
1.01

708
0
0.97
1.14
0.98
0.02
1.03
1.02

801
0
0.93
1.20
1.07
0.01
0.99
1.01

711
0
0.96
1.18
1.03
0.01
0.99
1.03

The formation of SO2 was observed in the reactor outlet gas in the FTIR
analysis when O2 was not converted completely from the gas [II]. Accordingly,
H2S was partly or completely oxidized to SO2 (Eq. (27)) over Y2O3-ZrO2 and
ZrO2 at 600 °C and over SiO2-ZrO2 throughout the studied temperature range.
At temperatures above 700 °C, and when oxygen was completely converted,
sulfur was mainly in the form of H2S [II].
H2S + 1.5 O2 → SO2 + H2O

(27)

3.4 The basic and acidic surface sites of the zirconia catalysts

The crystal structures of the catalysts were determined by Raman spectroscopy,
and XRD [I]. The structure of pure ZrO2 was monoclinic, whereas SiO2-ZrO2,
Y2O3-ZrO2 and La2O3-ZrO2 exhibited tetragonal structures in accordance with
the results of the DRIFT study on OH-groups. Since the activity order of the
catalyst in naphthalene decomposition at 700 °C with sulfur in the gas was
La2O3-ZrO2 > ZrO2 > Y2O3-ZrO2 > SiO2-ZrO2, the high activity of the catalysts
cannot be only attributed to the stabilization of the tetragonal phase. However,
the improved thermal stability obtained with this phase change can be
beneficial to the long-term stability of the catalyst, e.g. silica doping is reported
to restrict the growth of ZrO2 particles [70] [I].
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The basic and acidic surface sites of gasification gas clean-up catalysts are
thought to influence the activity and stability of the catalyst [36, 37, 71],
whereas the crystal structures did not correlate with the activities of the
zirconia catalysts [I]. The total amount of basic sites of the zirconia catalysts
was calculated from the CO2-TPD spectra (Figure 10). In general, the stronger
the basic or acidic sites of a catalyst are, the higher is the temperature needed to
desorb the adsorbed CO2 or NH3, respectively [72].
The amount (Table 7) and strength of basic sites (Figure 10) decreased in the
order of La2O3-ZrO2 > Y2O3-ZrO2 > ZrO2 > SiO2-ZrO2, which resembles their
order of activity, therefore, suggesting that basicity is favorable for high
activity in tar decomposition. The total amount of acidic sites (Table 7) of the
catalysts was calculated from the NH3-TPD spectra. The amount and strength
[I] of acidic sites decreased in the following order: SiO2-ZrO2 > Y2O3-ZrO2 >
ZrO2. In the activity tests SiO2-ZrO2 exhibited low activity and high coke
forming tendency indicating that acidity is not desirable and also increases the
coke formation [I].

Detector signal (a.u)

Y2O3-ZrO2
La2O3-ZrO2
ZrO2
SiO2-ZrO2

0

200
400
Temperature (°C)

600

Figure 10. CO2 -TPD spectra recorded with the zirconia based catalysts between
room temperature and 600 °C.
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Table 7. The amount of basic sites (according to CO2-TPD), acidic sides
(according to NH3-TPD) and BET specific surface area of the calcined catalyst
powders.
Catalyst

Specific
surface area
BET (m2 g1
)

Amount of
acidic sites
(μmol g-1)

Density of
acidic sites
(μmol m-2)

Amount of
basic sites
(μmol g-1)

Density of
basic sites
(μmol m-2)

ZrO2
SiO2ZrO2

24
92

22
78

0.9
0.8

84
49

3.5
0.5

Y2O3ZrO2

53

36

0.7

146

2.8

La2O3ZrO2

80

not available

not available

296

3.7

In situ DRIFTS was used to investigate the type of active surface sites of the
catalysts [I]. The DRIFTS subtraction spectra on CO2 adsorption at 30 °C
followed by N2 flush of all the ZrO2-based catalysts is shown on the left in
Figure 11. Monodentate carbonate species are formed when CO2 reacts with
c.u.s. O2- centers of strong basicity, bidentate carbonates are formed when CO2
reacts with c.u.s. Zr4+-O2- acid-base centers and polydentate carbonate species
are formed when CO2 reacts with closely spaced c.u.s. Zr4+ centers [44]. The
surface characterization indicated that the surface sites of the catalysts differed.
The surface of SiO2-ZrO2 consisted of a low number of Zr4+-O2- acid-base
centers and a large amount of acidic Zr4+ centers. On ZrO2, however, mainly
Zr4+-O2- acid-base centers, which can be associated to the oxygen vacancies,
were found. On Y2O3-ZrO2 mainly strongly basic O2- centers were observed.
However, the existence of a low number of Zr4+-O2- acid-base centers on Y2O3ZrO2 cannot be excluded [I].
On La2O3-ZrO2 both Zr4+-O2- acid-base centers as well as strongly basic O2centers were observed. In the CO2 adsorption spectra on La2O3-ZrO2 (Figure
11) bands appeared at 3620, 2351, 1763, 1607, 1533, 1451, 1419, 1334, 1284
and 1221 cm-1. The peaks at 3620, 1607 and 1221 cm-1 can be assigned to
bicarbonate species, the peak at 2351 cm-1 to linearly adsorbed CO2, the peak
at 1763 cm-1 to bridged carbonate and the peaks at 1533, 1334 and 1284 cm-1 to
bidentate carbonates [I]. Similarly as with Y2O3-ZrO2 the strong bands
observed for La2O3-ZrO2 at 1451 and 1419 cm-1 could be assigned to
44

monodentate carbonates [I]. The thermal stability of the adsorbed species was
studied in the temperature range of 30-600 °C (Figure 11). Bicarbonates (3620,
1607 and 1221 cm-1), linearly adsorbed CO2 (2351 cm-1) as well as bridged
carbonate (1763 cm-1) were not detected at temperatures above 200 °C.
Bidentate carbonates (1533, 1334 and 1284 cm-1) vanished at temperatures
above 400 °C and monodentate carbonates (1451 and 1419 cm-1) above 500
°C.
By comparing the thermal stability of the species formed on the catalysts, the
strength order of the basic sites can be evaluated. Bicarbonate species formed
on basic hydroxyl groups of the catalysts decomposed at temperatures below
300 °C with La2O3-ZrO2 (Fig 11.), ZrO2 and Y2O3-ZrO2, but below 200 °C
with SiO2–ZrO2 [I]. Bidentate carbonate species formed on c.u.s. Zr4+–O2acid–base centers of SiO2-ZrO2 and ZrO2 decomposed at temperatures below
300 and 400 °C, respectively [I], and below 400°C on La2O3-ZrO2 (Fig. 11).
Polydentate carbonate species formed on closely spaced c.u.s. Zr4+ centers of
SiO2-ZrO2 decomposed below 400 °C [I]. The monodentate carbonates formed
on O2- centers of Y2O3-ZrO2 decomposed below 500 °C [I] and on La2O3-ZrO2
below 600°C (Fig. 11). Thus, the basic sites on SiO2-ZrO2 were the weakest
and the basic sites on La2O3-ZrO2 and Y2O3-ZrO2 were the strongest, which is
in agreement with the CO2-TPD experiments.
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Figure 11. On the left: Subtraction spectra (spectrum of the calcined sample
subtracted from the CO2 adsorption spectrum) of the catalysts after CO2
adsorption at 30 °C. ‘Modified ZrO2’ refers to La2O3-ZrO2. On the right: Spectra
of CO2 desorption recorded at a) 30, b) 100, c) 200, d) 300, e) 400, f) 500 and g)
600 °C over La2O3-ZrO2 (‘Modified ZrO2’).

3.5 Discussion on the reactions, active sites, and influence of
sulfur
3.5.1 Reactions

Without sulfur in the gas feed the activity order of the catalysts for naphthalene
decomposition at 700 °C was ZrO2 > Y2O3-ZrO2 > La2O3-ZrO2 > SiO2-ZrO2
and with sulfur in the gas La2O3-ZrO2 > ZrO2 > Y2O3-ZrO2 > SiO2-ZrO2. The
conversion of toluene increased with temperature over all the examined
catalysts but the naphthalene conversion behaved differently: over La2O3-ZrO2,
Y2O3-ZrO2, and ZrO2, the naphthalene conversion decreased with increasing
temperature until 900 °C with FG1 with 100 ppm sulfur in the feed.
With all the examined zirconia based catalysts, O2 and H2 were consumed and
CO2 as well as H2O were formed throughout the studied temperature range and
with the feed gas FG1 with and without sulfur (100 ppm) [I, II]. CO was
formed at 900 °C with all the catalysts whereas at other temperatures it was
either slightly formed or consumed or showed no clear trend whether sulfur
was in the feed or not. O2 was completely converted above 600 °C with the
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exception of SiO2-ZrO2 and blank monolith whether sulfur was in the feed or
not [I, II]. Without oxygen, the conversion of hydrocarbons over ZrO2
remained below 10% even at 900 °C [III] indicating that the main reactions
that take place with zirconia catalysts include an oxidation step. The main gas
composition over La2O3-ZrO2, ZrO2 and Y2O3-ZrO2 differed clearly from that
obtained over the blank monolith; an indication of high activity. In contrast, the
main gas composition over SiO2-ZrO2 essentially resembled that of the blank
monolith, indicating poor catalyst activity [I]. Since the blank monolith showed
high activity towards tar at 800-900 °C, also thermal reactions have a role at
high temperatures.
Methane, ethylene/acetylene (not separable in the GC analysis), benzene and
traces of toluene were formed at 800-900 °C over ZrO2 when only naphthalene
was used as the tar model compound [III]. When both naphthalene and toluene
were used as tar model compound, also benzonitrile, traces of ethane, propene
and propane as well as small amounts of benzaldehyde, styrene and phenol
were detected over zirconia catalysts [II]. Thus, the naphthalene decomposition
reactions produce CO2, H2O and CO as the main reaction products together
with lower hydrocarbons that are probably intermediate products or created in
thermal reactions. Also when toluene is in the gas, the reaction matrix is much
more complicated and more intermediate or partial oxidation products are
formed.
The Mars-van Krevelen reduction-oxidation mechanism was used by Zhu [45]
to describe methane oxidation over ZrO2 and Y2O3-ZrO2. According to this
mechanism, methane is selectively oxidized by surface lattice oxygen, leaving
an oxygen vacancy, which is differently replenished over ZrO2 and over Y2O3ZrO2 [45]. Based on the DRIFTS studies, activity measurements and the
literature data, the following overall mechanism of naphthalene oxidation can
be suggested for zirconia catalysts (Figure 12): naphthalene is selectively
oxidized by surface lattice oxygen, leaving an oxygen vacancy, which may be
replenished differently on different zirconia. For example over pure ZrO2,
oxygen has been suggested to be directly replenished from the gas phase in
methane oxidation [45].
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CnHm, CO,
H2O, CO2

C10H8
O2

O

Figure 12. The suggested overall oxidation mechanism on ZrO2. The square
denotes an oxygen vacancy.

As the main reaction products were CO2, H2O and CO, the main reactions are
suggested to include total oxidation and partial oxidation (Eqs. (28) and (29),
respectively) [I, II]. Partial oxidation has been previously proposed also by
Juutilainen et al. [36] for toluene oxidation over zirconia based catalysts.
Carbon monoxide oxidation to CO2 according to Eq. (30) may be one of the
side reactions as observed also by Viinikainen et al. [73] in toluene oxidation.
In addition, H2 was consumed and H2O formed with all the catalysts indicating
another undesirable side reaction (Eq. (31)) taking place.
C10H8 + 12 O2 → 10 CO2 + 4 H2O

(28)

C10H8 + 7 O2 → 10 CO + 4 H2O

(29)

CO + ½ O2 → CO2

(30)

H2 + ½ O2 → H2O

(31)

Since CO2 and H2O were always formed and since without O2 the conversions
were very low even at 900 °C, it seems that naphthalene decomposition over
zirconia based catalysts does not occur via steam and dry reforming reactions
at the studied conditions. Furthermore, since benzene was formed, thermal
cracking reactions (Eq. (9) in Table 2) cannot be ruled out [III]. Without
oxygen and naphthalene in the feed, the ammonia conversion over ZrO2 was
48

zero within the limits of measuring accuracy [III]. These results indicate that
ammonia is also oxidized (Eq. (32)) and this reaction is much slower on ZrO2
compared to naphthalene oxidation.
2 NH3 + 1.5 O2 → N2 + 3H2O

(32)

In addition to the hydrocarbon decomposition reactions, several equilibrium
reactions may occur between the main gas components (Table 2) including the
water-gas shift (WGS), Boudouard and methanation reactions. Since methane
and water were formed and H2 converted over the zirconia catalysts, at least
methanation reactions seem to take place. The WGS reaction changes its
direction at 820 °C towards CO and H2O. However, since CO2 was formed
even at 900 °C, as well as CO and H2O it seems that the changes are mainly
due to the oxidation of CO and H2, and not due to the WGS reaction.
3.5.2 Active sites

According to the DRIFTS results, the surface of SiO2-ZrO2 consisted of a low
number of Zr4+-O2- acid-base centers and a large amount of acidic Zr4+ centers.
On ZrO2, mainly Zr4+-O2- acid-base centers, which can be associated to the
oxygen vacancies, were found. On Y2O3-ZrO2 mainly basic O2- and a low
number of Zr4+-O2- acid-base centers were observed [I]. The surface of La2O3ZrO2 consisted of Zr4+-O2- acid–base centers and basic O2- centers.
The activity order for naphthalene decomposition at 700 °C (with FG1 when
H2S was not in the feed) was ZrO2 > Y2O3-ZrO2 > SiO2-ZrO2 [I]. Moreover,
with FG2 without H2S (Figure 9, VII) over La2O3-ZrO2 a conversion of
naphthalene of ~40% at 700 °C was measured compared to ~60% measured
over Y2O3-ZrO2 with FG1 without H2S [I]. The characterization results
connected with the activity results suggest that the active sites for tar oxidation
on zirconia catalysts are Zr4+-O2- acid-base centers, which can be associated to
the oxygen vacancies [I] as described in Figure 13. The high activity of ZrO2
without sulfur in the feed is accordingly suggested to be due to the high amount
of these Zr4+-O2- acid-base centers associated with oxygen vacancies. The
active site of methane oxidation has also been suggested to be the surface
lattice oxygen coordinated with Zr4+-ion [45].
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Figure 13. Suggested active sites for tar and H2 and CO oxidation on zirconia
based catalysts. D denotes for dopant that can be e.g. yttrium or lanthanum.

In the DRIFTS studies on La2O3-ZrO2 and on Y2O3-ZrO2 [I] O2- centers of
strong basicity, were found. The O2- centers have been connected to an
enhanced number of oxygen vacancies and oxygen mobility [44]. Therefore,
the oxygen vacancies found on Y2O3-ZrO2 and La2O3-ZrO2 compared to those
on ZrO2 may differ from each other as was described by Zhu et al. [45] so that
also the so called extrinsic oxygen vacancies are created by dopant ions. The
higher activity of ZrO2 compared to Y2O3-ZrO2 could be explained by the high
amount of the active sites available for tar oxidation. On Y2O3-ZrO2,
undesirable H2 and CO oxidation activity was higher than on ZrO2 (especially
without sulfur in the gas, paper [I]) at 700 °C. Thus, it seems that the high
oxygen mobility of Y2O3-ZrO2 and La2O3-ZrO2 results in higher H2 and CO
oxidation, when sulfur is not in the gas, instead of tar oxidation. Also it is
possible that, for example, sites connected to dopant ions e.g. yttrium and
oxygen and/or zirconia coordinated oxygen sites, are active in the undesirable
side reactions (Figure 13) of small molecules such as H2 and CO but not in tar
oxidation. H2 and CO oxidation probably occur, however, also in the suggested
active site for tar oxidation on the zirconia based catalysts.
The absence of H2 and CO increased naphthalene conversion at 800-900 °C on
ZrO2 whereas especially the absence of H2 but also that of CO decreased the
naphthalene conversion at 700 °C [III]. In paper III, it was suggested that H2
and CO inhibit naphthalene oxidation at 700 °C, while actually the absence of
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H2 and CO inhibited naphthalene oxidation. Therefore, it is now suggested that
H2 is needed for the naphthalene oxidation to create the active sites. According
to Eder and Kramer [74], the number of surface oxygen vacancies on
zirconium oxide increases with increasing reduction temperature and time,
increasing the hydrogen flow rate, and decreasing water vapor pressure, thus
being controlled by the equilibrium reaction (33).
Zr4+ + O2- + H2 ļ H2O + VO + Zr3+ + e-

(33)

where Vo is an oxygen vacancy. They also reported that when water vapor is
added to the reaction mixture, the surface oxygen vacancies are quenched and
the catalytic activity decreases in the hydrodeoxygenation of propan-2-ol at
200 °C [74]. Based on these observations, and the results of this work, it is
suggested that water quenches the active sites of zirconia and H2 in the gas
helps to create oxygen vacancies according to Eq. (33). Thus, a great
improvement on the naphthalene and ammonia oxidation activities is observed
when water is absent and a decline in the absence of H2. However, in the real
gasification process this is not possible, as the gas always contains water. The
inhibition effect of water observed over ZrO2 [III] also supports the hypothesis
of the nature of the suggested active site for tar oxidation.
Over ZrO2, CO was slightly formed even when CO or both CO and H2 were
absent (Table 5). The absence of both CO and H2 resulted in naphthalene
conversion levels similar to those in the absence of CO (Fig. 7) probably
because the influence of CO cannot be easily ruled out as it is formed in the
reactions whereas H2 formation was not observed when H2 was absent [III].
Also the absence of CO or H2 resulted in lower oxygen conversion and lower
CO2 and H2O formation. Hence, it is possible that the reactions of CO and H2
take place also on different active sites from those suggested for tar in Figure
13. At lower temperatures the absence of H2 or CO resulted in lower catalyst
bed temperatures that may have had also an effect on the lower naphthalene
conversions [III].
3.5.3 Influence of sulfur

Sulfur affected most clearly the activity of La2O3-ZrO2 (at 600-700 °C) and
Y2O3-ZrO2 as well as that of ZrO2 (at 600 °C) in naphthalene and ammonia
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decomposition. No clear changes in the activity of SiO2-ZrO2 were observed
due to the addition of 100 ppm of sulfur.
In the sulfur pulse experiments, the activity in naphthalene decomposition
remained at a higher level when sulfur was excluded; indicating that sulfur
adsorption plays a role in the activity enhancement. Hence, sulfur adsorbed on
the zirconia catalysts and affected their catalytic properties. The intensity of the
positive effect of sulfur increased with the Lewis basicity strength of the
catalysts (La2O3-ZrO2 > Y2O3-ZrO2 > ZrO2 > SiO2-ZrO2). The activity order at
700 °C with H2S (FG1) was La2O3-ZrO2 > ZrO2 > Y2O3-ZrO2 > SiO2-ZrO2.
Moreover, La2O3-ZrO2 was the most active, having a conversion of
naphthalene of over 85% throughout the studied temperature range.
In general, three possible sulfidation pathways on metal oxides with H2S are
suggested: (1) exchange of oxygen from metal oxide to sulfur, (2) dissociation
of H2S towards HS- and H+, the latter forming hydroxyl groups on the catalysts
surface, and (3) coordinative bonded hydrogen sulfide which can be a source of
Brønsted acidity [75]. Also, the interaction of H2S with a defective site or
oxygen vacancy results in incorporation of S2- into the lattice [76].
It was suggested by Kauppi et al. [63] that H2 S adsorbs dissociatively on
zirconia and hence sulfur may adsorb either by replacing lattice oxygen or into
the oxygen vacancy (Figure 14). Moreover, according to Kauppi et al. [77]
adsorbed sulfur on the surface of ZrO2 enhanced the reactivity of surface lattice
oxygen. Furthermore, the minority sites on the ZrO2 surface are able to bind
sulfur more preferably than oxygen, and sulfur adsorption on these sites
enhances the reactivity of surface lattice oxygen on sulfided ZrO2 surfaces
[77]. Therefore, the adsorption of sulfur could explain the enhancement in
naphthalene oxidation, and since La2O3-ZrO2 and Y2O3-ZrO2 have the most O2centers available among the studied zirconia catalysts, the effect is most clearly
seen with these catalysts.
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Figure 14. Sulfur adsorption on ZrO2 and the resulting activity enhancement
(upper) of the surface lattice oxygen towards naphthalene oxidation and
“selective sulfur poisoning” (lower). D denotes for dopant that can be e.g. yttrium
or lanthanum.

Since the conversion of especially CO (at 600-700 °C) and also that of H2 (at
600 °C over ZrO2 and Y2O3-ZrO2) decreased in the presence of sulfur, it could
be possible that sulfur adsorption affects the oxidation properties of La2O3ZrO2, Y2O3-ZrO2 and ZrO2 favoring selective oxidation of naphthalene and
ammonia whereas undesirable side oxidations of especially CO but also H2 are
diminished. This “selective poisoning effect” may be due to the sulfur
poisoning via its adsorption on the O2- centers, which in connection to dopantion and/or another Zr-ion are proposed to be active for CO and H2 oxidation
but not for tar oxidation (Figure 14). The effect of sulfur is clearly seen in
naphthalene and less in toluene conversion, probably since zirconia favors the
oxidation of heavier tar compounds. Desorption of sulfur species at higher
temperatures could explain why no clear effects due to the sulfur addition were
observed [II]. Since oxygen vacancies are not expected on SiO2-ZrO2 [70] and
the Lewis basic sites were the weakest on SiO2-ZrO2 [I], this sulfur
enhancement is not observed.
Hence, it is suggested that the adsorption of sulfur either hinders CO and H2
oxidation from sites not connected to oxygen vacancies and Zr-ion and/or
enhances naphthalene oxidation from the active sites connected to oxygen
vacancies and Zr-ion (Figure 14). Ziolek et al. [78] observed also that the
replacement of oxygen by sulfur ions upon H2S adsorption seemed to increase
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the basicity or redox properties and H2S was adsorbed dissociatively, replacing
the surface oxygen ions [78].
As SO2 was found when the effect of sulfur improvement was observed on
zirconia [II] it seems that the adsorbed sulfur is also oxidized to SO2. At 900
°C, when oxygen was completely converted, sulfur was mainly in the form of
H2S [II]. Thus, the effect of sulfur on naphthalene and ammonia conversion
enhancement was connected with the formation of SO2 in the complex reaction
matrix. Since the sulfur compounds can adsorb in different ways on ZrO2 [78,
79], it is possible that they also have different effects on the activity. However,
it has been concluded that the replacement of oxygen by sulfur ions upon H2S
adsorption seemed to increase the basicity or redox properties [78] similarly to
SO2 adsorption [79]. In paper II the effect of sulfur was suggested to be due to
SO2 adsorption instead of the fed H2S. However, since SO2 formation took
place when all oxygen was not used in other reactions, it seems more evident
that SO2 formation takes place as a result of the oxidation of the adsorbed
sulfur at 600 °C instead of what was suggested in paper II.
3.6 The applicability of zirconia in gas clean-up

With the La2O3-ZrO2 catalyst, a high conversion of naphthalene and toluene
over a wide temperature range of 600-900 °C was measured resulting in
flexibility in the process development of the catalytic reforming unit. La2O3ZrO2 and zirconia are selective catalysts for tar oxidation in gasification gas
cleaning in the presence of oxygen even below 700 °C. When comparing to
undoped zirconia, La2O3-ZrO2 exhibits an improved and high activity towards
tar oxidation when sulfur is present in the gas. Zirconia catalysts are also
resistant to poisoning by H2S, which even promotes the activity and selectivity
of zirconia towards tar and ammonia conversion. Furthermore, since H2S is a
typical catalyst poison in gasification gas, sulfur tolerance is a remarkable
benefit.
Full scale testing was carried out in Kokemäki CHP plant, which used the
Novel gasification technology developed by VTT and Condens Oy. A zirconia
based catalyst was studied in slip-stream tests that lasted nearly 300 hours with
real gasification gas with high performance although the post-use analyses
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showed that the pre-reforming catalyst was coked and the tar decomposing
activities of the catalysts decreased during the slipstream test [80].
It can be concluded that zirconia catalysts are very promising to be used as prereforming catalysts. They are particularly well suited to gas clean-up when the
requirement is to remove the tar to a low level and methane conversion is not
necessary, such as in power and heat production. Since the NH3 conversion on
zirconia is relatively low, NH3 needs to be converted in a second reforming
stage, by another catalyst, or by another method. Since zirconia catalysts prefer
the decomposition of a heavier tar fraction in the gas stream, whereas lighter
tars have lower conversion, they are suitable for processes where heavy tars are
problematic, such as in the utilization of gas in gas engines.
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4

Precious metal and nickel catalysts in the clean-up of
gasification gas

4.1 The effect of metal on gas quality

Based on the screening studies, La2O3-ZrO2 was selected as the support
material for the precious metal and Ni catalyst in IV-VII. The performance of
several precious metals and nickel on La2O3-ZrO2 (referred as ‘modified
zirconia’ in papers IV-VII) were studied and compared to La2O3-ZrO2 support
for gasification gas clean up [IV, VI]. The catalysts were characterized in
papers IV, VI. The catalysts were studied with sulfur in the gas (100 ppm) as
the real gasification gas always contains sulfur [1].
Similar trends in tar decomposition were measured with the gas resembling the
product gas from an air (feed gas FG1) [IV] or an oxygen blown gasifier (feed
gas FG2) with 100 ppm H2S in the feed in both cases [VI]. The activity of
metal catalysts was low at temperatures below 800 °C. Thus, the addition of
metal onto La2O3-ZrO2 had a negative effect particularly on the conversion of
naphthalene, but also on toluene below 800 °C. With Pt/La2O3-ZrO2 and
Pd/La2O3-ZrO2 the naphthalene decomposition activity was lowest at 800 °C,
whereas with rhodium, ruthenium and nickel on La2O3-ZrO2 it increased with
increasing temperature (Figure 15).
Toluene conversion increased with increasing temperature with all the catalysts
[IV, VI]. The activity order of the metal/La2O3-ZrO2 catalysts towards tar
model compound decomposition was Rh § Ni > Pd > Ir > Ru > Pt at the
temperature range of 850-900 °C with the feed gas FG1 and only the rhodium
catalyst had complete conversion of the tar model compound at 900 °C [IV].
The conversion of naphthalene and toluene mixture to lighter components than
benzene decreased in the order of Rh > Ni > Pd § Pt > Ru > La2O3-ZrO2
support at 900 °C when synthetic oxygen blown gasification gas (FG2 with
100 ppm sulfur in the feed) was used (Figure 15).
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Figure 15. The conversion of naphthalene (upper) and mixture of naphthalene
and toluene to lighter components than benzene (lower) over the studied catalysts
as a function of the mean catalyst temperature. All metal catalysts are supported
on La2O3-ZrO2. Feed: FG2 with 100 ppm H2S, GHSV: 3500 h-1 [VI].

Only Ni/La2O3-ZrO2, Ru/La2O3-ZrO2 and La2O3-ZrO2 showed activity in
ammonia decomposition with in the presence of sulfur (Figure 16) [IV, VI].
Over Ni/La2O3-ZrO2, the ammonia conversions were much higher with the
feed gas FG1, being over 70% at 900 °C [IV] compared to approx. 20% at 900
°C with the feed gas FG2 [VI]. These findings indicate how important it is to
mimic industrial conditions in the experimental work.
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Figure 16. The conversion of ammonia over the catalysts as a function of the
mean catalyst temperature. The metal catalysts are on La2O3-ZrO2. Feed: FG1
with 100 ppm H2 S, GHSV: 3500 h-1 [IV].

The conversion of ethylene and methane was higher with the feed gas FG2
than with the feed gas FG1. The conversion of ethylene increased with
increasing temperature with all metal catalysts being over 90% at 900 °C, and
99% with the Rh/La2O3-ZrO2 and Ni/La2O3-ZrO2 catalysts with the feed gas
FG2 [VI]. The highest methane conversion was measured with the Rh/La2O3ZrO2 catalyst [IV,VI] being somewhat over 20% at 900 °C with the feed gas
FG2 [VI]. At 900 °C, some methane was converted over all the metal catalysts
with both feed gases [IV, VI]. The conversion of the various components on
the studied precious metal catalysts decreased in the following order: aromatic
hydrocarbons, ethylene > methane > ammonia at 900 °C with both feed gases
[VI].
The quality of the product gas intended to energy production is reflected by the
heating value. The heating values of the product gas mixtures increased with
increasing reaction temperature in the order of Rh/La2O3-ZrO2 > Ni/La2O3ZrO2 > Pd/La2O3-ZrO2 § Ru/La2O3-ZrO2 > Pt/La2O3-ZrO2 § La2O3-ZrO2 with
the feed gas FG1. With the rhodium catalyst, the heating value of the product
gas achieved that of the feed gas (5.4 MJ/m3N) at the furnace set point of 800
°C, while the nickel catalyst required a set point of 850 °C and the other
catalysts needed 900 °C [IV]. The quality of the product gas intended to FTsynthesis was evaluated using the H2/CO ratio that should ideally be close to 2
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[20] (Table 8). The molar out/in ratio of the main gases was calculated to
evaluate the changes in the product gas [VI, VII] (Figure 17). The most
promising H2/CO ratio was obtained for the rhodium catalyst, being close to 2
over the whole temperature range, and for the ruthenium catalyst at 700 °C and
above. Furthermore, with the rhodium and ruthenium catalysts the H2/CO ratio
achieved a higher ratio than in the feed (1.4) over the whole temperature range,
whereas with the platinum, nickel and palladium catalysts and with the La2O3ZrO2 the H2/CO ratio achieved that of the feed at 800 °C and above (Table 8).

Table 8. H2/CO ratio of the outlet gas with various catalysts at the oven set point
temperatures of 600-900 °C. Feed: FG2 with 100 ppm H2S, GHSV: 3500 h-1.

Oven set point ( °C)
Ratio in the feed
Rh/La2O3-ZrO2
Pt/La2O3-ZrO2
Ru/La2O3-ZrO2
Ni/La2O3-ZrO2
Pd/La2O3-ZrO2
La2O3-ZrO2

600
1.4
1.9
1.1
1.7
1.2
1.3

700
1.4
2.2
1.3
2.0
1.4
1.3
1.3

800
1.4
2.1
1.6
2.1
1.5
1.5
1.4

900
1.4
1.8
1.7
1.8
1.6
1.7
1.6

The out/in ratios of the main gases over the studied catalysts and the
equilibrium values for comparison at 600-900 °C with FG2 are presented in
Figure 17. In the studied temperature range, CO2 was always formed and O2
completely consumed with all metal catalysts. Some differences were,
however, observed for CO. For example, with rhodium, ruthenium, and nickel
supported on La2O3-ZrO2, CO was formed at 900 °C and consumed below it,
while with the Pt/La2O3-ZrO2 catalyst CO was always consumed and over
Pd/La2O3-ZrO2 above 600 °C. Moreover, H2O was produced with platinum,
palladium, and nickel supported on La2O3-ZrO2 below 900 °C and consumed at
900 °C, whereas with the Rh/La2O3-ZrO2 catalyst H2O was consumed at all
temperatures and with the Ru/La2O3-ZrO2 above 700 °C. With Ni/La2O3-ZrO2
and Pd/La2O3-ZrO2, H2 was converted below 800 °C and formed at 800-900
°C, with Pt/La2O3-ZrO2 H2 was formed at 700-900 °C. With ruthenium and
Rh/La2O3-ZrO2 H2 was formed at all temperatures [VI].
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Figure 17. The out/in ratios of the main gases over the studied catalysts and
comparison to the equilibrium values at 600-900 °C. Gas: FG2 with 100 ppm
H2S, GHSV: 3500 h-1.

Even at 900 °C the differences between the measured and equilibrium values
of the main gas components were high with all the studied catalysts with both
feed gases (FG1 and FG2 with 100 ppm sulfur in both). The measured H2
concentrations were considerably lower, and H2O and CH4 concentrations
higher than the calculated equilibrium values. Also, CO concentrations were
lower and CO2 higher than in the equilibrium [VI] (Figure 17).
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4.2 Performance

of

plasma

sprayed

nickel

catalysts

in

comparison to Ni/La2O3-ZrO2 in the gasification gas clean-up

Plasma spraying is a potential preparation method for gas clean-up catalysts
which require very durable catalytic coatings. In paper V multilayer composite
coating powders consisting of a gibbsite (Al(OH)3) or boehmite (AlO(OH))
core together with a hydrotalcite coating were prepared and characterized. The
coating powders were used in the preparation of plasma sprayed metal
substrate supported nickel catalysts. The performance of all the catalysts was
studied in the clean-up of synthetic gasification gas at 700 °C and 900 °C with
the FG1 feed, with and without H2S and compared to the ceramic monolithic
nickel catalyst on La2O3-ZrO2 and to the La2O3-ZrO2 support.
Catalysts with a gibbsite core showed higher activity and better sulfur
resistance than those with a boehmite core. The SEM images of a plasma
sprayed gibbsite based composite powder on a metal showed full coverage of
the metal with only a few agglomerates, implying a high specific surface area
and high adhesion to the metal [V].
The gasification gas clean-up results with the best performing plasma sprayed
nickel catalyst (G-65, Figure 18) were comparable to that of 8 wt-% Ni/La2O3ZrO2. The effect of H2S feed concentration on the activities of G-65 and
Ni/La2O3-ZrO2 is shown in Figure 18. The higher the H2S amount, the lower
the levels of conversion of the total aromatic hydrocarbons and methane.
However, ammonia conversion levels were higher with the addition of 500 and
1000 ppm H2S than at lower sulfur concentrations for both studied catalysts.
According to Hepola [81], nickel sulfide formation occurs at high H2S levels
and combined with metal nickel it is active in ammonia decomposition. At 900
°C, the activity of the catalysts towards total hydrocarbon conversion and
methane was recovered when the H2S feed was turned off. This reactivation
occurred even after exposure to high H2S levels, as previously observed [81].
The activity and stability of the high nickel containing G-65 catalyst during a
10 h experiment at 800 °C were better than those of nickel on La2O3-ZrO2 [V].
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Figure 18. The effect of H2S feed concentration on the conversion of total
aromatic hydrocarbon, ammonia, and methane over G-65-Ni and Ni/modified
zirconia catalysts at 900 °C during four H2S pulse sequences. Gas feed: FG1,
GHSV: 3500 h-1.

The composition of the product gas with the plasma sprayed Ni catalyst, G-65
(gibbsite core, calcined at 650 °C), indicated that the main reactions of
hydrocarbons were steam and dry reforming reactions (as expected on the basis
of earlier studies (e.g. [16], reviewed in [1]). The similarity of the product
gases over Ni/La2O3-ZrO2 to those observed with G-65 at 900 °C indicate that
the reforming reactions are also dominating at 900 °C [V].
As a conclusion, thermal plasma-sprayed nickel catalysts are good candidates
in gasification gas clean-up in which high mechanical strength and good
thermal stability of the catalysts are needed. Further activity and stability tests
of the catalysts in long-term experiments are required to prove the performance
with elongated times on stream. Long lifetime and superior performance will
be necessary to justify the use of the complex and costly plasma spraying
method for commercial applications.
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4.3 The long term stability of the best performing rhodium and
nickel catalysts

The long term stability of the best performing rhodium and nickel on La2O3ZrO2 as well as plasma sprayed nickel catalysts were studied in 10 h tests at
800 °C with 100 ppm sulfur containing gas FG1 [IV, V]. Changes in the
activity of both of the nickel catalysts and the rhodium catalyst took place
during the 10 h test. Nevertheless, the activity with rhodium remained higher
compared to the plasma sprayed nickel catalyst and Ni/La2O3-ZrO2 (Figure 19)
[IV-VI].
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Figure 19. The conversions of naphthalene and total aromatic hydrocarbons
during ten hours on stream at 800 °C with Rh/modified ZrO2 (La2 O3 -ZrO2 ),
Ni/modified ZrO2 (La2O3-ZrO2 ) (IV) and with nickel based plasma sprayed
catalyst G-65 (V). Feed: FG1. GHSV: 3500 h-1.

The SEM images of the Rh/La2O3-ZrO2 catalyst powder before and after
calcination at 800 °C showed that the La2O3-ZrO2 support with initial particle
size of 1 ȝm was highly agglomerated during the calcination. With the aged
catalyst, low rhodium peaks were detected indicating particle size growth
during the 10 h test with FG2 [VI].

However, the nickel catalyst had a

somewhat lower amount of carbon after the 10 h test than rhodium catalyst.
The amount of sulfur deposited on the monoliths was 0.01-0.03 wt-% and no
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discernible differences were observed between the catalysts within the
measuring accuracy [VI].
In all, Rh/La2O3-ZrO2 exhibited the most promising performance of the studied
catalysts. However, the activity of the Rh/La2O3-ZrO2 declined during the ten
hours on stream. The deactivation was probably mostly due to sulfur poisoning
effects, coke formation, but also due to the particle size growth during the
experiment. Yet, the activity of Rh/La2O3-ZrO2 remained higher than that of
Ni/La2O3-ZrO2 both towards naphthalene as well as towards total aromatic
hydrocarbons [VI]. Longer test runs using real gasification gas and gas fully
simulating the industrial quality are still needed to verify the potential of the
Rh/La2O3-ZrO2 catalyst.
4.4 The effect of sulfur on catalyst activity and product gas
quality over Rh/La2O3-ZrO2 and Pt/La2O3-ZrO2

Due to their promising performance, the effect of sulfur addition with
Rh/La2O3-ZrO2 and Pt/La2O3-ZrO2 catalysts was studied in VII with FG2. In
the presence of 100 ppm sulfur, the activity of rhodium catalyst for the
decomposition of naphthalene, toluene, and aromatic hydrocarbons was
significantly lower than in the absence of sulfur up to 800 °C. With sulfur
addition, the aromatic hydrocarbon conversion over rhodium catalyst, however,
increased with temperature from below 15% to complete at 900 °C [VII].
Interestingly, with Pt/La2O3-ZrO2, H2S in the gas feed activated the catalyst
towards naphthalene at 600-700 °C, but slightly deactivated the catalysts
towards toluene and total aromatic hydrocarbon above 600 °C, and towards
naphthalene at 800 °C. In the absence of sulfur, naphthalene conversion over
Pt/La2O3-ZrO2 increased with temperature while with sulfur it showed a
minimum at 800 °C (Figure 20) [VII].
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Figure 20. The effect of 100 ppm H2 S on the naphthalene and toluene conversions
with Pt/La2O3-ZrO2. Gas feed: FG2, GHSV: 3500 h-1) [VII].

The effect of sulfur concentration on the activity was studied with the most
promising 0.5 wt-% Rh/La2O3-ZrO2 catalyst in VII. The higher the sulfur
content in the feed, the lower the conversion (Figure 21). The poisoning effect
was lower at the temperature of 800 °C than at 700 °C. Notably, 5 ppm of
sulfur was already sufficient to critically affect not only the methane
conversion, but also the aromatic hydrocarbon conversion below 800 °C. When
the sulfur content was increased to 50 ppm or higher, methane conversion was
always below 35%, even at 900 °C. The ammonia conversion at 900 °C was
32% without sulfur and 5% when 5 ppm of sulfur was introduced into the feed
[VII].
The sulfur poisoning took place quickly as soon as sulfur was added to the feed
and proceeded steadily thereafter. Nevertheless, even after high sulfur exposure
of 1000 ppm, the activity towards tar as well as methane returned almost to the
original value measured without sulfur in the feed (Figure 21). Hence,
deactivation by sulfur is mainly reversible. This is very beneficial as the
activity of Rh/La2O3-ZrO2 could be regained by regenerating the catalyst in a
sulfur free gas feed. These observations are in good agreement with studies
performed on reforming of higher hydrocarbons over Pt-Rh/zirconia catalysts
[49].
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Figure 21. Above: The effect of H2S concentration on naphthalene and toluene
conversions over Rh/La2O3-ZrO2 at 700 and 800 °C during three H2S pulse
sequences. Below: The effect of H2 S concentration on methane conversion over
Rh/La2O3-ZrO2. Gas feed: FG2, GHSV: 3500 h-1.

On both metal catalysts, more H2O was converted and more H2 was produced
at 800-900 °C without sulfur addition than in the presence of sulfur (Figure
22). Over Rh/La2O3-ZrO2 CO was produced at 800-900 °C without sulfur but
only at 900 °C with sulfur in the feed. Moreover, some CO2 was converted at
900 °C without sulfur but produced with sulfur in the feed. Over Pt/La2O3ZrO2 CO was produced at 900 °C without sulfur but consumed with sulfur in
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the feed and CO2 was produced at 600-900 °C with and without sulfur. Over
the Rh/La2O3-ZrO2 catalyst, the gas composition without sulfur addition was
very close to equilibrium at 800–900 °C, which was not the case with
Pt/La2O3-ZrO2 [VII].

Figure 22. The out/in ratios of the main gases over the Pt/ La2 O3 -ZrO2, Rh/La2O3ZrO2 and La2O3-ZrO2 (support) catalysts at 600-900 °C. Gas: FG2 without sulfur
in the feed, GHSV: 3500 h-1.

4.5 Effect of rhodium amount and platinum addition on the
activity and gas quality over Rh/La2O3-ZrO2 catalyst

The effect of rhodium and platinum content over La2O3-ZrO2 on the
conversions of aromatic hydrocarbon and methane with 100 ppm sulfur
containing feed were studied in VII. The increasing amount of rhodium had a
negative effect on the total aromatic hydrocarbon conversion below 800 °C
whereas toluene, naphthalene, and ethylene conversions were slightly increased
at 700-800 °C. This means that tar is converted more to benzene with
increasing rhodium amount at temperatures below 900 °C. The increasing
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amount of rhodium, however, increased the methane conversion at 900 °C
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Figure 23. The conversion of aromatic hydrocarbons and methane with various
rhodium, platinum and bimetallic platinum-rhodium catalysts on La2O3-ZrO2.
Feed FG2 with 100 ppm sulfur, GHSV: 3500 h-1 [VII].

No discernible improvement in activity was achieved with 5 wt-% Rh/La2O3ZrO2 compared to 0.5 and 1 wt-% Rh/La2O3-ZrO2 catalysts in the presence of
100 ppm sulfur. The lower metal dispersion of 5 wt-% Rh/La2O3-ZrO2 may
have affected the obtained result. Thus, a rhodium content higher than 1 wt-%
on La2O3-ZrO2 is neither beneficial nor economically feasible for the gas cleanup application [VII].
The addition of 0.5 wt-% platinum on 0.5 wt-% Rh/La2O3-ZrO2 had a negative
effect on aromatic hydrocarbon, naphthalene, toluene, ethylene and methane
conversion below 900 °C compared to 0.5 wt-% Rh/La2O3-ZrO2. The ammonia
conversion was always below 5% regardless of the precious metals. Therefore,
the most promising and economically feasible catalyst seems to be the 0.5 wt% Rh/La2O3-ZrO2.
More H2O and CH4 were consumed, more H2 and CO were produced and less
CO2 was produced on 1 wt-% Rh/La2O3-ZrO2 and 5wt-% Rh/La2O3-ZrO2
catalysts than on 0.5 wt-% Rh/La2O3-ZrO2 catalyst, indicating the enhancement
of the reforming reactions. The gas composition measured on Pt-Rh/La2O3ZrO2 resembled more that measured on 0.5 wt-% Rh/La2O3-ZrO2 than that
measured on 0.5 wt-% Pt/La2O3-ZrO2. Nevertheless, the gas composition was
far from equilibrium state with all catalysts with 100 ppm sulfur containing
feed even at 900 °C [VII].
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4.6 The effect of pressure and space velocity on the activity over
Rh/La2O3-ZrO2 catalyst

The effect of elevated pressure and gas hourly space velocity (GHSV) on the
activity of 0.5 wt-% Rh/La2O3-ZrO2 was studied in VII at 800 °C with FG2.
When the gas hourly space velocity was kept constant (being 3400 1/h) and the
pressure was varied (between 1 to 10 bar), toluene conversions were similar at
all elevated pressures, whereas the conversion of naphthalene and total
aromatic hydrocarbon passed through a minimum at 5 bar.
When the gas hourly space velocity was varied between 3400 and 10200 1/h at
5 bar, the conversions of naphthalene, toluene, and aromatic hydrocarbons
declined as a function of increasing gas hourly space velocity (the gas
residence time in the catalysts decreased). The methane and ammonia
conversions were low and no discernible effect on their conversion was
observed [VII].
In summary, the pressure of 1-10 bar had only a small effect on the activity of
0.5 wt-% Rh/La2O3-ZrO2 catalyst, whereas the hourly space velocity (at 5 bar)
had a more significant effect. Thus, in order to facilitate high tar conversion
with the Rh/La2O3-ZrO2catalyst in the presence of sulfur concentrations higher
than 50 ppm, temperature should be over 850 °C and the gas hourly space
velocity moderate [VII].
4.7 Discussion on the reactions and influence of sulfur
4.7.1 Reactions

The addition of precious metal or nickel onto La2O3-ZrO2 had a negative effect
particularly on the conversion of naphthalene, but also on toluene below 800
°C. The activity in the conversion of naphthalene and toluene mixture to lighter
components than benzene decreased in the order of rhodium > nickel >
palladium § platinum > ruthenium > La2O3-ZrO2 support at 900 °C. Only
Ni/La2O3-ZrO2, Ru/La2O3-ZrO2 and La2O3-ZrO2 showed activity towards
ammonia decomposition in the presence of sulfur. Furthermore, with rhodium
and ruthenium catalysts the H2/CO ratio exceeded that of the feed throughout
the studied temperature range, whereas with platinum, nickel, palladium
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catalysts and with La2O3-ZrO2, the H2/CO ratio exceeded that of the feed at 800
°C and above with FG2.
Within the studied temperature range, CO2 was always formed and O2
completely consumed with all the metal catalysts. H2O was produced with
platinum, palladium, and nickel on La2O3-ZrO2 below 900 °C and consumed at
900 °C, whereas with Rh/La2O3-ZrO2 H2O was consumed at all temperatures
and with Ru/La2O3-ZrO2 above 700 °C. On Ni/La2O3-ZrO2 and Pd/La2O3ZrO2, H2 was converted below 800 °C and formed at 800-900 °C, with
Pt/La2O3-ZrO2 H2 was formed at 700-900 °C. With ruthenium and Rh/La2O3ZrO2 H2 was formed at all temperatures. With rhodium, ruthenium, and nickel
on La2O3-ZrO2, CO was formed at 900 °C and consumed below it, while with
Pt/La2O3-ZrO2 CO was always consumed and over Pd/La2O3-ZrO2 over 600
°C.
Several competitive reactions of the gas components take place when passing
the feed gas over the catalysts. It is worth noting that concentrations of the
aromatic hydrocarbon feed are in ppm levels thus their reactions cause only
minor changes in the amounts of the main gas components (CO, H2, CO2, H2O,
and CH4). Metal additions of 0.5 wt-% reduced the naphthalene oxidation
reactions typical for zirconia at low temperatures. On ruthenium, nickel and
Rh/La2O3-ZrO2 the activity at 600-700 °C towards naphthalene decomposition
was very low while palladium and Pt/La2O3-ZrO2 catalysts showed moderate
activity towards tar at 600-700 °C with sulfur containing gas [VI, VII]. On the
other hand, rhodium and nickel are known for their high reforming activity
[49].
The high conversion of naphthalene, toluene, and total aromatic hydrocarbon at
800-900 °C with rhodium, ruthenium and nickel catalysts, the observed
formation of H2, CO2, and benzene as well as the consumption of H2O suggests
that hydrocarbon decomposition may occur via steam reforming (Eqs. (1) and
(2), Table 2) and/or via steam dealkylation reactions (Eqs. (3) and (4), Table
2). Since CO2 was formed even at 900 °C, the water gas shift reaction (Eq.
(15), Table 2) and other equilibrium reactions (Eqs. (16)-(21), Table 2) have a
great impact on the gas composition. Oxygen was always consumed over
rhodium, ruthenium and nickel on La2O3-ZrO2. At 600–800 °C, CO was
converted and CO2 produced while tar conversion was low, thus the oxygen
may be used in e.g. the oxidation reaction of CO to CO2 rather than tar
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oxidation typical for La2O3-ZrO2 at low temperatures. Since with sulfur in the
feed, the O2 conversion on the La2O3-ZrO2 support was incomplete, while it
was complete on the metal catalysts at 600 °C, the precious metals also have an
important role in the oxidation reactions [VII].
Platinum and palladium catalysts have been concluded to be efficient oxidation
catalysts in e.g. autothermal reforming of higher hydrocarbons [50]. With
Pt/La2O3-ZrO2, Pd/La2O3-ZrO2, and La2O3-ZrO2, H2O formed below 900 °C
and CO2 at all temperatures, while H2 was converted below 800 °C. At lower
temperatures, CO2 was formed and CO consumed with platinum and palladium
on La2O3-ZrO2. Also, the naphthalene conversion decreased from 600 to 800
°C with sulfur containing gas in the similar manner as with the La2O3-ZrO2
support. It seems that at 600-800 °C the aromatic hydrocarbon decomposition
on platinum and palladium on La2O3-ZrO2 catalysts might also occur via
oxidation reactions, taking place partly on the La2O3-ZrO2 support and partly
on the metal. Another possibility is that palladium and platinum are not active
below 800 °C and, thus the activity resembles that of the La2O3-ZrO2 support.
However, at high temperatures, the steam reforming and/or steam dealkylation
reactions may dominate as the differences between platinum and palladium on
La2O3-ZrO2 compared to the other metal catalysts were smaller.
Further proof of the important role of oxygen on Pt/La2O3-ZrO2 catalyst, is that
without oxygen and sulfur in the gas, the conversions of naphthalene were 0
and 4% at 600 and 700 °C, whereas they were ~15% in the presence of oxygen.
However, at 800 and 900 °C the naphthalene conversions on Pt/La2O3-ZrO2
catalysts were similar with and without oxygen. This supports the suggestion
that oxidation is the main tar decomposition reaction at temperatures below
800 °C, whereas steam reforming and/or steam dealkylation reactions may
dominate at 800–900 °C [VI].
Ru/La2O3-ZrO2 and Ni/La2O3-ZrO2 were the only metal catalysts to show some
conversion of ammonia. Nickel catalysts have been widely studied in ammonia
removal (reviewed in [1]). Over nickel catalyst, the reactions of ammonia
occur via reverse ammonia synthesis reactions (Eq. (21), Table 2) [16]. On
Ru/La2O3-ZrO2, the ammonia decomposition activity of Ru/La2O3-ZrO2
decreased with increasing temperature. Taking into account the low metal
loading with ruthenium catalyst and the profile of the ammonia conversion as a
function of temperature being similar to that of the support [IV], it is possible
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that ammonia conversion on ruthenium catalyst takes place partly on the metal
and partly on the support in oxidation reactions.
4.7.2 Influence of sulfur

In the presence of 100 ppm sulfur, the activity of rhodium catalyst for the
decomposition of naphthalene, toluene, aromatic hydrocarbon and methane
was significantly lower than in the absence of sulfur up to 800 °C. With
Pt/La2O3-ZrO2 H2S in the gas feed activated the catalyst towards naphthalene
decomposition at 600-700 °C, but slightly deactivated the catalysts towards
toluene and total aromatic hydrocarbon above 600 °C, and towards naphthalene
at 800-900 °C. The observed improvement of the naphthalene conversion over
Pt/La2O3-ZrO2 in the presence of sulfur at low temperatures seems similar to
what takes place with the support. That is, sulfur promotes the conversion of
naphthalene to lower hydrocarbons and oxidation products, while it has no
significant impact on the conversions of toluene or lower hydrocarbons [VII].
The sulfur promoting effect seems to depend not only on the support, but also
on the metal. According to Dupont et al. [82] a similar promoting effect of both
H2S and SO2 was observed on Pt/alumina in methane oxidation. It is possible
that the sulfur promoting effect is seen on Pt/La2O3-ZrO2 but not with
Rh/La2O3-ZrO2 because platinum may not be active at low temperatures of
600-700 °C and therefore the activity for tar oxidation is due to La2O3-ZrO2.
However, rhodium seems to be very active and overrides completely the
activity and oxidation reactions of the La2O3-ZrO2 at 600-700 °C [VII].
The higher the sulfur amount in the feed on Rh/La2O3-ZrO2, the lower was the
conversion. The poisoning effect was lower at a temperature of 800 °C than at
700 °C probably due to sulfur desorption at higher temperatures. Even after
high sulfur exposure of 1000 ppm, the activity towards tar as well as methane
returned almost to the original value measured without sulfur in the feed.
Hence, deactivation by sulfur is mainly reversible on Rh/La2O3-ZrO2. It seems
that in the presence of sulfur especially the metal catalyst’s active sites
responsible for the reforming reactions are poisoned and a much less negative
impact occurs on the sites responsible for oxidation reactions as suggested also
in autothermal reforming [49].
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4.8 The applicability of Rh/La2O3-ZrO2 catalyst for gasification
gas clean-up

The high activity towards aromatic hydrocarbon decomposition in the presence
of H2S makes Rh/La2O3-ZrO2 a good alternative for nickel catalysts in
gasification gas clean-up catalyst above 800 °C. However, in the presence of
sulfur, methane and benzene conversions are too low to facilitate downstream
FT-synthesis. In order to produce a gas stream clean enough for FT-synthesis,
the sulfur content of the gasification gas is required to be less than 5 ppm to
enable high enough methane conversion.
Rh/La2O3-ZrO2 catalysts could be a good candidate for gasification gas cleanup in applications, where the removal of tar to very low levels is sufficient.
Based on this study, the Rh/La2O3-ZrO2 catalyst could be applicable in the hot
gas clean-up in the presence of 100 ppm of sulfur at temperatures higher than
800 °C. Nevertheless, additional experimental work at industrially relevant
conditions including e.g., the catalyst monolith sizing, gas composition, reactor
setup and operational conditions, is necessary to validate the performance and
thereby to create a sufficient basis for scale-up.
The conversion of ammonia was negligible even when as little as 5 ppm sulfur
was added in the gas. Hence, ammonia removal should be conducted
separately, to avoid NOx emissions in power production.
The activity of the Rh/La2O3-ZrO2 catalyst declined during the 10 h on stream
in the presence of 100 ppm H2S at 800 °C but the activity remained higher than
with Ni/La2O3-ZrO2 or with the best performing plasma sprayed nickel catalyst
towards both naphthalene and the total aromatic hydrocarbon.
In comparison to the La2O3-ZrO2 catalyst, rhodium based catalysts are much
more expensive catalysts and they also require higher operating temperatures.
However, of the studied catalysts, only with Rh/La2O3-ZrO2 complete
naphthalene and toluene conversion was measured which was not achieved
with La2O3-ZrO2. All-in-all considering gasification gas clean-up in a two
stage reforming unit, a catalyst pair of La2O3-ZrO2 and Rh/La2O3-ZrO2 could
be an efficient, more sulfur resistant and more stable alternative to
conventional nickel catalysts.
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5

Summary

In the first part of the Thesis, the performance of several zirconia based
catalysts in the decomposition of tar and ammonia was compared for biomass
gasification gas clean-up with simulated gas feeds. The catalysts were
characterized with several methods to study the connection between activity
and surface sites. The activity order of the studied zirconia based catalysts at
700 °C with H2S in the feed was La2O3-ZrO2 > ZrO2 > Y2O3-ZrO2 > SiO2ZrO2. The conversion of ammonia was only moderate and was highest at 600
°C with La2O3-ZrO2, ZrO2 and Y2O3-ZrO2.
Zirconia catalysts decomposed tar efficiently in oxidation reactions at 600-700
°C and preferred the oxidation of naphthalene compared to toluene. The
presence of sulfur in the gas enhanced naphthalene and ammonia
decomposition at 600-700 °C over La2O3-ZrO2, ZrO2 and Y2O3-ZrO2 but not
over SiO2-ZrO2. Since gasification gas contains sulfur, the sulfur tolerance and
activity enhancement is a significant benefit. On ZrO2, H2O was found to
inhibit the naphthalene and ammonia oxidation reactions, whereas NH3 had no
discernible effect on the naphthalene conversion. Thermal reactions were
observed to have a significant role at temperatures of above 700 °C.
The strength of basic sites decreased in the order: La2O3-ZrO2 > Y2O3-ZrO2 >
ZrO2 > SiO2-ZrO2 and the strength of acidic sites decreased in the order: SiO2ZrO2 > Y2O3-ZrO2 > ZrO2. Acidity was not a desirable characteristic for a gas
clean up catalyst and increased the coke formation tendency. The surface sites
on these catalysts differed: surface of SiO2-ZrO2 consisted of a low number of
Zr4+-O2- acid-base centers and a large amount of acidic Zr4+ centers. On ZrO2
mainly Zr4+-O2- acid-base centers, which can be associated to the oxygen
vacancies, were found whereas on Y2O3-ZrO2 mainly strongly basic O2- centers
were observed. On La2O3-ZrO2 both Zr4+-O2- acid-base centers and strongly
basic O2- centers were observed. These results, in combination with the activity
measurements, suggest that the active site for tar oxidation is Zr4+-O2- acid-base
centers connected with oxygen vacancies. It was suggested that naphthalene is
selectively oxidized by surface lattice oxygen, leaving an oxygen vacancy
according to Mars van Krevelen mechanism.
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The high activity at low temperatures, sulfur tolerance, price and stability of
La2O3-ZrO2 makes it a feasible candidate for gasification gas pre-reforming
catalysts and as a clean-up catalyst in applications that do not require methane
or benzene conversion, such as power production.
In the second part of the Thesis several precious metal and nickel catalysts on
La2O3-ZrO2 were compared in the biomass gasification gas clean-up from tar
and ammonia. The effect of sulfur was studied over platinum and rhodium on
La2O3-ZrO2 and the effect of sulfur concentration, pressure and gas hourly
velocity was studied with the most promising catalyst, Rh/La2O3-ZrO2.
Metal additions of 0.5 wt-% on La2O3-ZrO2 reduced the naphthalene oxidation
reactions typical for La2O3-ZrO2 and metal addition had a negative effect on tar
decomposition at 600-700 °C. This effect was most clear on Rh/La2O3-ZrO2
whereas Pt/La2O3-ZrO2 showed some oxidation activity towards tar at 600-700
°C. The activity of the studied catalysts in the conversion of naphthalene and
toluene mixture to lighter components than benzene decreased in the order of
Rh > Ni > Pd § Pt > Ru > La2O3-ZrO2 at 900 °C. The gas composition
suggested that over the metal catalysts hydrocarbon decomposition mainly
occurs via steam reforming and/or via steam dealkylation reactions above 800
°C. Only Ni/La2O3-ZrO2, Ru/La2O3-ZrO2 and La2O3-ZrO2 showed activity in
ammonia decomposition when 100 ppm sulfur was present. Rh/La2O3-ZrO2
was found to decompose tar completely above 850 °C even when 100 ppm
sulfur was in the feed. The activity of Rh/La2O3-ZrO2 in the 10 h stability
experiment remained higher compared to both the best performing plasma
sprayed nickel catalyst and Ni/La2O3-ZrO2.
A higher amount of rhodium (1 or 5 wt-% compared to 0.5 wt-%) in the
catalysts increased the methane and ammonia conversion at 900 °C but in the
presence of sulfur the methane conversion was not high enough for the
requirements of FT-synthesis. The addition of 0.5 wt-% Pt on 0.5 wt-%
Rh/La2O3-ZrO2 catalyst did not improve the activity of the catalyst in the
presence of 100 ppm H2S. The most promising and economically feasible
metal catalyst from the studied catalysts was 0.5 wt-% Rh/La2O3-ZrO2.
In comparison to the La2O3-ZrO2 catalysts, rhodium catalysts are much more
expensive and require much higher operating temperatures hence adding to the
capital and operating costs of the reforming unit. However, of the studied
catalysts, only with Rh/La2O3-ZrO2 complete naphthalene and toluene
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conversion was measured and the activity remained higher compared to any
studied nickel catalysts. The sulfur poisoning of the rhodium catalyst was
reversible and the activity recovered when sulfur was turned off. Thus, La2O3ZrO2 and Rh/La2O3-ZrO2 together could be an efficient and more sulfur
resistant alternative for Ni catalysts in gas clean-up in for instance in a two
stage reforming unit.
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